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This study reports the advantages of a cost-effective unit process using a hybrid distillation and vapor
permeation unit for isopropanol dehydration. The feasibility of numerous hybrid membrane distillation
schemes for isopropanol dehydration was evaluated by simulation and optimization in Aspen Plus. A
built-in model for a membrane separation system was proposed by developing a mathematical model in
an Aspen Custom Modeler and integrating it simultaneously with an Aspen Plus. The output results of
the rigorous membrane models were consistent with the experimental data from the literature. The
inﬂuence of the decisive operational parameters, which will be used as an optimization variable to examine the different conﬁgurations of hybrid systems, was analyzed. Furthermore, this study also employed the response surface methodology (RSM) to optimize the economical calculation and ﬁnd the best
design for the desired product. The RSM optimization effectively connected the interception of the optimizing variables and its predictions agreed well with the results of rigorous simulations. The most
signiﬁcant savings in the total costs could be achieved by applying a distillation–vapor permeation
conﬁguration (approximately 77% compared to azeotropic distillation). Therefore, it is economically
beneﬁcial to employ distillation–vapor permeation over the previously proposed hybrid systems of the
distillation–pervaporation and distillation–pervaporation–distillation.
& 2015 Published by Elsevier B.V.
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1. Introduction
Isopropanol is used extensively as a solvent in the automotive
and pharmaceutical industries [1]. Most applications require high
purity isopropanol, which makes it necessary to remove the water
contents. The removal of water from a mixture of isopropanol and
water to achieve high purity isopropanol is difﬁcult. Considering
the VLE diagram, the formation of an azeotrope occurs at a pressure of 1 bar with a composition of 87 wt% IPA and 13 wt% of water
and with a boiling point of 80 °C [2,3].
Azeotropic distillation is a widely applied separation technique
for the dehydration of isopropanol [4–6]. Because azeotropic distillation for achieving high purity isopropanol is highly cost-energy intensive, this paper proposed a new combination of distillation and membrane process. The membrane process was
chosen to replace the conventional methods due to the increasing
applications in process industries [7–9]. In particular, as alternative
n
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technologies for azeotropic separation problems, there are two
types of membrane processes that have a good impact when
combined with a distillation column. These two cases were differentiated due to the phases when entering the membrane, saturated liquid is entering the pervaporation process while in vapor
permeation, saturated vapor enters the membrane surface [10].
The economic beneﬁts of the dehydration of isopropanol using
hybrid distillation and pervaporation have been reported [11–13].
On the other hand, there no reports on the design and optimization aspects of hybrid distillation with vapor permeation for isopropanol dehydration. The opportunity of the vapor permeation
process is where saturated vapor streams are readily usable. This
will ward off the phase changes across the membrane surface,
which appears simpler than the pervaporation process.
In addition to its simplicity, vapor permeation is less sensitive
to concentration polarization on the feed side of the membrane;
the membrane lifetime is expected to be longer than pervaporation, due to the low degree of membrane-swelling [14]. Furthermore, the hollow ﬁber module is used because of its wide applications and large membrane area packed into a small volume [15–
17], and it is also capable when combined with a distillation column [18].
Moreover, optimization approaches are promising for process
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design studies. Sosa and Espinosa developed rigorous optimization
approaches in their conceptual models of hybrid distillation and
pervaporation [12]. In the present article, a more detailed total
annual cost optimization was performed using a response surface
methodology (RSM) technique based on the central composite
design method. RSM is one of many techniques for an empirical
study of the relationships between the measured responses and
independent input variables [19]. RSM used the developed model
to optimize the conditions of the process under various conditions.
RSM is used widely for many applications because it is efﬁcient
and easier to arrange and interpret than other methods [20–22].
RSM uses quantitative data from a proper experimental design to
determine and simultaneously solve multivariable problems.
Central composite design method proposed three levels (low,
medium, and high, coded as  1, 0, þ1) that required few experimental and simulated runs [23].
Conventionally, the dehydration of isopropanol occurs through
azeotropic distillation. The azeotropic distillation process will be
used as a base case in this study. In this study, the feasibility of
numerous hybrid membrane distillation schemes for isopropanol
dehydration was examined by simulation and optimization in
Aspen Plus. A built-in model for membrane separation system is
not available in Aspen Plus. Therefore, it was implemented by
building up a mathematical model in Aspen Custom Modeler and
integrating it with Aspen Plus simultaneously. In the commercial
use, isopropanol sells at approximately 99.0 and 99.9 wt% IPA.
Hence, the objective of this case study was to achieve at least
99.5 wt% isopropanol as the ﬁnal product.
The feed composition and operating conditions for the separation of an isopropanol–water mixture are same for the azeotropic distillation (base case), previous hybrid system and the
proposed design in this work. This work has the advantage of
being a cost-effective unit process using a simple conﬁguration
without entrainers (compared to azeotropic distillation) and phase
changing (compared to pervaporation). To assess the potential of
this technique, fair total annual cost comparison between the
hybrid distillation–pervaporation and hybrid distillation–vapor
permeation is reported. Overall, the total annual cost optimization
using RSM can achieve a ﬁnal optimal design of hybrid distillation
vapor permeation for isopropanol dehydration. The decisive variable in the total annual optimization is the isopropanol mass
fractions in the interface (top stream of ﬁrst column) and retentate. The inﬂuence of each variable in the hybrid distillation–
vapor permeation performance was also examined.

2. Mathematical model of a membrane module
In this case, solution–diffusion model was employed because of
its reliability. Fig. 1 presents a schematic diagram of the solution–
diffusion model in membrane from feed to downstream. Using this
model, the permeate components dissolve in the membrane material and further diffuse throughout the membrane along a

Fig. 1. Schematic of membrane model through the solution–diffusion model.
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concentration gradient. Separation occurs due to the difference in
rates of diffusion that each component has through the membrane’s material as well as the solubility of each component in the
membrane's material.
The mathematical model used is a combination of models
proposed by Ji et al. [24] and Wijmans and Baker [25]. This solution–diffusion model consists of two parts. The ﬁrst is the general
mass balance equations at the feed side.
For the total feed ﬂow,

ρL dq = − JdA m

(1)

For organic compounds (component i),

dqCi = − Ji dA m

(2)

The second is the equations for calculating the permeation ﬂux.
The organic ﬂux can be expressed in terms of the overall permeability or overall mass transfer coefﬁcient as follows:

Ji =

(

Di ·Ki· pio − pil

)
(3)

t

The product of the diffusion coefﬁcient by the sorption coefﬁcient (solubility) is the permeability coefﬁcient, leading to

Ji =

(

Pi· pio − pil

)

t

(4)

This equation indicates that the ﬂow rate across a membrane is
proportional to the difference in partial pressure and inversely
proportional to the membrane thickness. The ideal selectivity is
applied by the ratio of permeability coefﬁcients between the two
elements.

αi / j =

Pi
Pj

(5)

The permeability coefﬁcient is a characteristic parameter that is
often described as an intrinsic parameter that is easily available
from simple permeation experiments with membranes with a
known thickness (t).
In this study, a hollow ﬁber module was used as the membrane
module. Comparing with other membrane modules, the hollow
ﬁber module is widely used in the industrial applications because
of its many advantages such as lower energy requirement, chemical-free operation, compacteness, and high-efﬁciency [26,27].
The mathematical equation for overall mass transfer coefﬁcient
that is related to the membrane area required in its process conditions was obtained from a previous study [27]. Fig. 2 presents a
schematic of hollow ﬁber membrane separation. The model considered the speciﬁc bundle area. The packing density of hollow
ﬁber membrane module is deﬁned as the fraction of the cross
section area of all ﬁbers over the cross section area of the module.
The bundle of ﬁbers is sealed at one end while the other end of the
ﬁber bundle is retained open to allow the ﬂow of vapors. The ﬁber
bundle is stored as a tube in the middle of a shell. The feed vapor
enters the system from the shell side that ﬂows radially inward
perpendicular to the ﬁbers toward the middle side. The permeate

Fig. 2. Schematic diagram of hollow ﬁber membrane separation [26,27].
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in the ﬁbers ﬂows axially to the permeate accumulator. Consequently, the ﬂow rates and compositions vary both axially and
radially, making it a two-dimensional model [26,27]. Assuming
that the boundary layer resistance at the permeate vapor phase is
negligible, the overall mass transfer resistance can be calculated in
terms of the resistance-in the series model according to the following equation [24]

1
1
1
=
+ m
KiA m
kLAi
Q i Hi′Am

(6)

where Am, Ai and Ao are the log-mean (membrane separation area),
inner (area of ﬁber) and outside membrane area (membrane
module), respectively.

Am =

2π ( ro − ri )l

()

ln

ro
ri

=

2π ( t )l

()

ln

ro
ri

(7)

Ai = 2πrli

(8)

A o = 2πrol

(9)

where ri and ro are the inner and outer of the ﬁber, respectively.
The distance between ri and ro can be calculated as the thickness of
the membrane. Using l as the length of the ﬁber, the following
correlations by Cussler were used [28].

⎛ d ⎞0.33
Sh = 1. 32Re0.33Sc 0.33⎜ i ⎟ for Re < 2100
⎝ l ⎠

(10)

Sh = 0. 026Re0.8Sc 0.33 for Re > 4000

(11)

Therefore, the ﬁnal equation used to calculate the ﬂowrate of
permeate stream for i component in the simulation is

Fip =

Pi·(pio − pil )· A m
t

(12)

Furthermore, to examine the hollow ﬁber vapor permeation
process, the built-in mathematical model of the membrane was
used to predict the values of the output variables to produce input
variables and process design. The ﬁxed variables corresponding to
the input given to this model used were the feed temperature and
pressure, as well as the permeability of isopropanol and water. The
following membrane conditions and speciﬁcations were applied to
this model:
a. The pressures in each stream (feed, retentate and permeate)
during the process were in the steady state.
b. The permeability of the membrane was obtained from the
experimental data at certain temperature and pressure considering the stream condition.
c. The pressure drop from the feed to retentate side was assumed to be negligible.
d. The temperature in each stream was calculated by the process
simulation at a given stream condition.
e. The volume in the membrane was constant.

3. Simulation and optimization methods
Process simulation can be advantageous for the design, analysis
and retroﬁt of the processes in terms of an energetic and economical point of view. In this study, the feasibility of numerous
hybrid membrane distillation schemes for isopropanol

dehydration were examined by simulation and optimization in
Aspen Plus. On the other hand, a built in a model for the membrane separation system is unavailable in the commercial process
simulator, such as Aspen Plus and Aspen Hysys.
Consequently, to examine vapor permeation process, the
built-in mathematical model vapor permeation design, developed by the Process Systems Design and Control Laboratory
(PSDC Lab.) was used. The model from Aspen Custom Modeler
was implemented and integrated with Aspen Plus. The Aspen
Custom Modeler can be integrated with Aspen Plus to calculate
the permeate and retentate of the system with any number of
membrane areas, allowing complex process simulations. The
built-in model can also use the Aspen Plus capabilities to calculate the mass and energy balances and combine in the process
model.
The thermodynamic model used in this study was the WILSON
model. This model uses the Wilson activity coefﬁcient model for
the liquid phase, the ideal gas equation of state in the vapor phase,
the Rackett model for liquid molar volume and Henry's Law for
supercritical components. Therefore, the WILSON model can
strongly describe nonideal liquid solutions [29]. The inﬂuence of
decisive operational parameters was investigated for many conﬁgurations of hybrid systems and compared with the azeotropic
distillation process. The feed composition, temperature, pressure,
ﬂow rate, and distillation column pressure were the same for this
work and previous studies. Table 1 lists the operating conditions,
which were the same for all designs. The design speciﬁcation
option in Aspen Plus was used to achieve the assumed qualities of
the top and bottom streams in the distillation column and minimize the number of plates and reﬂux ratio. This simulator predicted the optimal values for the number of plates, reﬂux ratio and
feed streams.
The total cost calculation in the purpose of an economic evaluation was performed according to Appendix A and B. To optimize
the total annual costs, this study also used the RSM method with
the help of MINITAB software. This software was used for the response surfaces, ﬁtting and optimizing the total annual cost. The
RSM-based optimization effectively connected the intercept of the
optimizing variables mentioned earlier and its predictions agreed
well with the results of a rigorous simulation. Appendix C presents
a detailed explanation of the RSM technique.

4. Results and discussion
4.1. Conventional azeotropic distillation process
The azeotropic distillation process using benzene as an entrainer for isopropanol dehydration is presented, as shown in
Fig. 3. Benzene was selected as an entrainer because the ternary
heterogenous azeotropic temperature for water-isopropanol-benzene 65.74 °C is lower than the other binary azeotropic temperatures. Therefore, isopropanol can be obtained at the bottom of the
second column by condensing the overhead vapor stream close to
the ternary heterogeneous azeotropic point [30]. The ﬁrst column
had 10 theoretical stages, was fed on stage 9 and had a reﬂux ratio
Table 1
Feed mixture condition and product requirement.
Variable

Value

Feed ﬂow rate
Feed composition
Feed and distillation column pressure
Feed temperature
Product requirement

1000 kg/h
50 wt% IPA, 50 wt% water
1 bar
81 °C
99.5 wt% IPA
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Fig. 3. Azeotropic distillation process for isopropanol dehydration.

of 2. The ﬁrst column produces a water-rich stream in the bottom
and an isopropanol-rich phase in the top stream. The composition
of the top product of the ﬁrst column was set to 86.5 wt% isopropanol and 13.5 wt% water. The ﬂow rate of the top stream was
716 kg/h. The second column had 18 theoretical stages and was fed
on stage 8. Isopropanol and water form a ternary azeotrope with
benzene; 7.34 wt% water, 71.01 wt% benzene and 21.65 wt% isopropanol were fed into the decanter.
Upon condensation of the ternary vapor in the third column,
phase separation into a benzene-rich phase and a water-rich phase
occurred in the decanter. The decanter operated at 20 °C. The
benzene-rich phase was recycled back and fed to the second column. The water-rich phase was fed into a third column on stage 4.
The third column had 10 theoretical stages and a reﬂux ratio of 3.
The bottom stream of the third column was sent back to the ﬁrst
column together with the feed. In the end, the product can be
obtained in the bottom stream of the second column at a ﬂow rate
of 501 kg/hr. The amount of benzene involved in the process was
0.5 kg/h. In the economical evaluation (Section 4.7), this process
was compared with the hybrid process.
4.2. Model validation
The output results of the rigorous membrane models were
consistent with the experimental data from many observations
[31,32]. Each experimental dataset has a different membrane
thickness, operating condition and feed composition. Table 2 lists
the input variables obtained from the published literature based
on the experiments used in this study. These two types of membranes have been preferred due to the great difference in selectivity. Fig. 4 presents the reliability results for each experimental data.
The permeation ﬂux resulting from the membrane was almost
linear. This permeation ﬂux changes in different feed compositions
prior to the membrane. At several points, small deviation were
shown with the membrane for each experiment itself. To measure
the agreement, the mean error deviation was calculated for each
dataset. The value of the average error deviation was 4.49% and
Table 2
Membrane speciﬁcations for the system isopropanol–water.
Variable

Qiao et al.
[31]

Xiao et al.
[32]

Membrane thickness (meter)
Feed temperature (°C)
Permeability of isopropanol (kmol/m h bar)
Permeability of water (kmol/m h bar)
Membrane selectivity
Feed pressure (bar)
Permeate pressure (bar)

2e  05
80
8.57e  10
1.86e-06
2180
1
0.005

5e  05
60
1.4765e  07
1.3392e-06
9.07
1
0.005

Fig. 4. Proﬁle of membrane permeation ﬂux by using a high and low selectivity
membrane.

9.98% for the high and low selectivity membrane, respectively. This
inaccuracy was attributed to the linearity of the permeation ﬂux,
resulting in this model. The nonlinearity result in the experiment
can be caused by a technical error during the experiment itself.
Considering this validation, this model can represent the vapor
permeation model for isopropanol dehydration by providing
membrane permeability data, feed temperature and pressure, as
well as the membrane thickness.
4.3. Vapor permeation unit
A preliminary simulation of the performance of numerous
membrane types reported for the dehydration of isopropanol was
examined. All membrane types used in this model can be seen in
the summary published by Kuila and Ray [33]. The value for each
conﬁguration proposed in this study was obtained from a P84 copolyimide membrane while being used for the dehydration of
isopropanol [31]. P84 co-polyimide is a promising material in
membrane development for pervaporation and vapor permeation.
This has been chosen as a membrane material because of its low
cost and high selectivity of the isopropanol–water mixture [34–
39].
The number of membrane areas is an important output variable
in term of using membrane technology for industrial applications.
This is closely related to the price of the membrane unit itself.
Using the feed speciﬁcation mentioned in Table 1, a higher
membrane area can produce higher isopropanol mass fraction on
the retentate as well as a higher permeate ﬂux, otherwise the ﬂow
rate of the retentate will decrease and the mass fraction of water
in permeate will decrease slightly, as shown in Fig. 5. This was
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Fig. 5. Effect of membrane area on mass ﬂow and mass fraction of permeate and
retentate.

attributed to the higher permeate ﬂux of isopropanol due to the
high membrane area. This is the main reason for using the high
selectivity membrane.
To combine this membrane with a distillation column for solvent dehydration, some conﬁgurations in the literature proposed a
low selectivity membrane combined with a distillation column,
where the permeate with a high solvent concentration is sent back
to the column as a reﬂux [10,40,41]. This is consistent with the
conclusions by Alshehri and Lai in that the use of a higher selectivity membrane results in lower energy consumption from
membrane/distillation hybrid process [9].
As shown in the hybrid distillation–vapor permeation section,
by not having this reﬂux in this design, this study proposes a
simpler cost effective design to meet the same speciﬁcations of the
ﬁnal product. Furthermore, as shown in Fig. 5, to purify 50 wt%
isopropanol, this vapor permeation process requires at least
650 m2.
4.4. Hybrid distillation and pervaporation process
A combination of distillation and pervaporation (D-PV) for the
dehydration of isopropanol has been proposed. For comparability
with the proposed design in this study, the detailed data used in
this study refers to the work by Van Hoof et al. [11]. Fig. 6 shows
the top product of the column taken as a liquid phase and further
dehydrated by pervaporation up to the ﬁnal desired purity
(99.5 wt% isopropanol). The simulations were performed at an
operating temperature of 95 °C. The ﬁrst column had 10 theoretical stages, was fed on stage 9 and had a reﬂux ratio of 1.35. The
ﬂow rate of the top product was 601 kg/hr. The bottom product of
this column was a waste stream, which consisted of 99.63 wt%
water and 0.37 wt% isopropanol. The mass fraction of isopropanol
in the top column, prior to the pervaporation unit, was set up at
83 wt%. This design required a 140 m2 membrane area and a

Fig. 6. Hybrid distillation–pervaporation for isopropanol dehydration (D-PV).

Fig. 7. Hybrid distillation–pervaporation–distillation for isopropanol dehydration
(D-PV-D).

retentate ﬂow rate of 496 kg/h was obtained.
As shown in Fig. 7, distillation–pervaporation–distillation (DPV-D) conﬁguration also proposed previously. The speciﬁcation
and output mass fractions of each component for the ﬁrst column
was the same as the D-PV. The top stream of the ﬁrst column was
sent to a pervaporation unit to acquire approximately 95 wt%
isopropanol in the retentate stream. The retentate was dehydrated
further to the ﬁnal desired IPA purity (99.5 wt% isopropanol) in the
second distillation column. 70 m2 was required to obtain a retentate purity of 95.18 wt% IPA. To obtain the ﬁnal product, the
second column had 27 theoretical stages, was fed on stage 7 and
had a reﬂux ratio of 3.55. The ﬂow rate of the bottom product of
the second column, which was the ﬁnal desired product, was
498 kg/hr. The top product of the second column was fed back to
the pervaporation unit.
4.5. Hybrid distillation and vapor permeation process
The following conﬁguration (D*-VP) was designed due to the
vapor phase required prior to the vapor permeation unit. The
detailed conﬁguration can be observed in Fig. 8 (2). Therefore,
removal of the condenser in the ﬁrst column was also considered
in this design process. This condenser removal can decrease the
installation and operating cost of the condenser in the conventional distillation column. Without a condenser, the feed entered
the distillation column in the ﬁrst stage to supply the liquid ﬂow in
the ﬁrst stage, which was usually provided by reﬂux ﬂow. Then,
the distillate as a vapor phase ﬂows directly from the ﬁrst stage to
the vapor permeation unit without any reﬂux back to the column.
Otherwise, the mass fraction of isopropanol from the top stream of
distillation column could not reach more than 80 wt% due to
thermodynamic limitations.
Using a combination of one distillation column and a membrane unit with a large area, high purity isopropanol that meets
industrial needs can be obtained. On the other hand, the installation of a vapor permeation unit with a higher membrane area
is also consistent with the higher cost of the membrane unit.
Consequently, the D*-VP-D conﬁguration consisted of a second
distillation column, so that the use of a vapor permeation unit can
simply break the azeotrope limitation. Fig. 8 shows the ﬂowsheet
for the D*-VP-D conﬁguration (4). This second distillation column
is aimed at the further puriﬁcation of an isopropanol–water
mixture.
According to the result, the ﬁrst distillation column was the
same for two hybrid systems investigated. The composition of the
top product was set to the maximum point of the isopropanol
mass fraction, while maintaining 99.5 wt% water in the bottom
stream of the ﬁrst column. To evaluate the beneﬁts of changing
pervaporation to vapor permeation, a comparison of this study
and previous designs was also examined. Table 3 provides an
overview of the varied streams of the hybrid distillation with the
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Table 4
Comparison between hybrid distillation–pervaporation–distillation and hybrid
distillation–vapor permeation–distillation conﬁgurations.

Fig. 8. Hybrid distillation–vapor permeation conﬁgurations for isopropanol dehydration optimization (1) D-VP, (2) D*-VP, (3) D-VP-D, (4) D*-VP-D.

Variable

D-PV-D [11]

D*-VP-D

Second column
Stage
Feed stage
Feed phase
XIPA (bottom)
XWATER (permeate)
Prod. ﬂow (kg/hr)
Cond. duty (kW)
Reb. duty (kW)
Membrane area (m2)

27
7
Liquid
0.995
0.9695
498
325.662
339.285
70

27
15
Vapor
0.995
0.99498
500.105
223.043
128.106
160

Fig. 9. Effect of interface mass fraction of isopropanol on the ﬂow of outlet stream.

Table 3
Comparison between hybrid distillation–pervaporation and hybrid distillation–
vapor permeation conﬁgurations.
Variable
First column
Stage
Feed stage
Feed phase
XIPA in distillate
XWATER in bottom
Dist ﬂow (kg/hr)
Cond. duty (kW)
Reb. duty (kW)
Membrane
IPA/ret. ﬂow (kg/hr)
Membrane area (m2)
XIPA in retentate
XWATER in permeate

D-PV [11]

D*-VP

10
9
Liquid
0.8305
0.9963
601
376.852
388.611

4
1
Liquid
0.7958
0.9952
626.073
0
180.067

496
140
0.9959
0.9544

500.1439
261
0.995
0.9909

pervaporation unit proposed by a previous study and a vapor
permeation unit that resulting in this work. Table 4 provides an
overview comparison of the membrane unit with two distillations
conﬁgurations (D-PV-D and D*-VP-D). The effect of the decision
variables within these conﬁgurations was also examined. The
following discussion will be used as a consideration in the process
optimization.
4.5.1. Effect of interface mass fraction of isopropanol (prior to
membrane)
The interface (top of ﬁrst column) mass fraction of isopropanol
is a design variable. For two different structures of the hybrid,

Fig. 10. Effect of interface mass fraction of isopropanol on the reboiler and condenser duty.

Figs. 9–11 show the effects of the interface mass fraction of isopropanol on the output ﬂow rate, reboiler and condenser duty, and
membrane area, respectively. To obtain 99.5 wt% isopropanol as
the ﬁnal product. A low mass fraction of isopropanol will require
large membrane areas and high reboiler and condenser duties for
both columns. Moreover, a low mass fraction of isopropanol also
increases the bottom product of the ﬁrst column. This bottom
product consists water as a byproduct. This shows that a higher
mass fraction of isopropanol after the ﬁrst column is required to
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Fig. 11. Effect of interface mass fraction of isopropanol on the membrane area.

Fig. 13. Effect of retentate mass fraction of isopropanol on the reboiler and condenser duty.

minimize the operating cost.
4.5.2. Effect of retentate mass fraction of isopropanol on second
column
The retentate mass fraction after the vapor permeation module
is a design variable in this study. Figs. 12–14 show the effects of the
retentate isopropanol mass fraction on the outlet stream, reboiler
and condenser duty and membrane area. In the D-VP conﬁguration, a low retentate isopropanol mass fraction can increase the
ﬂow rate of isopropanol as a product in the retentate. On the other
hand, to achieve the desired purity of the product, the mass ﬂow
rate of the product and permeate of these conﬁgurations is similar.
Owing to the recycle stream in the D-VP-D structure, the bottom
ﬂow rate of the second distillation column that contains isopropanol as a product decreases slightly in the higher isopropanol
mass fraction, and can still sustain up to 500 kg/hr.
Moreover, the low mass fraction of isopropanol in the retentate
will require large membrane areas and low reboiler and condenser
duties for the second distillation columns. More details of the
membrane area, particularly for the conﬁguration D-VP-D, revealed that a signiﬁcant increase in membrane area is obtained
after 96 wt% of isopropanol in the retentate. Therefore, a large
membrane area is required to increase the mass fraction of isopropanol by more than 96 wt%. A high duty and high membrane
area can affect the cost of each conﬁguration. Hence, the optimization method is extremely important for reducing the total

Fig. 12. Effect of retentate mass fraction of isopropanol on the ﬂow of outlet
stream.

Fig. 14. Effect of retentate mass fraction of isopropanol on the membrane area.

annual cost due to the contrast result in term of duty and membrane area.
4.6. Process optimization
In process optimization, there are four possible conﬁgurations
in the design of hybrid distillation and vapor permeation process
for isopropanol dehydration. The structural and parametric optimization of these hybrid conﬁguration is just because the top
composition is determined by the thermodynamic conditions.
Figs. 9–14 showed the signiﬁcant effect of the isopropanol mass
fraction in the top stream of the distillation column and the retentate of the vapor permeation unit in the total membrane area,
total duty and product mass ﬂow. Therefore, these possible conﬁgurations were designed considering those two optimization
parameters. Fig. 8 shows a ﬂow sheet of each design.
1. One conventional distillation column with vapor permeation.
(D-VP)
(Top: XIPA Z 0.8, Ret: XIPA Z0.995)
In this design, basically a conventional distillation column with
partial reﬂux is proposed so that the top stream of the column
exists only in the vapor phase. The distillation column had 10
theoretical stages after optimization, and the feed stage was
located differently depending on the needs of isopropanol mass
fraction in the top stream and the lowest duty resulting in a
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As mentioned earlier in the distillation–vapor permeation
conﬁguration, the decisive variable can have a signiﬁcant effect on
the membrane area and energy consumption. Table 5 lists the
factors and levels used in this case study. Thirteen cases were simulated to optimize two parameters of the hybrid distillation
vapor permeation structure. For each run, the feed stage and
membrane area were varied to minimize the total duty while still
achieving the required product purity. Two parameters of each
model were plotted on each set of X and Y axes. The total annual
cost saving is plotted on the Z axis. The resulting second-order
polynomial model was as follows:

Y =275102 + 2062X1−15246X2 +5290X12 −70928X22 −12081X1X2

Table 5
Factors' coded levels.

XIPA in top stream of 1st column (X1)
XIPA in retentate stream (X2)

X2
1.0
[1.0]
-1.0

TAC
Minimum
y = 1.842E+05

d = 1.0000

Fig. 15. Optimization plot by the RSM.

1.0

TAC
< 200000
– 220000
– 240000
– 260000
– 280000
> 280000

200000
220000
240000
260000

0.5

0.0

-0.5

-1.0
-1.0

-0.5

0.0
X1

0.5

1.0

Fig. 16. Contour plots of interactions between X1 and X2 predicted by the RSM.

(13)

As shown in Fig. 15, the lowest total annual cost was observed
at coded levels of X1 and X2 of 0.9394 and 1, respectively. Under
these conditions, the minimum total annual cost by this hybrid
membrane vapor permeation conﬁguration was predicted by obtaining 84.54 wt% and 99.5 wt% of isopropanol for the top stream
of the 1st column and the retentate stream, respectively. Under
these conditions, the minimum total annual cost of this design was
predicted to be US$ 184,186. This means that the D-VP conﬁguration can be used to reduce the costs compared to the other
conﬁgurations.
From Figs. 16 and 17, the results of a rigorous simulation also

Factor

X1
1.0
[0.9394]
-1.0

Optimal
High
D
Cur
1.0000 Low

X2

simulation. The composition of the top product of this column
can be varied between 80 and 85 wt% isopropanol for process
optimization.
2. One distillation column without a condenser with vapor permeation (D*-VP).
(Top: XIPA o0.8, Ret: XIPA Z 0.995)
The feed can only enter the distillation column on the ﬁrst stage
to provide a liquid phase in the top column. After optimization,
the distillation column has 4 theoretical stages and had a boilup
ratio of 0.7651. The composition of the top product of this column can be varied between 70 and 79.58 wt% isopropanol for
the process optimization.
3. Two conventional distillation columns with vapor permeation
in the middle of the process (D-VP-D). (Top: XIPA Z0.8, Ret:
XIPA o0.995)
This design includes two distillation columns. The ﬁrst column
has the same speciﬁcation as design 1 but the membrane is
aimed only to break the azeotropic composition of the isopropanol–water mixture. Therefore, the second column is
aimed to obtain isopropanol as a bottom product with the required purity. After preliminary research, the second column
had 27 theoretical stages and a reﬂux ratio of 3.55 with 500 kg/
hr of ﬂow rate IPA in the bottom stream.
4. One distillation column without a condenser and one conventional distillation column with vapor permeation in the middle
of the process (D*-VP-D) (Top: XIPA o0.8, Ret: XIPA o0.995).
Basically, this design is similar to design 3 with the difference
being only the ﬁrst column. In this design, the ﬁrst column has
no condenser (same with design 2). Using this design, the purity
of isopropanol can only reach maximum 79.58 wt% throughout
from the ﬁrst column.
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Fig. 17. Total annual costs proﬁle in different value of X1.

showed that this conﬁguration can obtain the minimum cost by
achieving the mass fractions of 84.5 wt% and 99.5 wt% for the top
stream of the 1st column and retentate stream, respectively. The
result of a rigorous simulation showed a total annual cost minimum of US$ 189,610, and good agreement with the result predicted by the RSM.
4.7. Economic evaluation

Levels
1

0

1

0.7
0.9

0.775
0.9475

0.85
0.995

Tables 3 and 4 list the required membrane area and energy
consumption for all possibilities conﬁgurations, respectively. In
terms of energy consumption, the distillation–vapor permeation
conﬁguration performs better than distillation–pervaporation.
Otherwise, for a fair comparison, the total annual cost comparison
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Fig. 20. Simpliﬁed ﬂow sheet of the optimized hybrid distillation (without condenser) – vapor permeation conﬁguration.
Fig. 18. Comparison of total operating cost for different IPA dehydration processes.

that consists of capital and operating cost are presented. Azeotropic distillation as a base case of isopropanol dehydration was
also included in this cost comparison. This calculation is based on
a plant period of 10 years depreciation. Appendix A and B outline
the detailed method of the cost calculation.
As shown in Fig. 18, the VP membrane as a single unit consumed the lowest energy among of all process studied in this
work, followed by the D*-VP and D-VP processes. This occurs due
to the minimum energy required in those processes. The VP
membrane did not consume much energy, but by having a higher
membrane area, the cost for membrane replacement and maintenance also has a signiﬁcant effect in this calculation. In terms of
hybrid conﬁgurations, D*-VP performed better than the other
processes by saving 83% compared to the azeotropic distillation
process. The costs of the D-PV and D-PV-D conﬁgurations were
higher than any other conﬁgurations of distillation and vapor
permeation. This is because an external heat source was used in
pervaporation to change the phase from liquid to vapor inside the
membrane [7].
Fig. 19 shows the total costs of the different processes investigated. Compared to the hybrid conﬁgurations, azeotropic
distillation has the lowest depreciation of the installation cost
every year. The membrane price has a large effect on the installation cost. In addition, the VP membrane costs are higher than
the hybrid conﬁguration. This is because of the installation cost of
using a high area membrane. Hybrid distillation–membrane–distillation processes, where the membrane is used just to break the

Fig. 19. Comparison of total annual cost for different IPA dehydration processes.

azeotrope, is more economical using VP than PV. Instead of the
cheaper price of the vapor permeation membrane, the installation
cost of the distillation unit of D-VP-D is lower than D-PV-D due to
the use of a vapor stream as a feed into the second column. Next,
there was an insigniﬁcant difference in the installation cost;
however, D-VP-D and D*-VP-D had a higher operating annual cost
than D-VP and D*-VP. Finally, the hybrid processes using a vapor
permeation unit as the ﬁnal step showed the lowest total annual
cost. Overall, the most signiﬁcant savings in the total cost can be
achieved by applying a distillation–vapor permeation conﬁguration (almost 77% compared to azeotropic distillation). The design
involved one distillation and further puriﬁcation of the top stream
by a membrane unit without any phase change or heating.
Figs. 20 and 21 show a simpliﬁed ﬂow sheet illustrating the
resulting optimization for hybrid distillation with vapor permeation. Using 1000 kg/h of 50 wt% isopropanol, the total annual cost
difference was only approximately US$ 5400 per year. Each conﬁguration has its own beneﬁt in the function of capital cost, operating cost and area of plants or for plant retroﬁtting. D*-VP has
cheaper capital and operating costs of distillation column, and
D-VP proposes cheaper capital and operating costs of the membrane. Using high feed ﬂow rate, the capital cost and operating
cost of the distillation column and membrane in D-VP are expected to be higher than D*-VP. Therefore, the optimization
method which proposed in this work between these two ﬁnal
designs can be applied due to the real operation in industry.
Otherwise, for the purpose of retroﬁtting an azeotropic distillation

Fig. 21. Simpliﬁed ﬂow sheet of the optimized hybrid distillation (with partialvapor condenser) – vapor permeation conﬁguration.
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process in industry, the D-VP design appears more reasonable.

5. Conclusions
In this study, a mathematical model for hollow ﬁber vapor
permeation systems was developed using the Aspen Custom
Modeler. This model is valid for an isopropanol–water mixture for
low selectivity and high selectivity membranes. Furthermore,
several conﬁgurations for isopropanol dehydration were analyzed
and optimized. Vapor permeation as a single unit, conﬁgurations
of distillation–pervaporation and conﬁgurations of distillation–
vapor permeation were introduced and compared with an azeotropic distillation process. The economic evaluation showed that
hybrid distillation with vapor permeation can save approximately
77% compared to azeotropic distillation and can replace either
azeotropic distillation or hybrid distillation–pervaporation for the
isopropanol dehydration proposed in several papers. After determining the hybrid distillation with a vapor permeation unit as
the promising design, RSM optimization was performed using a
combination of different isopropanol compositions in the top
stream of the distillation column and in the retentate of the
membrane unit. Two optimization variables were chosen due to
the signiﬁcant effect on the total duty, total membrane area and
product mass ﬂow. The proposed optimization was easy and efﬁcient to implement using Aspen Plus and MINITAB. The results
predicted by the RSM showed good agreement with the actual
trend from rigorous simulation. The optimization results proved
hybrid distillation–vapor permeation (D-VP) to be the most costefﬁcient design compared to the other conﬁguration proposed in
this work. Therefore, it is economically beneﬁcial to employ distillation–vapor permeation over previously proposed hybrid systems of distillation–pervaporation.
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Appendix A. Column cost correlations

⎛ A ⎞α
BC is the bare cost of the heat exchanger: BC = BC0 x ⎜ ⎟
⎝ A0 ⎠

(A.3)

⎛ S ⎞α
forthecompressor: BC = BC0 x ⎜ ⎟
⎝ S0 ⎠

(A.4)

where MPF is the material and pressure factor; MF is the module
factor (typical value), which is affected by the base cost. A and S
are the area and brake horsepower, respectively.

Area of the heat exchanger, A =

(A.5)

The material and pressure factor: MPF = Fm + Fp + Fd

(A.6)

A.3. Operating cost (Op)

Op = Csteam + CCW + Celectricity

(A.7)

where Csteam is the cost of the steam; CCW is the cost of cooling
water; and Celectricity is the cost of electricity. Table A.1 list the cost
of electricity, steam and cooling water used in this study.

a Cost saving = Operating cost saving–modification cost

(A.8)

b Payback period = cost of the project/saving per year

(A.9)

Appendix B. Membrane cost correlations
The membrane cost was provided by Haraya et al. [46], as US$
291.3 m  2, updated with the Chemical Engineering Plant Cost
Index (CEPCI). The module cost was twice the membrane cost. The
maintenance costs of the installations were assumed to be 2.5% of
the total costs of the installations. The lifetime of membrane was
assumed as 3.5 years. Therefore, this membrane needs to be replaced twice during the depreciation period of 10 years for the
total installation [11].
The vacuum pump cost and condenser cost were calculated
according to Ji et al. [47], and are presented in the following
equations.

A.1. Sizing the column

CVP = 4200
The column diameter was determined by the column ﬂooding
condition that ﬁxes the upper limit of the vapor velocity. The
operating velocity is normally between 70% and 90% of the
ﬂooding velocity [42,43]; in this study, 85% of the ﬂooding velocity
was used.

Q
U ΔT

CCOND =

0.55
CEPCI 04 ⎛ 60gT RT0 ⎞
⎜
⎟
CEPCI 94 ⎝ 3600P0 ⎠

(B.1)

CEPCI 04
( 1176. 7 + 128. 1ACOND )
CEPCI 94

(B.2)

∆HG
U LMTD

(B.3)

where
A.2. Capital cost

ACOND =
Guthrie's modular method was applied [44]. In this study, a
Chemical Engineering Plant Cost Index of 444.2 (2004) was used
for cost updating.

Updated bare module cost ( BMC ) = UF × BC × (MPF + MF −1) (A.1)
where

present cost index
UF is the update factor : UF =
bare cost index

(A.2)

Table A.1
Utilities cost data [45].
Utility

Price ($/GJ)

Cooling water
Steam (Low pressure)
Electricity

0.35
13.28
16.80
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The utility cost was calculated for the vacuum pump and condensers. The cost of electricity, steam and cooling water refers to
Table A.1.

CU = awh[pc ( WVP ) + WCOND]

(B.4)

The power consumption of the vacuum pump (WVP ) and the
condenser were calculated according to Ji et al. [47] using the
following equation. The following equation involves the total
permeate ﬂow. Because the permeate stream is condensed before
the vacuum pump, the power consumption is overpredicted but
the inﬂuence on the total cost is small.

WVP =10%

gT
3600

RTintake

(
kr ⎛ PDIS ⎞
[⎜
⎟
kr−1 ⎝ POP ⎠

kr −1 )
kr

− 1]

(B.5)

Water cooling consumption and steam consumption were calculated as follows:

WCOND =

wc∆HGMWw
∆TCONDCpW

(B.6)

Appendix C. Response surface methodology
Response surface methodology, or RSM, is a collection of the
mathematical and statistical techniques that are useful for modeling and analyzing problems in which a response of interest is
inﬂuenced by several variables and the objective is to optimize this
response [48].
In most RSM problems, the form of the relationship between
the response and the independent variables is unknown. Therefore, the ﬁrst step in the RSM is to ﬁnd a suitable approximation
for the true functional relationship between Y and the set of independent variables. Normally, a low-order polynomial in some
region of the independent variables is employed. The generalized
second-order polynomial model used in the response surface
analysis is as follows:
k

Y = β0 +

k

∑ βiXi + ∑ βiiXi2 + ∑ ∑ βijXiXj + ε
i=1

i=1

i<j

(C.1)

The method of least squares is used to estimate the parameters
in the approximating polynomials. The response surface analysis is
then performed using the ﬁtted surface. If the ﬁtted surface is an
adequate approximation of the true response function, then an
analysis of the ﬁtted surface will be approximately equivalent to
an analysis of the actual system. The model parameters can be
estimated most effectively if the proper experimental designs are
used to collect the data. The designs for ﬁtting the response surfaces are called response surface designs.

BC0
BMC
CEPCI
Cpw
CCOND
CU
CVP
Ci
Csteam
CCW
Celectricity
di
Di
Fd
Fm
Fp
Fip
gT
Hi‵
J
Ji
kL

Ki
kr
l
LMTD
MWw
MPF
MF
Op
pio
pil
Pi
Pj
PDIS
P0
POP
pc
Q
Q im
q
ri
ro
R
Re
Sh
Sc
S
t
T
Tintake

Nomenclature
A
ACOND
Ai

Am
Ao
awh
BC

area of the heat exchanger (m2)
condenser area (m2)
inner membrane area/cross section area of the ﬁber
(m2)
log membrane area/membrane separation area
(m2)
outside membrane area/cross section area of the
membrane module (m2)
annual working hours, (8400 h/year)
bare cost (Dollar)

T0
U
UF
wc
WCOND
WVP
X1
X2
Xi, Xj
Y

bare module cost factor
bare module cost (Dollar)
Chemical Engineering Plant Cost Index
thermal heat capacity of water (kJ/kmol K)
condenser cost (Dollar)
utility cost (Dollar/year)
vacuum pump cost (Dollar)
organic molar concentration of component i (kmol/
m3 )
cost of steam (Dollar)
cost of cooling water (Dollar)
cost of electricity (Dollar)
inner diameter of hollow ﬁber (m)
Diffusion coefﬁcient of component i (m2/s)
design variation factor
construction material variation
pressure variation factor
permeate ﬂow rate of component i (kmol/hr)
total ﬂow in the permeate (kmol/hr)
Henry's law constant (kPa m3/mol)
total permeation ﬂux (kmol/m2s)
Organic ﬂux of component i (kmol/m2s)
liquid boundary layer mass transfer coefﬁcient (m/
s)
Sorption coefﬁcient of component i
heat capacity ratio, 1.33
length of the ﬁber (m)
logarithmic media temperature difference (K)
molecular weight of water (kg/kmol)
material and pressure factor
module factor
operating cost (dollars)
partial feed pressure of component i (bar)
partial permeate pressure of component i (bar)
permeability of component i (kmol m/m2 bar h)
permeability of component j (kmol m/m2 bar h)
discharge pressure, 1 bar
pressure at the standard condition, 1 bar
permeate operating pressure, 50 kPa
power cost (dollar)
heat exchanger duty (kJ/hr)
intrinsic organic permeability (kmol m / m2 kPa hr)
Feed ﬂow rate (m3/s)
inner radius of the hollow ﬁber (m)
outer radius of the hollow ﬁber (m)
gas law constant, 8.31 m3 (kPa/kmol K)
Reynolds number
Shwood number, deﬁned as kLdi /D
Schmidt number, deﬁned as v/D
brake horsepower
membrane thickness (m)
temperature (K)
absolute temperature of vapor at the intake conditions, 298 K
temperature at the standard condition, 273.15 K
overall heat transfer coefﬁcient in the condenser,
1800 kJ/h m2 K
update factor
cooling water cost (Dollar)
condenser power consumption (Dollar/h)
vacuum pump consumption (kW)
mass fraction of isopropanol in top stream of 1st
column
mass fraction of isopropanol in retentate stream
input / design variables
a response variable
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Greek symbols

α
αi / j

β0
βi
βii
βij
ε

∆T
∆TCOND
∆HG
ρL

parameter of the basic conﬁguration cost (different
for each type of equipment)
selectivity
constant
the coefﬁcients of the linear term
the coefﬁcients of the quadratic term
the coefﬁcients of the interactive terms
random experimental error assumed to have a zero
mean
temperature different in heat exchanger
temperature difference for cooling water in the
condenser, 10 K
enthalpy change from the outlet permeate temperature from the module to 25 °C (kJ/h)
total molar concentration of the feed (kmol/m3)
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