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• Various
as a biofuel is obtained with minimum TAC.
• 2,3-butanediol
energy cost is reduced up to 66.6%.
• Total
• 61.2% saving is achieved in terms of total annualized cost.
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2,3-butanediol is a high-value commodity chemical that has numerous industrial applications. The large-scale
adoption of 2,3-butanediol as a liquid fuel is hindered by its low concentration and energy-intensive separation
from fermentation broths. This study proposes various schemes for the separation and puriﬁcation of 2,3-butanediol from fermentation broth. Four alternatives schemes were assessed from an economic and technical
perspective using the commercial simulation software Aspen Plus™ V9. Optimization of operational and design
parameters based on heat integration approach was employed in each scheme to reduce the operating costs
associated with the separation and puriﬁcation. Among the proposed schemes, the one involving dual distillation
columns and that involving vacuum ﬂash distillation integrated with a vapor compression system for heat recovery resulted in 55% and 61.2% reductions in the total annual costs, respectively. The capital costs in both the
cases remained almost the same relative to the base case.

1. Introduction
Despite increasing concerns over fossil fuels, they are still the most
widely used energy resource for homes, automobiles, and industries,
though their future is uncertain due to their continuous depletion.
Researchers are therefore increasingly developing environmentally
friendly alternatives to produce biofuels and biochemicals. One possible
way is to convert biomass into fermentable sugar, which is further
converted into biofuels and biochemicals through the microbial action
called “fermentation” [1]. Ethanol has been the most desirable fuel
obtained from fermentation owing to its ability to provide high octane
number and combustion eﬃciency when blended with conventional
gasoline. Owing to the high solubility of ethanol in water, the potential
to form azeotropes, and the lower net heat of combustion relative to
gasoline, the use of alcohols with higher carbon numbers is suggested

⁎

[2]. These alcohols include butanol, pentanol, hexanol, and 2,3-BD
[3–5]. 2,3-BD has advantages of higher productivity and lower toxicity
relative to alcohol fermenting organisms. 2,3-BD can be produced by
microbial fermentation of the sugars present in renewable biomass resources [2]. This suggests a long-term solution to the problems caused
by the combustion of fossil fuels. In addition to its use as a biofuel, 2,3BD is used as an intermediate chemical for producing a range of chemicals with a prospective global market potential of around 43 billion $
[6].
Like other biological processes, the most signiﬁcant disadvantage of
the microbial production of 2,3-BD is its low concentration in the fermentation broth, leading to high separation costs. Dehydration of water
from fermentation broths to recover 2,3-BD on the commercial scale is
an energy-intensive process owing to the high capital investment required to recover relatively small concentrations of the desired product.
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Nomenclature

RR
Qc
Qr
Ns
HI
HX
PR
SA
SHR
VFD

2,3-BD
2,3-Butanediol
TAC
Total annualize cost
K. oxytoca Klebsiella Oxytoca
S. marcescens Serraita marcescens
S. cerevisiae Saccharomyces cerevisiae
Acetoin 3–Hydroxyl–2–butanone
NRTL
Non random two liquid
UNIQUAC Universal quasi-chemical
AAD
Average absolute deviation

Reﬂux ratio
Condenser duty
Reboiler duty
Number of stages
Heat integration
Heat exchanger
Pressure ratio
Sensitivity analysis
Self heat recuperation
Vacuum ﬂash distillation

through various advanced schemes. Recently, Haelssig et al. [21] proposed various distillation-based separation conﬁgurations for the recovery of ethanol from fermentation broth. In this context, the separation and puriﬁcation of 2,3-BD can also be performed through
energy-eﬃcient distillation schemes with a minimum TAC. This study
mainly focuses on the design of alternative processes based on the
conventional distillation processes for the recovery of 2,3-BD from
fermentation broth, as detailed techno-economic analysis for 2,3-BD
has not been reported so far. A single side stream distillation column
was presented as a base case and compared with four diﬀerent design
alternatives. Each design conﬁguration was fully optimized to minimize
the TAC and examined for an eﬃcient heat integration sequence to
further reduce the energy requirement.

The successful scale-up of the 2,3-BD production technology lies in the
development of an economical process for its separation and recovery.
Several approaches such as pervaporation, solvent extraction,
salting out extraction, and reactive extraction have been studied by
utilizing their own potential advantages for the separation, dehydration, and puriﬁcation of 2,3-BD. However, as shown in Table 1, each
technology has issues and limitations that hinder their widespread
adoption for commercial scale production of 2,3-BD. Membrane swelling and low selectivity due to the hydrophilic nature of 2,3-BD is a
serious concern in pervaporation [7,8]. In reactive extraction, recovery
and separation of the catalyst is a major issue due to the homogeneous
nature. Additionally, control of the system, catalyst handling, and
corrosion due to the strong acidic nature are the process limitations
[9,10]. Low distribution coeﬃcient and selectivity are major issues in
the solvent extraction process. Moreover, the available solvents often
form azeotropes with water, requiring extra columns for the recovery of
the solvent and 2,3-BD [11–13]. Addition of salt with the solvent can
increase the separation factor, but recovery of the salt together with the
solvent requires more capital costs due to the separation of the recovered solvent and salt, which then greatly aﬀects the process economics. Furthermore, some of the salt remaining during the recycling of
the solvent may cause scaling and blockage of distillation process
[14–16]. LanzaTech plant has adopted a commercially simulated
moving bed for the production and dehydration of ethanol and 2,3-BD.
However, the reduced lifetime, the possibility of faults during operation, cost of equipment, and the nonlinear behavior observed during
design and optimization are the main drawbacks of this process
[17–19].
Unlike ethanol-water mixture, the large diﬀerence in the boiling
points of water (100 °C) and 2,3-BD (180 °C) under atmospheric pressure results in no azeotrope formation in the 2,3-BD-water mixture. This
suggests that the use of the distillation technique is a suitable option for
the recovery of 2,3-BD from fermentation broth mainly due to the ease
of operation and the maturity of the distillation technology compared to
the other available separation techniques.
However, distillation processes are representative energy-intensive
processes [20]. To address this main disadvantage, many researchers
have focused on reducing the energy consumption during distillation

2. Production and separation of 2,3-BD
Table 2 reports a variety of microorganisms that are available for
converting biomass-based sugars to 2,3-BD and microbes that use biomass as the sole carbon and energy source to produce 2,3-BD [22]. In a
typical production process, the mechanism of producing and separating
2,3-BD is as illustrated in Fig. 1. The process contains several steps,
starting from pre-treatment to ending with ﬁnal puriﬁcation. The fermentation process that takes place in the fermenter is the key section to
determine the ultimate production of 2,3-BD, and mainly depends on
the microorganism used for a desired conversion. Generally, the fermentation output has low concentration of 2,3-BD due to a limited
conversion of sugar and presence of excess water. In this context, the
labeled recovery section of 2,3-BD is highly energy-intensive due to
excess of water present at the end of the fermenter stage and since the
boiling temperature range of 2,3-BD is higher than that of water. This
compels the process to recover 2,3-BD from the bottom and water from
the top of the same column. Based on the separation, process modeling
was carried out to serve as a base case for various proposed conﬁgurations.
The operating conditions, the basis of feed composition [28], and
the required 2,3-BD purity and recovery parameters are listed in
Table 3.

Table 1
Available techniques for 2,3-BD separation and recovery.
Separation approach

Issues associated

Limitations

References

Pervaporation

Membrane eﬃciency decreases overtime. Membrane fouling is a serious concern.

[7,8]

Reactive Extraction
Liquid-liquid extraction
Salting out extraction

Homogeneous acidic conditions in reactor. Recovery of acid.
Solvent makes azeotrope with water needs extra column for its recovery.
Scaling and operational problems due to salt addition. Recovery of salt is major
issue and cause to increase capital investment.

Selectivity of membrane is very limited due to
hydrophilic nature of 2,3-BD.
Control and catalyst handling
Small distribution coeﬃcient and selectivity.
Controllability and operational limitations.
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[9,10]
[11,12,13]
[14,15,16]
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Table 2
Comparison of organisms available for the production of 2,3-BD.
Microorganism

K. oxytoca
S. marcescens
K. Pnumoniae
Paenibacillus
polymyxa
Enterobacter cloacae

Table 3
Design parameters for the base case simulation.

Temperature
(°C)

2,3-BD
Concentration
(g/L)

Productivity
(g.L−1 h−1)

Source

37
30
37
30

117.4
139.9
150
111

1.2
3.49
4.21
2.1

[23]
[24]
[25]
[26]

37

86.7

1.73

[27]

2.1. Vapor-liquid equilibrium of water and 2,3-BD
VLE experiments were performed earlier on the main constituents of
the fermentation broth: 2,3-BD and water. Blom et al. [29] examined
the VLE behavior of 2,3-BD and water at 1 bar. Othmer (1943) [30]
studied the VLE of 2,3–BD + water mixture at 200, 350, 500, and
760 mm Hg. In this study, binary parameters of the NRTL and UNIQUAC activity coeﬃcient models for a 2,3-BD + water system were
correlated using the VLE data from the openly available literature
[29,30] by means of rigorous regression and validation steps for the
purpose of process design. Table 4 lists the regressed VLE binary interaction parameters of the NRTL and UNIQUAC models for 2,3-BD and
water. Fig. 2 shows the VLE envelop for 2,3-BD and water in comparison with the experimental values. Both the NRTL and UNIQUAC values
closely matched with the experimental data. However, because the AAD
of NRTL was smaller (0.0047) than that estimated by UNIQUAC
(0.0049), the NRTL model was chosen for simulating the distillation
column.

Feed Composition at 20,000 kg/h Flow rate
Components

Mass Fraction

Water
2,3-BD
Formic acid
Acetic acid
Lactic acid
Succinic acid
Ethanol
Acetoin

0.875
0.093
0.00027
0.0089
0.000712
0.002026
0.0105
0.00934

Feed Conditions
Temperature(°C)
Pressure (atm)

30
1

2,3-BD speciﬁcation and Constraints
Recovery (mass fraction)
Purity (wt %)

0.9
≥99

Table 4
Regressed VLE binary interaction parameters of the NRTL and UNIQUAC
models for 2,3-BD (i) and water (j).
Parameter

aij
aji
bij(K)
bji(K)
cij
AAD

2.2. Base case: process description and modeling

Thermodynamic model
NRTL

UNIQUAC

2.43182
−2.00197
35.5157
409.421
0.3
0.0047

0.623312
0.0692492
−123.719
−183.929
–
0.0049

% 2,3-BD. The corresponding mass ﬂow rate of 2,3-BD was 1700 kg/h.
The bottom product at stage 17 contained 0.89 wt% succinic acid at the
very small ﬂow rate of 45 kg/h. The column was operated at 1 atm. The
condenser duty was 11,243 kW, the condenser temperature was 99 °C,
and water was used as the coolant. The bottom temperature was 249 °C.
High-pressure steam was used as the heating medium. The reboiler duty
was estimated at 12,966 kW. The diameter of the column was estimated
to be 2.80 m using Aspen tray sizing.
The total number of stages, the 2,3-BD stage, and feed location were
optimized with respect to TAC. An increase in the number of trays

First, an optimal design of a single distillation column with a side
stream was used as the base case for evaluating the alternative conﬁgurations under consideration. The economically optimal design for
the single distillation column conﬁguration is shown in Fig. 3.
The column has 17 stages totally including the condenser and reboiler stages. The stages were numbered from top to bottom. The purity
of 2,3-BD was maintained at 99 wt% by manipulating the reﬂux ratio.
The top product at stage 1 (983.2 kmol/h) produced 0.96 wt% water
with a small trace of 2,3-BD. The side-product at stage 14 yielded 99 wt

Fig. 1. a. Typical approach for the production and separation of 2,3-BD.
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Fig. 2. VLE envelop for 2,3-BD and water in comparison with experimental values: (a) at 1 atm, (b) at 1 bar.

(4.395 × 106 $). Based on economic analysis, the optimal number of
trays yielding the minimum TAC was 17, as shown in Table 5. According to the results, the energy requirement for the desired separation
is still very high. Energy eﬃciency can be improved by design optimization, as well as by introducing heat-integrated conﬁgurations. In
this context, the next section will mainly focus on energy eﬃciency
enhancement.
3. Results and discussion
3.1. Proposed conﬁgurations for energy eﬃciency enhancement
To clarify how optimization and heat integration are related, the
design alternatives were categorized in terms of the following cases:
1
2
3
4
5
6

Fig. 3. Optimized base case with a single side stream distillation column.

Each conﬁguration passed through a systematic sequence of steps to
achieve the ﬁnal product speciﬁcation, as shown in Fig. 4.

Table 5
Evaluation of optimal cost-eﬀective tray analysis based on design parameters.
Design parameters

Trays

Ns
2,3–BD tray
Feed stage
RR
Qc (kW)
Qr (kW)
Column diameter (m)
Capital cost (106 $/y)
Energy cost (106 $/y)
TAC (106 $)

13
10
3
0.07
11890
13505
2.84
1.04
4.2
4.5467

Base case design
Heat integration of base case
Case 1: Dual distillation column
Case 2: Evaporator assisted distillation
Case 3: Vacuum distillation
Case 4: Vacuum ﬂash distillation

3.2. Sensitivity analysis, process optimization, and economic analysis
15
12
3
0.016
11317
13041
2.794
1.056
4.056
4.408

17
14
3
0.0092
11,243
12,966
2.783
1.091
4.032
4.395

19
13
3
0.0077
11225
12948
2.781
1.128
4.027
4.403

Sensitivity analysis was conducted to identify the eﬀects of the
number of stages, reﬂux ratio, feed stage, and product stage simultaneously on the mass recovery of 2,3-BD and the reboiler duty of the
column. All the conﬁgurations studied in this work were optimized with
the help of the process optimization tool Aspen Plus through an approach based on sequential quadratic programming (SQP) algorithm to
solve the nonlinear constrained optimization issues [31,32]. As described in the Process Simulation segment, the limitations and design
goals of optimization are (1) 2,3-BDO recovery of 90 wt% and (2) 2,3BDO purity of 99 wt% in the product. The objective function was the
TAC, which included both total energy and the equipment purchase
(capital) costs. For conventional distillation, the TAC was minimized by
increasing the number of stages until the optimal number was obtained.
Once the number of stages of the distillation column was established,
the feed and side stream locations were also adjusted to obtain

Bold values emphasize the major ﬁndings of this study.

apparently reduced the energy cost up to a certain limit, but, beyond
the threshold, TAC started to increase, because an increase in the
number of trays increased the column height, which ultimately increased the column capital investment. These design aspects were
quantitatively optimized through the minimization of TAC
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Fig. 4. Systematic approach towards ﬁnal design.

were taken from Turton et al. [33], Fieg and Luyben [34], and Douglas
[35]. For a fair comparison, a payback period of 3 years was selected for
each conﬁguration.

3.3. Heat integration of base case (HI - base case)
HI can signiﬁcantly reduce the energy requirement of a process. The
HI for diﬀerent conﬁgurations has been intensively investigated. A
systematic approach was adopted to explore energy saving opportunities based on the heat energy available in the streams, ﬂow rates, and
sensible and latent heats. As the feed stream in each case has a very low
temperature, HI was mainly focused on how eﬀectively the temperature
of the feed stream could be increased before it entered the column.
According to the base case design in the current study, a huge amount
of energy was needed to obtain the required product, because, when the
temperature of the feed was 30 °C, its components exhibited a wide
range of boiling points. Heavy components with boiling points greater
than 182 °C were obtained from the bottom stream. Since the feed
temperature was very low, it could be raised by using the heat of the hot
streams within the system to reduce the load on the reboiler. Therefore,
the HI system was further examined as a potential source of reducing
energy consumption. The high rate of energy consumption was also due
to the excessive amount of water present in the feed, and because almost all the water had to go through the top stream for the desired
product purity.
The high temperatures of the top stream and the 2,3-BD stream can
be used as energy sources to increase the feed temperature and reduce
the energy requirement of the reboiler by using a heat exchanger, as
shown in Fig. 6. Utilizing the energy of these two product streams reduces the reboiler duty from 12,966 kW to 11,640 kW. The heat exchanger with speciﬁcations of hot outlet-cold inlet temperature diﬀerence of 10 °C and minimum approach temperature of 10 °C was set to
maximize the heat transfer operation.
The temperature of the feed stream after HI was 90 °C. Sensitivity
analysis of the hot-feed stream was again considered to optimize the
feed stage, the 2,3-BD stream, and the reboiler duty, as shown in Fig. 7.
TAC was used to evaluate the energy savings in terms of the required
energy and capital costs relative to the base case.
Tray optimization of the HI design shows that the corresponding
capital investment and energy costs are 1.039106 $ and 3.62 × 106 $,
respectively. However, the TAC savings are 10% relative to the base
case (a comparison of the economic parameters for the proposed conﬁgurations will be presented in section 4).

Fig. 5. Optimization method through sequential iterative optimization approach.

minimum reboiler duty. The optimization method based on the sequential iterative optimization approach used in this study is shown in
Fig. 5. The cost relations of the selected equipment based on the sizing
97
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shown in Fig. 8 was examined. In this process scheme, most of the
energy required could be supplied by cheap MP steam instead of HP
steam, which predominantly reduced the energy cost, as can be seen in
Table 6. 2,3-BD and other heavy components are recovered from the
bottom of the ﬁrst column, while other lighter components together
with water were obtained from the top of the same column. In the
second column, 2,3-BD was obtained from the top side with 99 wt%
purity.
The results of the ﬁrst column show that 12 is the optimal number of
stages with the molar reﬂux ratio of 0.065 and the bottom rate set so as
to obtain a 2,3-BD recovery of 91%. The eﬀect on reboiler duty was
analyzed by varying the total number of stages with respect to the
molar reﬂux ratio, as shown in Fig. 9.
In the second column, 2,3-BD was separated by leaving the heavy
impurities in the bottom stream. The ﬂow rate of 1700 kg/h of the 2,3BD stream was selected to achieve the required purity and recovery of
2,3-BD. The second column contained an optimal number of stages for
the molar reﬂux ratio of 0.001. The reboiler duties for the two columns
were 11,923 kW and 293 kW, respectively.
3.4.1. Optimization of dual column conﬁguration
Optimization of column trays was carried out to minimize the objective function (TAC), as presented in Table 6. Column-1 acts as a
recovery column for 2,3-BD, and an increase in the number of trays
reduces the cost of energy, but the inverse relationship between capital
and energy costs suggests that TAC is optimum for 12 stages of Column1. This column operated at 1 atm. The resulting reboiler temperature
was 180 °C, which indicates the use of MP steam and results in energy
savings relative to the base case (HP steam). The minimum overall TAC
was achieved when Column-2 was used as the puriﬁcation column for
2,3-BD recovery at the desired purity level with 7 stages. In comparison
with the base case, the energy savings were prominent, while the capital expenses were the same.

Fig. 6. Base case heat integration at optimal conditions.

3.4. Case 1: dual distillation column conﬁguration
Each design alternative was developed with the objective of energy
eﬃciency enhancement and minimization of TAC. To reduce the usage
of expensive HP steam, the dual distillation column conﬁguration

3.4.2. Case 1.1: HI of dual column conﬁguration (a)
In Case 1, two HI assemblies were considered to eﬃciently use the

Fig. 7. Eﬀect of feed location and reﬂux ratio on reboiler duty.
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Fig. 8. Dual-distillation column assembly at optimal conditions.

heat of the streams, as the energy requirement in the ﬁrst column was
excessive. In the ﬁrst conﬁguration, the feed stream was integrated with
the top streams of both the columns, as shown in Fig. 10. The feed
stream reached the temperature of 89 °C after passing from the ﬁrst heat
exchanger (HX-1). The second heat exchanger (HX-2) raised the temperature of the feed stream up to 92 °C, while the temperatures of the
top product in the ﬁrst and second columns were 99 °C and 180 °C,
respectively. HX-1 has speciﬁcations of hot inlet-cold outlet temperature diﬀerence of 10 °C, while HX-2 operated as the hot inlet-cold outlet
with the temperature diﬀerence of 10 °C to exchange maximum heat
during the process.
The corresponding reboiler duty after HI in the ﬁrst column was
11,647 kW, resulting in about 10% energy saving for both the columns
in comparison to the energy requirements observed in Case 1. The tray
optimization results show TAC was minimum when the number of feed
stages was 4. HX-1 demands a very large area that results in an increase
in the capital cost from 1.074 × 106 $ to 1.245 × 106 $ and a drop in

the energy cost from 3.438 × 106 $ to 3.108 × 106 $. The overall TAC
reached the minimal value of 3.451 × 106 $.
3.4.3. Case 1.2: HI of dual column conﬁguration (b)
Mechanical vapor compression is an attractive technology for energy-intensive processes. Substantial amounts of energy can be saved by
applying vapor compression at high temperature and pressure by setting an appropriate pressure ratio and exchanging the heat directly in
the heat exchanger instead of utilizing an external source [36].
Nevertheless, compressors require high capital expenses. In separation
processes, which involve lower compression costs and substances with
similar boiling points, the use of compressors is favorable and industrially viable with respect to energy and cost [37]. With regard to
capital and energy, mechanical vapor compression blowers are more
favorable for compressors owing to the lower costs, and because, they
can be used to upgrade the latent heat, providing partial or total heat

Table 6
Tray optimization of dual column conﬁguration at speciﬁed design parameters.
Design
parameters

Trays (Column-1)

Tray Column -2

Ns
Feed stage
RR
Qc (kW)
Qr (kW)
Column Diameter
(m)
Capital Cost (106
$/y)
Energy Cost (106
$/y)
TAC (106 $)

10
3
0.1
11445
13059
2.7957

12
3
0.065
11309
12,923
2.7940

14
4
0.031
11280
12894
2.7917

16
5
0.0123
11275
12889
2.7882

6
2
1.1
612
614
0.572

7
2
0.001
292
293
0.393

8
3
0.0005
290
291
0.371

0.955

0.992

1.035

1.083

0.127

0.082

0.093

3.382

3.347

3.34

3.338

0.191

0.091

0.088

3.700

3.677

3.685

3.699

0.2333

0.118

0.119

Fig. 9. Eﬀect of total number of stages & reﬂux ratio on reboiler duty.

Bold values emphasize the major ﬁndings of this study.
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Fig. 10. Heat integration conﬁguration of dual distillation.

evaporator already approaches the boiling point of the major component (water), which upon gaining latent heat, is ready to be stripped in
the distillation column, and 3) vapors collecting from the top of the
evaporator are utilized to preheat the feed of the same equipment. In
this study, an evaporator assisted distillation conﬁguration (Fig. 13)
was proposed and examined to enhance the energy eﬃciency of the 2,3BD recovery process. A similar approach was already reported for
acetone-butanol-ethanol recovery from fermentation product [39]. The
crude feed was stripped in a drum, where a liquid stream was introduced into the distillation column, and 2,3-BD was then taken as a
side stream.
SA of the ﬂash drum shows the eﬀect of temperature on energy
requirement, mass ﬂow of 2,3-BD, and water content from the bottom
side of the ﬂash drum, as revealed in Fig. 14.
The temperature of the ﬂash drum was maintained at 100.25 °C in
order to have low duty and minimum loss of 2,3-BD (97% recovery and
4236 kW). Further increase in the temperature rapidly reduced the 2,3BD content in the bottom ﬂow and sharply increased the ﬂash duty. SA
of the distillation column was carried out to count the total number of
stages based on the reboiler duty and 2,3-BD purity.
After ﬁxing the conditions for the ﬂash drum, the abovementioned
analysis was adjusted to the speciﬁcations of the distillation column to
achieve the ﬁnal purity of 2,3-BD (99 wt%). The column together with
the ﬂash drum needed to be energy eﬃcient, but the results suggest that
its high cost is due to the high ﬂash and reboiler duties.

duty in the heat exchanger [38]. In the following dual column conﬁguration, the top product of the ﬁrst column is mainly water at the
temperature of 99 °C, while the feed has the temperature of 30 °C. This
diﬀerence in temperature can be minimized by elevating the feed
temperature to reduce the reboiler duty.
Blower-based HI was applied to minimize the energy consumption
and optimize the cost of the process by blowing the vapors of the ﬁrst
column up to a certain pressure ratio (1.2) and then integrating it with
the feed to elevate the temperature up to 100.56 °C, which drastically
reduced the reboiler duty from 12,923 kW to 7164 kW in the ﬁrst
column (see Fig. 11).
After HI, the blown stream was allowed to reduce the pressure
gained and cooled at the distillate temperature with zero vapor fraction.
An external ﬂux was also provided to justify the conﬁguration, similar
to the case without the heat integrated two-column assembly. Pressure
ratio directly aﬀects blower duty and heat exchanger area; an increase
in the pressure ratio decreases the heat exchanger area. The pressure
ratio 1.2:1 was selected, as it is optimal for TAC, as shown in Fig. 12.
The capital and energy costs were 1.058 × 106 $ and 2.066 × 106 $,
respectively.
3.5. Case 2: evaporator assisted distillation
Each alternative based on only distillation in the previously proposed conﬁgurations still consumes large energy even after process
modiﬁcation, which is mainly due to dominant amount of water in the
feed mixture. In this situation, partial vaporization of the feed by simple
evaporation can have beneﬁts: 1) evaporation of lighter components
and water with a very small energy requirement, 2) liquid leaving the

3.5.1. Optimization of case 2
Economic analysis of the base case was conducted to evaluate the
energy and capital required, as shown in Table 7. An increase in the
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Fig. 11. Blower based vapor compression and heat integrated dual distillation system.

3.5.2. Case 2.1: HI of the evaporator assisted distillation conﬁguration
Since the energy-based evaluation of case 2 reveals high energy
requirements, the column together with the evaporator needed to be
energy eﬃcient. However, the results imply high costs due to high reboiler duty. Keeping in mind the objective function (TAC), process
constraints (90 wt% recovery and 99 wt% purity of 2,3-BD), and design
variables (number of stages and reﬂux ratio), a HI system was proposed
to minimize the TAC by internally utilizing the heat of the system, as
shown in Fig. 15. Vapor compression by a blower substantially reduces
the reboiler duty by combining the blown vapors of the column ﬁrst
with the feed and then partially vaporizing the liquid stream of the ﬂash
drum by using the latent heat in order to reduce the load on the reboiler.
Pressure ratio of 1.4 was selected for compression because at lower
pressure ratios a heat exchanger requires a large area for heat transfer.
The HI system utilizes vapors to deliver the heat in the heat exchanger
by raising the feed temperature up to a certain limit (100 °C). The feed
of the distillation column was partially vaporized (0.25 vapor fraction)
and ready to evaporate in the column, while the rest of the liquid imparted load on the reboiler for the desired separation. The corresponding reboiler duty of the column was 6982 kW, and the ﬂash drum
duty was reduced from 4236 kW to 1884 kW. Economic analysis of the
heat-integrated design resulted in capital and energy savings of
1.006 × 106 $ and 2.689 × 106 $, respectively.

Fig. 12. Eﬀect of pressure ratio on process costs.

number of stages reduces the reboiler duty and column diameter, but
there is a tradeoﬀ between the capital and energy costs. However, even
though the energy cost can be further reduced, the capital cost can go
up at the same time, which increases the TAC. The optimal design was
determined as 20 stages, for which the TAC was minimum.

3.6. Case 3: vacuum distillation
Vacuum distillation is often used when separation is diﬃcult to
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Fig. 13. Evaporator assisted side stream distillation for 2,3-BDO recovery.

Fig. 14. Sensitivity analysis evaluation of process variables and design parameters.

carry out or the boiling range of the components is very high. A single
vacuum distillation column with a side stream, shown in Fig. 16, was
examined to evaluate the eﬀects of vacuum on energy consumption for

2,3-BDO separation. In the proposed conﬁguration, many design factors
were taken into account, which included the maximum approachable
vacuum, lowering the energy content through the use of low pressure
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minimizing the reboiler duty. A possible approach to using HI is to
combine the product streams with the feed stream to exchange the heat
and increase the temperature of the feed stream.
The heat exchanger speciﬁcation was a hot inlet-cold outlet temperature diﬀerence of 10 °C. The energy savings in terms of reboiler
duty for this conﬁguration was 5%, as the duty after HI was 11,860 kW.
The TACs for the vacuum column before and after HI were 3.57 × 106
and 3.44 × 106 $/y, respectively.

Table 7
Tray optimization of evaporator assisted distillation conﬁguration.
Design parameters

Trays

Ns
2,3–BD Tray
Feed stage
RR
Qc (kW)
Qr (kW)
Column Diameter (m)
Capital Cost (106 $/y)
Energy Cost (106 $/y)
TAC (106 $)

17
13
5
0.0662
9030
9077
2.3086
0.89
2.823
3.119

18
13
5
0.0624
8991
9045
2.3058
0.904
2.813
3.114

19
14
6
0.0591
8963
9017
2.3021
0.918
2.804
3.11

20
14
6
0.0572
8917
8971
2.3
0.932
2.799
3.10

21
14
6
0.0562
8939
8993
2.991
0.947
2.797
3.112

3.7. Case 4: vacuum ﬂash distillation
Benali et al. [40] and Errico et al. [41] observed that a similar
conﬁguration connecting a pre-distillation device (a ﬂash drum) with a
distillation column gently reduced the energy consumption. In this
study, a vacuum ﬂash distillation conﬁguration was proposed and investigated by combining the concepts of case 2 (evaporator assisted
distillation) and case 3 (vacuum distillation) for 2,3-BD separation.
Fig. 17 shows the proposed scheme with a vacuum ﬂash drum followed
by a single side stream distillation column. In this conﬁguration, the
feed and 2,3-BD stages were modiﬁed, while the total number of stages
was chosen to satisfy the process variables and constraints such as the
purity and recovery parameters.
The vacuum parameters were changed, ranging from 0.1 atm to
0.4 atm, to test the feasibility of the proposed study. At 0.2 atm, the
objective function (TAC) was optimal for the conditions of a total of 12
stages, the feed at stage 3, and the 2,3-BD stage at stage 9.

Bold values emphasize the major ﬁndings of this study.

steam, the number of stages, and condenser utility as a cooling water.
Economic analysis was also performed as shown in Table 8. Column
diameter decreased from 4.2 m to 2.77 m and pressure increased from
0.1 atm to 0.6 atm.
Although at lower vacuum conditions the product attained the
purity of 99 wt%, the component remaining in the stream was lactic
acid, rather than acetoin, while 2,3-BD appeared in the bottom stream
with succinic acid. At 0.3 atm pressure of the column, the concentration
of acetoin in the 2,3-BD stream increased, while the concentration of
lactic acid decreased to 3.6 kg/h, and the 2,3-BDO concentration in the
bottom stream decreased.
The temperatures of the product and feed streams are largely different, which suggests that the use of the HI system is energy eﬃcient in

VapŽr Frca. 0.52
110 °C

3.7.1. Optimization of vacuum ﬂash distillation
Capital investment abruptly decreased by changing the pressure

Wressure RaƟŽ 1.4
338 kW

HX-2
Q 2175 kW

144 °C
HX-1
Q 2352 kW

VF 1
T 101 °C
FEED

Qc 4914 kW
110 °C

VapŽrs

VF 0.25
T 100 °C

100 °C

EXT-ReŇux 0.075

BDO-C

DisƟůůate

6
Q 1884 kW

14

20

2,3-BD-Stream 1700 kg/hr
Mass Fract.
2,3-BD0.994

248 °C

50 kg/h
3

Qr 6982 kW
Fig. 15. The use of vapor compression eﬀect to preheat feed and partial vaporization of evaporator liquid stream.
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Fig. 16. Vacuum distillation in comparison with heat integration system.
Table 8
Tray optimization of vacuum distillation.

Table 9
Tray optimization by varying vacuum conditions corresponding to design
parameters.

Parameters
Pressure (atm)
Total stages
Feed Stage
2,3–BDO stage
Reﬂux Ratio
Condenser Duty (kW)
Reboiler Duty (kW)
Column Diameter (m)
Capital Cost (106 $/y)
Energy Cost (106 $/y)
TAC (106 $)

0.1
12
7
10
0.015
11971
12358
4.183
1.341
3.128
3.575

0.2
12
6
10
0.016
11813
12516
3.74
1.081
3.242
3.602

0.3
12
3
7
0.0023
11545
12452
3.45
1.047
3.225
3.574

0.4
12
3
8
0.0032
11473
12534
3.19
1.022
3.246
3.587

0.5
12
3
10
0.0032
11406
12592
3
1.004
3.261
3.596

0.6
13
4
11
0.013
11460
12753
2.77
1.005
3.303
3.638

Design parameters

Trays

Pressure (atm)
Ns
2,3–BD Tray
Feed stage
RR
Qc (kW)
Qr (kW)
Column Diameter (m)
Capital Cost (106 $/y)
Energy Cost (106 $/y)
TAC (106 $)

0.1
11
6
3
0.002
6960
6960
3.44
1.241
3.085
3.499

Bold values emphasize the major ﬁndings of this study.

0.2
12
9
3
0.04
7529
7578
2.991
0.974
3.127
3.45

Bold values emphasize the major ﬁndings of this study.

Fig. 17. Vacuum ﬂash distillation.
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0.3
14
10
3
0.012
7934
7984
2.62
0.925
3.179
3.487

0.4
15
11
4
0.022
8180
8230
2.42
0.901
3.221
3.521
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Fig. 18. Heat integration of VFD based on partial vaporization of the column feed.

pressure condition with the design variables described in Table 9. It is
worth noticing here that the higher energy cost was due to the process
constraint of 1800 kg/h of 2,3–BD in the ﬂash drum for the bottom
stream. When the vacuum condition changed from 0.1 atm to 0.4 atm,
the energy required to achieve the desired (water) content in the ﬂash
drum increased. The minimum TAC was obtained for the 0.2 atm vacuum condition.

Table 10
Optimization of pressure ratio for the minimization of TAC.
Pressure Ratio

1.1

1.2

1.3

1.4

1.5

1.6

1.7

HX-1 Area (m2)
HX-2 Area (m2)
Blower Duty (kW)
Capital Cost (106 $/y)
Energy Cost (106 $/y)
TAC (106 $)

1363
3566
67
2.28
1.2575
2.018

785
1466
133
1.552
1.281
1.798

557
953
192
1.303
1.302
1.736

435
721
249
1.1691
1.327
1.717

359
587
303
1.077
1.347
1.706

307
502
354
1.025
1.367
1.708

268
441
403
0.979
1.386
1.712

3.7.2. Case 4.1: HI of vacuum ﬂash distillation
A SHR system reduces the energy consumption of a process by circulating the latent and sensible heats of the system [42]. Fig. 18 shows
the SHR technique used for the vacuum ﬂash distillation sequence at
the optimum limit of the base case.
The top stream of the column was ﬁrst compressed at the pressure
ratio of 1.5 in a blower that initially preheated the feed at the ﬂash
condition. Then, the transferred latent heat was applied to the feed in
the distillation column that generated 0.45 vapor fraction after the heat
exchanger operation. This vapor conversion largely reduced the reboiler duty from 12,331 KW to 3737 kW. Pressure ratio was optimized
for the minimum value of the objective function, as presented in
Table 10. TAC-based tray optimization was carried out to alter the feed
and product stages, as the feed contained vapors that were ready to
escape from the ﬁrst stage, as shown in Fig. 19.

Bold values emphasize the major ﬁndings of this study.

4. Economic comparison of the proposed cases
Feasibility analysis of the distillation-based conﬁgurations was
performed in the previous sections to evaluate the energy eﬃcient separation and recovery of 2,3-BD. The optimal design speciﬁcations and
economic comparison of all the sequences are presented in Table 11.
Whereas, the cost relations and design basis for economic evaluation of
all presented schemes are given as Appendix A in Table A1.
HI played a vital role in energy saving, but there is a tradeoﬀ between energy saving and capital cost. An increase in the capital

Fig. 19. Tuning of feed and 2,3-BD location at required purity.

condition from 0.1 atm to 0.2 atm, because an increase in the temperature diﬀerence reduced the condenser area. In the ﬂash drum, the
recovery of 2,3-BD with the ﬂow rate of 1800 kg/h was used for each
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Table 11
Design speciﬁcations with optimized results of all proposed conﬁgurations.
Parameters

Base case

Ns
BDO Tray
Feed stage
RR
Qc (kW)
Qr (kW)
Column Diameter (m)
Capital Cost (106 $/y)
Energy Cost (106 $/y)
TAC (106 $)
Capital cost savings %
Energy cost savings %
TAC savings %

17
14
3
0.0092
11,243
12,966
2.783
1.091
4.032
4.395
–
–
–

HI-Base case

17
14
4
0.021
11375
11,640
2.627
1.039
3.62
3.967
4.8
10.3
9.8

Case 1

Case 1.1

Case 1.2

DC-1

DC-2

DC-1

DC-2

DC-1

DC-2

12

7

12

7

12

7

3
0.065
11309
12,923
2.794
1.074
3.438
3.678
1.5
14.8
16.4

2
0.001
292
293
0.393

4
0.01
11462
11,647
2.63
1.242
3.108
3.451
−1.3
22.2
21.5

2
0.001
292
293
0.393

3
0.065
5785
7164
2.04
1.058
2.066
2.418
3
51
55

2
0.001
292
293
0.393

Capital
cost (106
$/y)

Capital
cost
saving
(%)

Energy
cost (106
$/y)

Energy
cost
saving
(%)

TAC
(106 $)

TAC
saving
(%)

Long
et al.
[38]
Case 1
Case 1.1
Case 1.2
Case 2
Case 2.1
Case 3
Case 3.1
Case 4
Case 4.1

1.113

–

3.862

–

4.233

–

1.074
1.242
1.058
0.932
1.006
1.047
1.157
0.974
1.077

3.5
−10.4
4.9
16
9.6
5.9
−3.8
12.5
3.2

3.438
3.108
2.066
3.837
2.689
3.225
3.058
3.127
1.347

10
19.5
46.5
0.001
30.3
16.5
20.8
19
65.1

3.678
3.451
2.418
4.148
3.024
3.574
3.444
3.4517
1.706

13.1
18.5
42.8
2
28.5
15.5
18.6
18.6
59.7

Case 2.1

Case 3

Case 3.1

Case 4

Case 4.1

20
14
6
0.075
8947
9001
2.3
0.932
3.837
4.148
14.6
4.9
5.6

20
14
6
0.075
7121
6468
2.01
1.006
2.689
3.024
7.8
33.3
31.2

12
7
3
0.0023
11545
12452
3.45
1.047
3.225
3.574
4
20
18.7

12
9
4
0.0005
11524
11807
3.48
1.157
3.058
3.444
−6
24.2
21.6

12
9
3
0.04
7529
7578
2.99
0.974
3.127
3.4517
10.7
22.4
21.5

12
8
4
0.04
130
3737
2.225
1.077
1.347
1.706
1.3
66.6
61.2

which later preheats the feeds of evaporator and distillation column.
Each proposed conﬁguration in this study was also compared with the
hybrid distillation-based dehydration conﬁguration by [38]. Consequently, the proposed designs in the current study were more energy
eﬃcient and resulted in a lower TAC requirement. The existing conﬁguration [38] requires higher costs due to the use of HP steam, large
column diameter, and high thermal load. Table 12 demonstrates the
percentage savings, which summarizes that cases 1.2 and 4.1 are
competitive and have ability to eﬃciently overcome the product recovery and puriﬁcation issues in bioreﬁneris.

Table 12
Economic comparison of proposed conﬁgurations with hybrid distillation-based
dehydration reported Long et al. [38].
Process

Case 2

5. Conclusions
Distillation-based techno-economic evaluation for 2,3–BD puriﬁcation was carried out. The proposed distillation designs showed promising results, particularly by exploiting the beneﬁts of heat exchangers
such as the feed preheat and vapor exchanges of the latent heat that led
to lower reboiler and condenser duties for the columns. Cases 1.2 and
4.1 showed signiﬁcant savings in the annual costs relative to the base
case. Both the proposed cases drastically reduced the total energy cost
by 51% and 66.6%, respectively, and the TAC by up to 55% and 61.2%,
respectively.

investment arises because of the introduction of heat exchangers,
blowers, and the associated power requirements. The area of the heat
exchanger sharply aﬀects the capital cost, while energy savings entail
design conﬁgurations. Table 11 also shows the overall savings with
respect to the base case. Cases 1.2 and 4.1 substantially reduced the
energy requirements of the system, while the capital costs in both the
conﬁgurations were almost the same as that observed in the base case.
The total savings in both the designs were 55% and 61.2%, respectively.
This implies their attractiveness and advocates their wide-range use. In
cases 1.1 and 3.1, there was an additional capital cost, but the overall
eﬀect on TAC was still positive due to the higher energy recovery and
lower TAC.
Recently, Long et al. [38] introduced a blower to increase the
thermal contents of the vapors splitting from a distillation column,
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Appendix A
The cost relations of the selected equipment were taken from Douglas [35] and Turton et al. [33]:

Capital cost ⎞
TAC = ⎜⎛
⎟ + Operating cost .
Payback
period ⎠
⎝

106
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See Table A1 .

Table A1
Design basis for economic evaluation.
Equipment

Design Equations for economics

Column capital cost

17640(D)1.066 (L)0.802 Length and Diameter in meters
Diameter: from Aspen tray sizing Length: NT trays with
2 ft. spacing + 20 % extra length.
Condenser 7296(area)0.65 ΔT = reﬂux drum temperature
– 310 K Heat transfer coeﬃcient U = 852 W m−2 K−1
Reboiler 7296(area)0.65 ΔT = 34.8 K Heat transfer
coeﬃcient U = 568 W m−2 K−1
$7.78/GJ (6 bar, 160 °C)
$8.22/GJ (11 bar, 184 °C)
$9.88/GJ (42 bar, 260 °C)
$0.354/GJ
3 years

Heat Exchanger
costs

Utility
LP steam
MP steam
HP steam
Cooling water
Payback period

Note: High-pressure steam between 40 and 50 bar is commonly available and provides heat at
250–265 °C. Above this temperature, additional costs are involved.
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