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design a side-reactor that restricts the temperature of catalyst activity to 423 K, the pressure of the column and the flow rate of the feed stream withdrawn for the side-reactor
are examined. An economic steady-state flowsheet is developed that minimizes the total
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annual cost by optimizing the column pressure, side-stream flowrate, side-stream with-
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drawn location, and reactor effluent reentry location. For the 2-methoxy-2-methylheptane
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process, the proposed side-reactor column configuration appears overwhelmingly supe-

2-Methoxy-2-methylheptane

rior in terms of capital, energy, and total annual cost compared to that of a conventional

production

energy-intensive scheme. In addition, compared to a reactive distillation process, the pro-
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posed configuration reduces total capital investment by decreasing column diameter with

Total annual costs

a smaller catalyst load. Furthermore, additional benefits such as less expensive hardware
requirement, easy catalyst removal/regeneration could be achieved. Finally, a multi-effect
heat integration sequence is suggested to improve the energy and economic performance
of the proposed configuration.
© 2018 Published by Elsevier B.V. on behalf of Institution of Chemical Engineers.

1.

Introduction

Over the last two decades, 2-methoxy-2-methylpropane (MTBE) has
played a major role in diminishing harmful emissions from vehicles
and has provided cleaner fuel consumption by increasing the octane
number of gasoline. However, its detection in groundwater owing to
increased solubility has led to the ban of MTBE from gasoline (Anderson

peting parallel reactions over an acid resin Amberlyst catalyst. One is
an equilibrium-limited reversible reaction between methanol (MeOH)
with 2-methyl-1-heptene (MH) to produce MMH as the desired product. The other is an undesired irreversible reaction that produces the
byproduct dimethyl-ether (DME) and 2-methyl-2-heptanol (MHOH).
The conventional process of making MMH involves a reactor followed by the use of separation trains. The optimum operation for the

tives for the existing MTBE plants (Rihko-Struckmann et al., 2004). A
viable option is to use 2-methoxy-2-methylheptane (MMH). Ether MMH

desired MMH yield can be obtained by maintaining a large reactor
volume or high recycle flow rates from the downstream separation
columns. However, both strategies involve high cost. The applica-

has a higher molecular weight and has decreased solubility in water
(Griffin et al., 2009; Luyben, 2010). MMH is synthesized using two com-

tion of process intensification has gathered much attention in recent
years as a potential mean of improved design and retrofitting exist-

and Elzinga, 2014). Refineries around the world are looking for alterna-
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ing conventional processes. There are various process-intensification
configurations that can overcome the high-energy demand of the
conventional reactor-separation units by integrating different unit

(2008) proposed and optimized an SRC configuration for the production
of ethyl acetate. Their findings were that the SRC design was econom-

operations. For example, reactive distillation (RD) offers significant advantages over conventional multiunit configurations, such as
improvements in conversion and selectivity, in situ heat of reaction,

of the RD. Bisowarno et al. (2004) introduced a side-reactor concept to
an existing RD configuration for ethyl tert-butyl ether (ETBE) synthesis.

ease of temperature control, reduced capital investment, and fewer
energy requirements (Luyben and Yu, 2008).
Regardless of being technically feasible and applicable, process
intensification using reactive distillation for MMH process was found
to be uneconomical in terms of large capital investment as illustrated in our previous work (Hussain et al., 2018). The high demand
of catalyst weight on the reactive trays to achieve desired MMH yield
outweighs the benefits of process integration using RD. Moreover, the
practical issues associated with the design of RD column, e.g., column
hardware design to embed catalysts, catalyst removal, and regeneration, might be complicated and make this intensification technique
less attractive (Sundmacher and Kienle, 2003). To overcome the challenges associated with the design of reactive distillation, engineers
and researchers are developing new process intensification configurations that are cheaper and more competitive (Gadewar et al., 2004;
Baur and Krishna, 2004; Ojeda Nava et al., 2004). These configurations
could be beneficial in terms of increased productivity and selectivity,
minimizing the energy requirement by integrating various plant unit
operations.
A competitive alternative to the RD configuration is a sidereactor column (SRC) configuration, where a distillation column is
coupled with a side reactor or reactors. The SRC is an excellent
process intensification technique and a competitive alternative to
reactive distillation when working in the confined overlapping window of reaction and separation conditions is not always the optimal
solution. A distillation column with the side-reactor concept is gathering attention, particularly when conventional reactive distillation
columns required excessive liquid heights to accommodate catalyst holdup. In addition, the external reactor concept is beneficial
to overcome operational problems such as catalyst deactivation and
insufficient residence time (Gadewar et al., 2004; Ojeda Nava et al.,
2004).
In an SRC configuration, the reactors are connected to the column in an external loop. In this way, a side-reactor coupled with
a non-reactive column gets the shape of an intensified configuration and can provide an enhanced energy efficiency potential. The
feed is withdrawn from the column side tray where reactants are
abundant and are pumped with a sufficiently high pressure to the
reactors operated at a high pressure suitable for reaction. The reactor
effluent then returns to the column operated at a pressure suitable for vapor–liquid equilibrium. The selection of a reactor effluent
stream return tray is analogous to the optimum feed tray location
that minimizes the reboiler heat input. This classical configuration
allows for independently setting the required reactor and column
pressure suitable for their optimum operation. So far, for many industrial chemical processes, very limited studies are available in the
literature using an SRC configuration. Some notable studies include
the work of Kaymak and Luyben (2004, 2007), who demonstrated
that when there is a significant difference in the reaction and separation operating conditions, the SRC configuration is economically
attractive as compared to an RD column. The researchers conducted
a simulation of a hypothetical reversible reaction that assumed an
ideal vapor–liquid equilibrium. For methyl acetate synthesis, Baur
and Krishna (2004) showed that a higher conversion target could be
achieved with a larger pump-around ratio in their design configuration
of a side-reactor as an alternative to the RD column. Ouni et al. (2004)
studied the adiabatic side-reactor configuration for tert-amyl methyl
ether (TAME) and 2-methylbutene (2MB) processes. They claim that
by optimizing the side-reactor conditions in these processes, similar
conversion and selectivity profiles as for reactive distillation could be
achieved.
Bo et al. (2012) proposed and optimized an SRC configuration for
a chlorobenzene process, and extended their study to the design of
an effective control structure for various feed disturbances. Tsai et al.

ically competitive with only a 5% increase in TAC as compared to that

Their findings were that an RD column coupled with side reactors can
achieve similar performance to that of a single RD column, with a significant reduction in capital investment. Most recently, Hussain et al.
(2017) showed the superior performance of using an SRC configuration for the ethylbenzene (EB) process. Their study demonstrated that
process intensification using an SRC configuration can reduce 13.2%
of the total annual cost for the ethylbenzene process compared to the
conventional multi-unit configuration.
In the current work, an alternative process configuration based on
the concept of the column with an external side-reactor is presented.
To the authors’ best knowledge, this is the first study showing the more
efficient process for the production of MMH than has been previously
published. Due to the difference in the operating conditions of reaction
and separation in the conventional process, the energy requirement
and the subsequent costs in the MMH process could be substantially
reduced by process intensification through the SRC design. In addition, compared to a reactive distillation process, the strongest feature
of this study is that the SRC based design could lead to a reduction
of column capital investment because smaller catalyst amount in the
side-reactor leads to reduced column diameter or height. Moreover, the
promising benefits of the simpler SRC flowsheet which allows one to
independently set the pressure of the reactor and separator, ease of
plant shutdown, and catalyst replacement can be achieved. Furthermore, the SRC design has an ability to overcome the design limitation
of embedding heterogenous catalyst in a RD column which usually
requires the additional cost of making special structured packing. The
results of the SRC design are then compared with the conventional
MMH process and the reported reactive distillation process to demonstrate the savings achieved. For a fair comparison, the same fresh
feed of 2-methyl-1-heptene (MH) and methanol (MeOH) was used in
the proposed design. Furthermore, the influence of column operating
pressure and the side-stream flowrate for an external side reactor was
explored with the aim to overcome the temperature limitation of an
acid resin catalyst. In addition, an effective heat integration sequence
is suggested to ameliorate the energy efficiency of the proposed configuration.

2.
Technical/economic evaluation of SRC
configuration
The feasibility analysis of the SRC configuration is shown in
Fig. 1. For a wide range of chemical processes, a quick and easy
feasibility analysis for technical and economic evaluation of
SRC configuration can be performed. The first step is to check
the operating conditions (i.e., temperature and pressure). If
there is a significant difference in the operating conditions
of the reaction and separation (e.g., high-pressure reaction
and vacuum distillation), then SRC configuration is technically
feasible and economically attractive (Luyben and Yu, 2008).
For example, the overall economics of the toluene hydrodealkylation process, the higher pressure to be maintained
in the reactive distillation column to compensate for higher
reaction temperature is offset by the high capital investment
Stitt (2002). For this type of operating conditions, in particular,
SRC technology is beneficial as it allows to independently set
the reactor and column operating conditions thereby decreasing the capital investment. The second crucial step for the
feasibility analysis of SRC technology is to check the relative volatilities of the components. The application of SRC
is technically feasible where keeping the lightest reactant in
the reactive zone is seldom feasible. For example, consider
the reverse process of methyl acetate synthesis, it would be
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Fig. 1 – Systematic framework for the technical and economic evaluation of SRC configuration.
difficult to keep methyl acetate (lightest component) as a reactant in the reactive zone of an RD column. Therefore, an
SRC configuration is technically feasible for these unfavorable volatilities. Similarly, reactions with slow reaction rates
would require either large holdups or an excessive number of
RD trays that eventually lead to column hydraulic limitation
and/or high capital investment in terms of larger diameter
or height. In an SRC configuration, a large amount of catalyst can be placed inside the side-reactor which is not limited
to such an extent. Moreover, highly exothermic reactions can
cause liquid drying out of trays in an RD column. Contrast with
this, the adiabatic temperature rise due to the large exothermic heat of reaction can provide enhanced energy efficiency
potential in an SRC configuration. Another issue that mitigates
the application of process intensification using RD column is
related to catalyst deactivation. The operational limitations in
RD process to avoid catalyst degradation is seldom feasible.
On the other hand, the traditional way to overcome catalyst
deactivation i.e. maintaining the temperature of an adiabatic
side-reactor by manipulating the side stream flow rate is possible. In addition, for the heterogeneous catalyst, in particular, a
technical solution for the choice and design of structural packing might pose severe challenges in terms of maintenance or
catalyst deactivation/replacement in an RD process. Due to
these concerns, industrial application of RD columns is still
limited in numbers. The hardware design limitations of an RD
column can be easily overcome by SRC technology. In addition,
SRC has potential to achieve required yield and conversion at
reduced catalyst loading thereby decreasing the column diameter and height. For various process configurations, Baur and
Krishna (2004) showed four promising configurations where
side-reactor can be coupled to a distillation column to benefit
synergetic effects.

3.

Process studied

3.1.

Conventional process

The conventional process to synthesize MMH features a fixed
bed reactor operated at 15 atm and 423 K, followed by three
separation columns in a direct sequence. To obtain a higher
yield of the MMH product, the key problem associated with
this process is either a high investment cost (large reaction
vessel) or high operating cost (recycling large excesses of 2methyl-1-heptene). Griffin et al. (2009) studied the effects of
moderate and high values of reaction equilibrium constant
on the optimal operating parameters of an MMH plant based
on partially full or completely full reactor holdups. In addition, Luyben (2010) optimized the conventional process of
MMH based on reactor sizes and recycle flow rates from a
downstream column in terms of minimum TAC. Their articles
provide the conventional configuration of the MMH process
with desired production capacity.
For a fair comparison, we utilize the flow rates from their
flowsheets to correlate the savings in terms of energy, capital,
and TAC for the proposed SRC configuration. The conventional process of MMH optimized by Luyben (2010) was based
on an isothermal reactor operation of 400 K that was able
to sustain catalyst activity to achieve a 99% yield. However,
in a DOW chemical product data sheet (Dow product data
sheet, 18 December 2017), we found that this industrial-grade
Amberlyst 35 Wet resin catalyst can be operated up to a temperature of 423 K. Thus, the MMH process was resimulated
with a reactor operated isothermally at 423 K, as illustrated
in Fig. 2. However, it is noted that it is sensible to operate the
reactor reasonably below at the maximum catalyst deactivation temperature from process control point of view. Based on
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Fig. 2 – Conventional flowsheet of MMH process.
the total capital investment for the RD column was estimated
at $1,615,000, which is 17.6% expensive than the conventional
MMH process. In addition, the design of an industrial RD column for the MMH process might pose severe challenges in
the choice and design of expensive hardware requirement for
structural packing to embed heterogeneous catalyst.

4.
Feasibility of MMH process for an SRC
configuration

Fig. 3 – RD configuration for MMH process (Hussain et al.,
2018).
the reactor effluent, the per-pass conversion of methanol is
94.2%, while the MMH selectivity is 98%. The final MMH yield
obtained from the distillate of column C3 is estimated at 99.5%.

3.2.

Reactive distillation for MMH process

The reactive distillation configuration for MMH process from
the previous work (Hussain et al., 2018) is illustrated in Fig. 3.
In the RD column design, the selection of operating pressure
is restricted to maximum temperature in the reactive trays
where catalyst deactivation should be avoided. Although simulation studies performed at higher pressure resulted in better
yield and conversion profile, higher pressure leads to a higher
temperature (423 K) on the reactive trays, which is not suitable
for the MMH process. Thus, the design of RD column requires
7260 kg of total heterogeneous catalyst on the reactive trays
to achieve 99% MMH yield. High liquid holdup would either
requires a larger liquid height on reactive trays or a larger
column diameter. Excessive liquid height can lead to column
hydraulic limitations, on the other hand, column diameter will
directly impact the column capital investment. Therefore, a
practical liquid height of 0.152 m was assumed which resulted
in column diameter of 3.90 m. Due to the larger RD diameter,

The conventional MMH process configuration as shown in
Fig. 2 reveals that the column configured with a side-reactor
configuration is appealing because there is a significant difference in the operating conditions of the reactor and distillation
columns. The isothermal reactor operated at high pressure
(15 atm) and its temperature is limited to 423 K to sustain
catalyst activity. On the other hand, distillation columns are
operated under vacuum conditions that permit the use of
cooling water (353 K) in the condenser. This difference in the
temperature naturally suggests that process intensification of
MMH conventional process using the SRC configuration can
be applicable if it is economically superior. Similarly, as discussed, process intensification using an RD column outweighs
its benefits due to the high capital investment because a larger
catalyst holdup on the reactive trays in order to maintain a
desired MMH yield leads to a larger column diameter. Process intensification using SRC would be beneficial with the
reduction of capital investment due to less amount of catalyst required to achieve a desired MMH yield. Furthermore, the
additional benefits of SRC design, e.g., less expensive hardware requirement, easy catalyst removal/regeneration, easy
temperature control to avoid catalyst deactivation, etc. can be
achieved.

5.

Reaction kinetics

The equilibrium limited reaction for methanol (MeOH)
and 2-methyl-1-heptene (MH) to produce 2-methoxy-2methylheptane (MMH) can be expressed as
CH3 OH + C8 H16 ↔ C9 H20 O

(1)

There is an undesired irreversible reaction associated with
the main reaction that produces dimethyl-ether (DME) and 2methyl-2-heptanol (MHOH). This can be expressed as
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Fig. 4 – Molecular structures of MMH and MHOH.
2CH3 OH + C8 H16 → C2 H6 O + C8 H18 O

(2)

The reaction mechanism is described by a pseudohomogeneous model based on the catalyst weight and mole
fraction (X) of the components involved.
RD = kDf XMeOH XMH − kDr XMMH

(3)

RU = k2 (XMeOH )2

(4)

where RD and RU are the overall reaction rates for the main
(desired) reaction and side reaction (undesired), respectively,
and has units of kmol s−1 kgcat−1 . In Eq. (3), kDf and kDr represent the specific reaction rate constant for the forward and
backward reaction, respectively, while k2 in Eq. (4) represent
the specific reaction rate constant for the undesired reaction.
The kinetic parameters for this etherification reaction catalyzed by an industrial-grade Amberlyst 35Wet (Rohm and
Haas) catalyst were reported by Karinen and Krause (1999).
The kinetic parameters are generated by fitting the pseudohomogeneous model shown above to the kinetic data. The
units of activation energy are kJ kmol−1 .
kDf = 6.7 × 107 exp

 −90, 000 

kDr = 2.1 × 10−6 exp

k2 = 1.3 × 109 exp

6.

RT

 −900 
RT

 −105, 900 
RT

(5)

(6)

(7)

Phase equilibrium

The separations involved in the five components are fairly
easy because there is a significant difference in their
boiling points: DME = 248.2 K, MeOH = 337.5 K, MH = 392.2 K,
MMH = 424.4 K, and MHOH = 471.4 K. All unit operations were
®
simulated using an Aspen Plus . For a fair comparison,
the proposed study was built on the “UNIQUAC” thermodynamic model, as suggested in the conventional flowsheet of
MMH plant by Luyben (2010). The components 2-methoxy2-methylheptane (MMH, C9 H20 O) and 2-methyl-2-heptanol
(MHOH, C8 H18 O) are not available in Aspen plus data bank,
and no vapor–liquid equilibrium studies have been done for
this system. These missing components are generated using
their molecular structures as shown in Fig. 4. The UNIQUAC
thermodynamic model considered all components as ideal.
This study presents useful preliminary results of a reasonable
conceptual design based on a side-reactor distillation. However, there is a fair amount of uncertainty associated with the
chosen thermodynamic model.

Fig. 5 – T-xy diagrams for (a) MH/MMH, (b) DME/MeOH, and
(c) MMH/MHOH.
Fig. 5 illustrates the T-xy diagrams for binary interaction
between the components involved. Fig. 5a is for MH/MMH at
0.2 atm, which is the pressure of column C1 in the proposed
configuration. Fig. 5b is for DME/MeOH at 1.0 atm, which is
the pressure of column C2. Fig. 5c is at 0.1 atm, which is the
operating pressure of column C3 for separating MMH/MHOH.

7.

Proposed SRC configuration

An economical optimum design (developed in a later section)
based on the SRC configuration is shown in Fig. 6. An adiabatic continuous stirred tank reactor (CSTR) is connected to
column C1 in an external loop. There are 30 trays for column
C1, including the condenser and the reboiler. The stages are

16

Chemical Engineering Research and Design 1 3 6 ( 2 0 1 8 ) 11–24

Fig. 6 – Proposed SRC configuration for MMH process (optimized).
numbered from top to bottom per the standard Aspen Plus
notation. The total feed of 129.6 kmol/h, which includes the
fresh MH feed and the recycled stream from column C2, is fed
to stage 2 of column C1. The column operates at 0.2 atm.
A liquid stream of 174 kmol/h at 342 K is withdrawn from
stage 2 of column C1 and pumped to the external reactor. The
volume of the reactor is 12 m3 , the same as in the base case. A
fresh methanol feedstock of 50 kmol/h is introduced directly
into the side reactor. The reaction occurs in the liquid phase
at 15 atm and requires 3500 kg of acid resin catalyst to achieve
a required yield of 99.5%. The reactor effluent at 422.8 K is fed
back to stage 14 of column C1. The distillate of column C1
(which is mostly MH with unreacted MeOH and a small trace
of DME) is fed to stage 4 of 10-stage column C2. The bottom
of column C1 that produces the desired MMH product with a
small trace of MHOH byproduct is fed to stage 3 of the 12-stage
column C3.
The purpose of column C2 is to separate the DME, which
is a byproduct of the distillate stream, while the excess MH
together with unreacted MeOH obtained from the bottom
is recycled back to column C1. Column C3 further separates MMH from MHOH as a distillate and bottom product,
respectively. The proposed configuration has some design
specifications for the three columns. Column C1 has the
design specification of 0.05 mol% of MH in the bottom stream;
column C2, 99.9 mol% and 0.08 mol% of DME in the distillate and bottom, respectively; and column C3, 99.9 mol% of
MMH in the distillate and 99.9 mol% of MHOH in the bottom.

8.

Table 1 – Basis for economic analysis.
Equipment
Reactor capital
Length and diameter in
meters
Aspect ratio = 2
Catalyst cost
Column capital
Length and diameter in
meters
Diameter: from Aspen tray
sizing
Length: NT trays with 2 ft.
spacing + 20% extra
length
Heat exchanger cost
Condenser
T = reflux drum
temperature – 310 K
Heat transfer coefficient
U = 852 W m−2 K−1
Reboiler
T = 34.8 K
Heat transfer coefficient
U = 568 W m−2 K−1

17,640(D)1.066 (L)0.802

$10/kg (Luyben, 2010)
17,640(D)1.066 (L)0.802

7296(area)0.65

Utility
costs

LP steam = $7.78/GJ (6 bar, 160 ◦ C)
MP steam = $8.22/GJ (11 bar, 184 ◦ C)
HP steam = $9.88/GJ (42 bar, 254 ◦ C)
Cooling water = $0.354/GJ
Refrigerant at 5 ◦ C = $4.43/GJ
Refrigerant at −20 ◦ C = $7.89/GJ
Refrigerant at −50 ◦ C = $13.11/GJ

Payback period

3 years

Equipment sizing

The total operating costs (TOC), total capital costs (TCC), and
total annual costs (TAC) are evaluated for the proposed SRC
configuration and are compared with a conventional configuration for a fair comparison. The equipment sizing and basis
for economics are taken from a textbook by Douglas (1988) and

Design equations for economics

Turton (2012). The catalyst cost is taken from the base-case
configuration. The detailed basis for economics and equipment sizing is summarized in Table 1.
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Fig. 7 – Sequential design optimization of SRC configuration.

9.
Design and optimization of SRC
configuration
The influence of various parameters on the design of an SRC
configuration was evaluated through a systematic sequential
approach in order to avoid an infeasible design while keeping
in view the temperature limitations of an acid resin catalyst.
The design and optimization procedure is illustrated in Fig. 7.
The total annual cost as an economic indicator was minimized
by optimizing the column pressure, side-stream flowrate, sidestream withdrawn location, and the reactor effluent stream
reentry location. The following assumptions were taken for
the design of the proposed SRC configuration:
1. The reactor volume is considered to be the same as the base
case.
2. An adiabatic side reactor is considered.
3. A reactor aspect ratio of 2 is assumed.
4. The kinetically controlled reaction occurs in the liquid
phase.

9.1.

Adiabatic side-reactor configuration

Usually, the side reactors connected to the column are
operated adiabatically. For an adiabatic side reactor, the temperature of the side stream withdrawn for an external reactor
can be maintained by adjusting the column pressure to
enhance the conversion or selectivity depending on the kinetic
parameters. The kinetic parameters for an MMH reaction
reveal that a higher reactor temperature favors conversion,
which is limited to 423 K permissible to sustain catalyst activity. In the first instance, to obtain the desired yield of 99.5%
MMH, the column pressure was fixed, and the side-stream
flow rate was manipulated so that it satisfied the reactor
operating temperature of 423 K. For this purpose, the specification of MH at 0.05% in the bottom stream of column C1
was maintained by adjusting the column reflux ratio using
the design/vary specification function in Aspen Plus. This

Fig. 8 – Side stream flow rate as a function of reactor
temperature and reboiler duty.
specification was essential to achieve a required purity of
MMH in column C3. The reactor effluent stream flows out of
a well-mixed continuous stirred tank reactor, and its intensive properties (temperature, composition, etc.) are therefore
assumed to be the same as those of the reactor contents. Since
a CSTR assumes perfect mixing, this means that a larger sidestream flow rate leads to a low reactor operating temperature
(Fogler, 1986).
Fig. 8 illustrates the relationship between the side-stream
flow rate on the adiabatic temperature rise and the column
reboiler duty. It can be seen that a large side-stream flow
rate decreases the reactor operating temperature, while the
corresponding reboiler duty increases for the column owing
to a low-temperature reactor effluent stream. For a column
operating at 0.2 atm, a side-stream flow rate of 174 kmol/h
satisfied the reactor temperature suitable for maintaining catalyst activity. Moreover, low reactor operating temperature
caused by large side-stream flow rates results in low methanol
conversion owing to the larger activation energy of the forward main reaction. This fact is illustrated in Fig. 9. The MeOH
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of catalyst loading in the side reactor to obtain the desired
MMH yield for 0.1 atm and 0.2 atm, respectively.

9.3.
Optimization of column C1 pressure and
side-stream flowrate

Fig. 9 – Side stream flow rate as a function of MeOH
conversion and MMH selectivity.

A high operating pressure for the column leads to a higher
temperature on the trays where the feed for the side reactor is withdrawn. Moreover, a high column operating pressure
requires a large side-stream flow rate in order to maintain the
reactor operating temperature of 423 K imposed by the catalyst
activation. To design the adiabatic side-reactor, at different
column pressures, the side-stream flow rate was optimized
to achieve a 99.5% MMH yield while keeping in view the
limitations imposed by catalyst sustainability. Table 2 summarizes an economic analysis of different design alternatives
to produce a 99.5% MMH yield. There are many competing
effects that must be considered during the optimization of
column pressure. The low operating pressure results in lessexpensive heat energy. In addition, lower pressure decreases
vapor density, which leads to the increase in column diameter. As illustrated, the higher operating pressure of column
C1 leads to the increase in column reboiler duty (energy cost
increases), while the column diameter can be minimized (capital cost decreases). Similarly, the high temperature on the
feed tray favors product yield due to high column pressure
and thus results in less amount of catalyst to achieve a desired
MMH yield. The minimum TAC that satisfied both the reactor
operating temperature and the desired MMH yield is associated with an optimum column pressure of 0.2 atm with a
side-stream flow rate of 174 kmol/h.

9.4.

Optimization of column trays

The capital cost of the column is directly related to the number of trays. A higher number of trays increases the column
height (to the power of 0.802 as shown in Table 1) and results
in a higher capital investment. However, the energy costs and
the corresponding capital investment in the heat exchanger
can be reduced by increasing the number of trays. All of these
competing effects are quantitatively optimized by minimizing
the total annual cost. Table 3 illustrates the effect of varying
the number of trays for columns C1, C2, and C3. Moreover, the
individual column feed location is optimized in terms of minimum reboiler duty. The optimum number of trays for columns
C1, C2, and C3 are found to be 30, 10, and 12, respectively.

9.5.
Fig. 10 – MMH yield as a function of catalyst loading (A) C1
0.1 atm, (B) C1 0.2 atm.
conversion decreases as the side-stream flow rate increases
because of the low reactor operating temperature.

9.2.

Effect of catalyst loading

In addition, the amount of catalyst in the side reactor is optimized to give a 99.5% MMH yield. Higher column pressures
require larger side-stream flow rates to maintain reactor temperature limitations. This results in a lower catalyst weight to
achieve a 99.5% MMH yield. Fig. 10A and B illustrate the effects

Optimization of reactor effluent return tray

To obtain the potential benefits of process intensification
through the SRC configuration, the precise location of the
side stream and the reactor effluent reentry trays need to be
carefully examined (Baur and Krishna, 2004). Usually, the side
stream withdrawn to the external reactor is the location where
reactants are abundant. For the MMH process, the high composition of excess reactant (i.e., MH) is at tray 2. However, the
reactor effluent reentry location is optimized based on the
minimum reboiler duty and the corresponding TAC. For this
purpose, the reactor effluent reentry location is varied to minimize the reboiler duty and the corresponding annual costs.
Fig. 11 illustrates the effect of the effluent return tray on the
reboiler load and the TAC. Minimum reboiler duty is associated
with the reactor effluent tray at tray 14. A detailed optimiza-
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Table 2 – Design alternatives for 99.5% MMH yield at different pressures.
Design alternatives for different side column pressure to obtain 99.5% MMH yield

0.1 atm

0.2 atm

0.3 atm

0.4 atm

0.5 atm

Reactor
Reactor cost (106 $)
Catalyst cost (106 $)

0.109
0.044

0.109
0.035

0.109
0.030

0.109
0.026

0.109
0.025

Column C1
ID (m)
QR (MW)
QC (MW)
TR (K)
TC (K)
Column capital cost (106 $)
Heat exchanger costs (106 $)
Operating cost (106 $/y)

3.39
1.710
3.471
352.3
316.8
0.625
0.600
0.457

2.95
2.277
3.828
371.3
333.5
0.538
0.373
0.600

2.94
3.223
4.656
383.4
346.1
0.536
0.390
0.841

2.91
4.430
5.770
392.5
354.8
0.531
0.437
1.149

2.85
6.125
7.389
399.8
362.2
0.519
0.508
1.582

Column C2
Column capital cost (106 $)
Heat exchanger costs (106 $)
Operating cost (106 $/y)

0.063
0.053
0.099

0.056
0.047
0.078

0.050
0.039
0.060

0.046
0.034
0.048

0.043
0.030
0.039

Column C3
Column capital cost (106 $)
Heat exchanger costs (106 $)
Operating cost (106 $/y)
Total capital cost (106 $)
Total operating cost (106 $/y)
TAC (106 $/y)

0.159
0.110
0.147
1.762
0.704
1.291

0.157
0.104
0.129
1.420
0.807
1.280

0.159
0.101
0.118
1.414
1.018
1.490

0.155
0.099
0.110
1.437
1.307
1.817

0.161
0.096
0.102
1.490
1.723
2.251

The bold values correspond to optimum TAC.

Table 3 – Optimization of column trays.
Total column trays (Nt)

NF
NFR-in
ID (m)
QR (MW)
QC (MW)
Shell (106 $/y)
Heat exchanger (106 $/y)
Reactor + catalyst cost (106 $)
Total capital cost (106 $)
Total operating cost (106 $/y)
TAC (106 $/y)

Column C1

Column C2

Column C3

35

30

25

12

10

8

15

12

10

2
2
2.49
1.66
3.21
0.600
0.320
0.144
1.064
0.442
0.797

2
2
2.52
1.66
3.21
0.532
0.321
0.144
0.997
0.443
0.775

5
2
2.84
2.01
3.56
0.517
0.351
0.144
1.012
0.532
0.869

6
–
0.532
0.3033
0.0022
0.045
0.044
–
0.089
0.075
0.105

4
–
0.537
0.3100
0.0024
0.038
0.045
–
0.082
0.075
0.103

3
–
0.542
0.3200
0.0095
0.030
0.047
–
0.077
0.080
0.106

5
–
1.33
0.488
0.570
0.146
0.103
–
0.248
0.126
0.209

3
–
1.34
0.489
0.571
0.119
0.103
–
0.222
0.126
0.200

3
–
1.37
0.514
0.596
0.102
0.106
–
0.208
0.132
0.202

The bold values correspond to optimum TAC.

Table 4 – Optimization of reactor effluent re-entry location.
Total number of trays NT = 30

NR-out

ID (m)
QR (MW)
QC (MW)
Shell (106 $)
Heat exchanger (106 $)
Reactor cost (106 $)
Total capital cost (106 $)
Total energy cost (106 $/y)
TAC (106 $/y)

8
2.593
1.82
3.37
0.549
0.335
0.144
1.028
0.483
0.826

The bold values correspond to optimum TAC.

10
2.474
1.570
3.122
0.522
0.312
0.144
0.979
0.419
0.745

12
2.430
1.481
3.032
0.512
0.304
0.144
0.960
0.396
0.716

14
2.417
1.456
3.007
0.509
0.302
0.144
0.955
0.390
0.708

16
2.430
1.483
3.034
0.512
0.304
0.144
0.961
0.397
0.717

18
2.487
1.602
3.150
0.525
0.315
0.144
0.984
0.427
0.755
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Fig. 11 – Effect of reactor effluent return tray location on the
reboiler duty, and the total annual cost.
Fig. 12 – Liquid composition profile of column C1.

tion of the reactor effluent reentry location is summarized in
Table 4.

9.6.

Optimization of operating pressure (C2 and C3)

The results from the optimization of the column C2 pressure was quite uncommon. For reactor operation at 423 K,
the distillate flow rate is very small, i.e., 0.21 kmol/h at 99.9%
DME purity. The required reflux ratio to maintain 0.1-mol%
MeOH impurity in the distillate stream is estimated at 0.9.
In the base-case study, the DME column runs at 10 atm to
avoid refrigeration because the normal boiling point of DME
is 248.3 K. Since the condenser duty and the distillate flow
rate are very small, operating column C2 at a lower pressure
could be beneficial. An economic analysis is performed as
illustrated in Table 5 to optimize the column pressure for a
minimum TAC. Typically, higher pressure leads to a decrease
in the column diameter as the vapor density increases. The
optimization of the operating pressure in column C2 reveals
that higher pressure actually increases the column diameter.
However, all other competing effects owing to increases in column pressure, i.e., the reduction in the condenser area and the
requirement for an expensive heat source, give typical results.
A similar observation while optimizing the column trays for a
DME column was reported in the base case by Luyben (2010).
These uncertain results might be due to several reasons. The
distillate of the column C2 was very small, i.e., 0.21 kmol/h
at 99.9% DME purity compared to the bottom flow rate of
80 kmol/h. The condenser duty was negligible (0.0024 MW)
compared to reboiler duty (0.303 MW). The minimum TAC is
associated with an operating pressure of 1 atm. However, operating column C2 at 10 atm allows the use of less-expensive
cooling water in the condenser as a heat transfer medium. At
the same time, this might create an opportunity for possible
heat integration by circulating the high-temperature bottom
stream at 494 K for energy destruction. The selection of operating pressure in column C3 is based on a study by Luyben
(2016). Since the component MMH going overhead has a higher
boiling point (424.4 K) than the temperature of cooling water
condenser (318 K), the column C3 can be operated under vacuum conditions. The optimization of pressure for column C3
reveals that operation at 0.1 atm gives a minimum TAC.

Fig. 13 – Temperature profile of column C1.

10.

Results and discussion

10.1.

Column C1

The distillate of column C1 has a total mole flow of 80.3 kmol/h.
Concentrations in the distillate are 0.34 mol% DME, 4.16 mol%
MeOH, 95.15 mol% MH, and 0.35 mol% MMH. The condenser
temperature was 334 K, so cooling water can be used. The bottom stream has a total molar flow rate of 49.51 kmol/h. The
concentrations in the bottom are 0.05 mol% MH, 99.52 mol%
MMH, and 0.43 mol% MHOH. The reboiler duty was 1.45 MW.
The reboiler temperature was 371 K using low-pressure steam.
The column diameter predicted by Aspen tray sizing was
2.42 m. The MMH yield estimated at the bottom of column C1
was 99.5% with the aid of Eq. (8).
Yield =

MMH flowrate at B1
Fresh MH flowrate

(8)

Figs. 12 and 13 show the composition and temperature profiles of column C1, respectively.

10.2.

Adiabatic CSTR (side-reactor)

The feed stream for the side reactor is withdrawn from
stage 2 of column C1. The reactor operated under adiabatic
conditions. A total feed of 174 kmol/h at 342 K is pumped
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Table 5 – Optimization of column pressure for C2 and C3 column.
Pressure (atm)

ID (m)
QR (MW)
QC (MW)
TR (K)
TC (K)
Steam
Total capital cost (106 $)
Total operating cost (106 $/y)
TAC (106 $/y)

Column C2
1
0.537
0.303
0.0024
388.2
248.4
LP
0.082
0.075
0.102

4
0.677
0.691
0.0017
445.1
285.6
MP
0.123
0.179
0.220

Column C3

6
0.727
0.847
0.0017
465.5
299.1
HP
0.137
0.263
0.309

10
0.812
1.084
0.0016
494.1
318.1
HP
0.160
0.337
0.390

0.1
1.340
0.489
0.571
401.6
352.2
LP
0.222
0.126
0.200

0.2
1.120
0.572
0.571
420.3
371.2
MP
0.198
0.154
0.220

0.3
1.060
0.638
0.583
432.1
383.3
MP
0.194
0.172
0.237

The bold values correspond to optimum TAC.

Fig. 14 – Liquid composition profile of column C2.

Fig. 15 – Temperature profile of column C2.

to the external side reactor, which operates at 15 atm. A
methanol feed of 50 kmol/h at 393 K is directly fed to the reactor. The reaction occurs in the liquid phase over a 3500-kg
acid resin catalyst. The conversion of methanol was 95.8%,
while the selectivity toward the desired product was 99%.
The reactor effluent of 174.21 kmol/h at 422.8 K is returned
at stage 14 of column C1. The conversion and selectivity
were estimated with the aid of Eqs. (9) and (10), respectively:
Conversion =
Selectivity =

10.3.

Methanol (In − Out)
Methanol In
MMH flowrate at reactor outlet
(MMH + DME + MHOH flowrate)

(9)

(10)

Column C2

The distillate of column C2 purifies the DME up to 99.9 mol%
at a very low flow rate of 0.21 kmol/h. The condenser temperature was 248.3 K, and the required 216-K refrigerant was
at $13.11/GJ. Operating column C2 at higher pressure permits
the use of cooling water. However, optimization of the pressure
reveals that 1 atm gives a minimum TAC. The bottom stream
has a flow rate of 80.09 kmol/h that contains mostly MH and
unreacted methanol, which is recycled together with a fresh
feed of MH into column C1. The resulting base temperature
was 388 K using low-pressure steam. The reboiler duty was
0.303 MW. The column diameter as predicted by Aspen tray
sizing was 0.54 m. Fig. 14 shows the composition profile, while
Fig. 15 shows the corresponding temperature profile of column
C2.

Fig. 16 – Liquid composition profile of column C3.

10.4.

Column C3

This column separates the main product MMH from the
byproduct MHOH. The overhead distillate flowrate was
49.32 kmol/h at MMH purity of 99.9 mol% and 0.05 mol% of
MH and MHOH. Column operation at 0.1 atm gives a condenser temperature of 352 K, which uses cooling water. The
condenser duty was 0.57 MW. The bottom stream has a very
small flow rate of 0.19 kmol/h with 99.9% MHOH. The base
temperature was 401.6 K which requires low-pressure steam,
while the reboiler duty was 0.488 MW. The column diameter
was predicted at 1.34 m. Fig. 16 shows the composition profile,
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of 432.1 K that now uses medium-pressure steam. The vapor
stream originating from column C3 was introduced into the
hot side of the shell and tube heat exchanger, while the liquid
split from the base of column C1 was introduced into the shell
side. The heat exchanger area required to transfer 0.58 MW
of heat into the cold stream was estimated at 56.98 m2 . Note
that the overall heat transfer coefficient U was assumed as
0.0203 (cal/s m2 K). The fully vaporized cold stream was fed
back to column C1 before passing through an auxiliary trim
reboiler that requires 0.869 MW of steam. The hot outlet is split
into two streams as an MMH product and reflux that is introduced into column C3. Since the application of multi-effect
heat integration requires additional investments for the heat
exchanger, therefore, an economic analysis is performed to
access the overall profitability.

Fig. 17 – Temperature profile of column C3.
while Fig. 17 shows the corresponding temperature profile of
column C3.

11.
Heat integrated side reactor
configuration (HI-SRC)
The incorporation of multi-effect heat integration was further
investigated using the proposed SRC configuration with the
aim of reducing the steam consumption. The multi-effect heat
integration sequence on the proposed configuration is shown
in Fig. 18. The energy recovery through multi-effect heat
integration, however, requires different pressures that permit
different temperatures in the condenser and reboiler. For this
purpose, the pressure of column C3 was increased so that it
satisfied a reasonable difference in temperature for heat transfer in column C1. The operating pressure of column C3 was
selected as 0.3 atm, where the sufficient condenser temperature was 383.4 K higher than the base temperature of column
C1 (371.3 K) for heat transfer. The reboiler duty for column C3
increases from 0.488 MW to 0.638 MW with a base temperature

12.

Economic analysis

The well-known economic indicator TAC is used for a comparison of the SRC configuration with a conventional as well
as reactive distillation processes. TAC was computed using Eq.
(11), which includes the capital cost per year and the operating
costs.
TAC =

 Capital cost 
Payback period

+ Operating cost

(11)

A payback period of 3 years was assumed as in the base
case for a fair comparison. Table 6 summarizes a head-tohead economic comparison of key performance indicators.
As expected, owing to the temperature mismatch between
the reaction and separation, process intensification through
a side-reactor configuration allows for operating savings of
20.4%, and 10.6% compared to that of conventional and reactive distillation processes, respectively. Moreover, the SRC
configuration is less expensive in terms of capital investment,
as a desired MMH yield can be achieved at smaller catalyst
weight (i.e., 3500 kg) that resulted in a decrease in column
diameter. In addition, expensive hardware design to embed

Fig. 18 – Heat integration (double-effect) for the proposed SRC configuration.
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Table 6 – Head-to-head comparison of conventional and RD processes vs. SRC, and HI-SRC configuration.
Key performance indicators

Conventional
process

RD process (Hussain
et al., 2018)

SRC
configuration

HI-SRC

Savings (%) in comparison with
Base case

Total capital investment 106 $
Total operating costs 106 $/year
Total annual cost 106 $/year

1.330
0.741
1.185

1.615
0.660
1.198

1.259
0.590
1.010

1.268
0.487
0.909

Reactivedistillation

SRC

HI-SRC

SRC

HI-SRC

5.3
20.4
14.7

4.7
34.4
23.3

22.0
10.6
15.7

21.5
26.3
24.1

The bold values correspond to optimum TAC.

catalyst can be avoided that helps in improving the overall
performance through the SRC configuration. The results from
the heat integration sequence reveal that it is possible to save a
further 34.4% in operating costs, while the corresponding TAC
can be saved up to 23.3% in comparison with the conventional
scheme.

13.

Conclusions

A distillation column coupled with a side-reactor configuration is proposed for the promising gasoline component
2-methoxy-2-methylheptane, which exhibits low solubility in
water. Traditionally, MMH is produced by a fixed bed reactor
followed by three separation columns in direct sequence. The
key problem in the conventional process is that increasing
the yield of MMH requires either a large recycle flow rate of
MH (high separation cost) or a large reaction vessel (high capital cost). Similarly, existing process intensification technique
(i.e. reactive distillation) for MMH production is described in
detail and the key problems associated with the excessive
liquid holdup was discussed. The technical and economic
feasibility of process intensification through the SRC configuration for the MMH process was carried out with the aim to
improve the energy efficiency of the conventional scheme and
to overcome the expensive design issues of reactive distillation. Keeping in view the upper-temperature limit of catalyst
activation, an SRC configuration was designed and optimized
with the aid of extensive simulation in terms of column pressure, side-stream flow rate, catalyst loading, and the reactor
effluent reentry location. Process intensification using the
SRC configuration resulted in significant savings in capital,
energy, and TAC as compared to that of conventional and
reactive distillation schemes. In addition, multi-effect heat
integration was implemented in the proposed configuration to
improve the overall energy efficiency. In future work, an effective control structure for various feed disturbances as well
as maintaining the temperature limitation of catalyst will be
studied.
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