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a b s t r a c t
A hybrid extractive distillation column (EDC) with high selectivity pervaporation (PV) is implemented in
three alcohol dehydration processes. For these dehydration processes, glycerol is chosen as an entrainer.
Initially, a conventional conﬁguration using two columns in sequence, one of which is an EDC and the
other is a recovery column (RC) for separating the glycerol/water mixture, is introduced. However, such
a conventional conﬁguration is expensive and requires high energy owing to the low operating pressure
conditions in the RC to avoid glycerol degradation. To overcome these limitations, a high selectivity PV
from a cellophane membrane is proposed to replace the RC used in the conventional conﬁguration for
separating the glycerol/water mixture. In the hybrid conﬁguration, the membrane cost increases owing to
the presence of some glycerol at the bottom of the EDC. However, the operating cost reduces due to less
energy requirement. Consequently, the simulation results show that the hybrid conﬁguration can save up
to 25% and 41% of the total annual cost and energy, respectively, compared to those of the conventional
conﬁguration. The proposed hybrid conﬁguration for the alcohol dehydration process using glycerol as
an entrainer is a promising technology for real-life industrial applications owing to the availability of a
commercial cellophane membrane.
© 2018 Taiwan Institute of Chemical Engineers. Published by Elsevier B.V. All rights reserved.

1. Introduction
In the chemical industry, distillation is one of the most important separation processes, mainly because it allows the separation of ideal and non-ideal mixtures in large-scale units. Moreover,
the separation of homogeneous and heterogeneous azeotropic mixtures has received signiﬁcant attention from the industry, particularly from an energy perspective [1,2]. Several types of distillation
methods are used, including simple distillation, partial distillation,
ﬂash distillation (equilibrium distillation), rectiﬁcation, pressureswing distillation [3–5], azeotropic distillation [6,7], reactive distillation [8], and the use of an extractive distillation column (EDC). Of
these distillation methods, EDC is one of the well-known methods
usually implemented in the separation process [9,10]. An entrainer,
which is the heaviest component in a mixture, is added to the system to separate the minimum-boiling binary azeotropes [11]. The
entrainer does not form any azeotropes with the original components and is completely miscible with them at all amounts. The
∗
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relative volatility of the original two components increases when
this heavy entrainer is added into the system. One original component can go directly to the top part of the column, and the other
will go along with the heavy entrainer to the bottom of the column.
Many aqueous alcohol solutions such as ethanol (EtOH)/water,
isopropanol (IPA)/water, and tert–butyl alcohol (TBA)/water used
in various chemical and biotechnologies are usually diluted and
need to be separated. An EtOH/water mixture is of great industrial
concern, owing to its potential as a renewable energy source that
can be used as a supplement or complete replacement to gasoline, as well as a raw material for use in alcohol industry. EtOH is
a veriﬁed clean-burning fuel. Therefore, the use of EtOH can also
decrease the amount of pollution released into the air [12]. IPA
is a basic chemical and solvent used in the production of many
chemicals, intermediates, and washing cleaners for semiconductor
processes. However, IPA is commonly mixed with water and cannot be used or reused directly, and hence, studies on separating
IPA/water mixtures are worth conducting [13]. Anhydrous TBA is
often used in the pharmaceutical industry for producing artiﬁcial
musk, essence, and raw medicines [14]. It is well known that these
alcohols form azeotropes with water, and cannot be extracted from
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Fig. 1. (a) Isovolatility curve of EtOH-water-GLY and (b) EtOH-water-EG systems.

aqueous solutions at a high concentration through conventional
distillation methods [15], and thus, a typical dehydration process
system is applied to obtain these alcohols in high purity from an
azeotropic feed composition using EDC distillation with a heavy
entrainer.
Before designing a distillation sequence in an EDC system, entrainer screening is an important step [16–18]. The presence of the
entrainer is the key difference between an EDC and simple distillation, offering a greater degree of freedom in the overall system
design. An isovolatility curve is a useful tool for the selection of a
suitable entrainer and for determining the desirable product in the
distillate stream of an EDC [19]. Fig. 1(a) and 1(b) show isovolatility
curves of an EtOH-water-glycerol (GLY) system and an EtOH-waterethylene glycol (EG) system, respectively.
From Fig. 1, it can be seen that glycerol is an effective entrainer
for an EtOH-water system. As glycerol is added, the triangle area
above the isovolatility line in Fig. 1(a) (the dashed line near the
EtOH apex of the triangle) becomes smaller than that in Fig. 1(b).
The isovolatility curve also shows that EtOH is a distillate product
in the system, because when glycerol is added to the system, the
relative volatility becomes greater than 1, causing EtOH to move
up the column [19].
Furthermore, in previous studies [20–22], the researchers focused on the dehydration processes of EtOH, IPA, and TBA using
glycerol as an entrainer. Glycerol is a byproduct in the production
of biodiesel, and is nontoxic, environmentally friendly, highly available, and inexpensive [23,24]. These features have stimulated the
exploration of new uses, e.g., as an entrainer for EDC distillation.
The isovolatility curve and the previous research results show that
glycerol can be used for bioethanol dehydration [25–27], replacing ethylene glycol, which is toxic and environmentally unsafe, and
may become prohibited in the future [27].
The present study describes the dehydration processes of EtOH,
IPA, and TBA. A process ﬂowsheet of the dehydrate EtOH process
developed by Gil et al. [20] was taken as a reference for the three
dehydration processes, as well as for glycerol, which is as an entrainer. However, the product speciﬁcations for each dehydration
process are set differently depending on the use of each type of
alcohol. There are two distillation columns, one EDC and one recovery column (RC). The RC is used to separate glycerol from water and later recycle the glycerol back to the EDC. The separation
of a glycerol/water mixture requires a process with a low operating
pressure condition because glycerol decomposes at high temperatures (290 °C at normal pressure). Separation processes that use a
very low operating pressure, in which water cannot be utilized as

a coolant, are usually very expensive, not only monetarily but also
in terms of the energy required for separation. Therefore, reducing
the total annual cost (TAC) and energy requirement has become
an important issue for the separation of a glycerol/water mixture
during the dehydration process.
Nowadays, the need to reduce the energy consumption in the
industry is increasingly attracting attention, indicating that it is
necessary to further develop and improve the existing processes
[28]. Membrane technology can be an alternative to the separation technology because the former technology does not depend
on the volatility of the components. A membrane separates the
components based on the difference in the partial pressures of
the permeant across the membrane [29]. To create a difference in
the partial pressure in a membrane, a vacuum pump is applied
to the permeating part. This type of separation offers several advantages, such as low energy consumption and high selectivity. Of
the different types of membrane technology methods, pervaporation (PV) is a promising method. In PV, the separation between
a binary or multicomponent liquid mixture is introduced through
partial vaporization using a lipophilic membrane. The feed mixture
directly interacts with one side of the membrane. The permeate is
removed as a vapor phase through the opposite side and moves
into a vacuum pump before being condensed, and separation can
occur based on the liquid-vapor phase change in the PV [30,31].
Many studies have focused on the membrane materials used
for each type of system. One of the most common commercial
membranes used in separation processes is a cellulosic membrane.
Cellulose has been well known over the last 30 years as a preferred membrane material because it is an ecologically friendly
biopolymer, is compatible with biological compounds, is relatively
inexpensive, and has hydrophilic properties [32]. Cellophane is a
commercial cellulosic membrane. Biswas et al. [33] studied a PV
unit using a cellophane membrane for the dehydration of a glycerol/water mixture.
In this study, a hybrid conﬁguration using a membrane system
is proposed. Note that the membrane system is not directly utilized to separate the alcohol and water, which makes it different
from the work by Malekpour et al. [34] that utilized a membrane
to separate IPA from water directly. The aim of the membrane
application in this study is to develop a cheaper method to separate glycerol/water mixtures. Consequently, an innovative EDC
with a hybrid PV conﬁguration is suggested for the dehydration
process of EtOH, IPA, and TBA. Based on the design procedure,
EDC is applied to obtain pure EtOH/IPA/TBA at the top stream of
the EDC. The membrane unit, PV, is used for further puriﬁcation
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Table 2
NRTL binary parameters for the IPA-water-glycerol system.

Table 1
NRTL binary parameters for the EtOH-water-glycerol system.
Component i
Component j

Glycerol
Water

Glycerol
EtOH

Water
EtOH

Component i
Component j

Water
Glycerol

IPA
Glycerol

Water
IPA

aij
aji
bij (K)
bji (K)
cij

−0.7318
−1.2515
170.917
272.608
0.3

0
0
36.139
−586.081
0.3

3.4578
−0.8009
−586.081
246.18
0.3

aij
aji
bij (K)
bji (K)
cij

0
0
617.62
−499.09
0.3

0
0
259.42
402.3
0.3

5.3852
−2.5041
−1005.06
850.87
0.3

of the glycerol/water mixture. A sequential iterative optimization
procedure is applied to optimize several design variables in each
proposed conﬁguration for minimizing the TAC. Six conﬁgurations
are proposed for EtOH, IPA, and TBA: three conventional EDC
conﬁgurations and three hybrid EDC and PV conﬁgurations. Aspen
Plus V10.0 is used as a commercial simulator for running the simulations, and Aspen Custom Modeler V10.0 is used to develop the
PV unit. The PV unit is integrated with Aspen Plus V10.0. The TAC
for the distillation column is calculated using an Aspen Process
Economic Analyzer (APEA) [35] provided by Aspen Plus V10.0.
2. Model development
2.1. Thermodynamic models
2.1.1. EtOH-water-glycerol system
An EtOH/water mixture has a minimum-boiling homogeneous
azeotrope at 78.1 °C (at atmospheric pressure) with an EtOH composition of 89 mol%. Accordingly, this mixture cannot be separated
in a single distillation column, and if fed to a column that operates
at atmospheric pressure, the purity of EtOH in the distillate cannot
exceed 89 mol%, whereas high purity water can be obtained from
the bottom. The NRTL physical property model [36] is used to describe the non-ideality of the liquid phase, and the vapor phase is
assumed to be ideal. The detailed NRTL model binary parameters
are taken from the Aspen Plus database [37]. Table 1 shows the
NRTL binary parameters of the EtOH-water-glycerol system.
2.1.2. IPA-water-glycerol system
Along with Gmehling [38], IPA (normal boiling point of
82.35 °C) has a minimum-boiling azeotrope with water (normal
boiling point of 100 °C) at 1 atm with an azeotropic temperature
of 80.1 °C and azeotropic composition of 68.70 mol% IPA. Therefore,
these two components cannot be separated into a single column.
In this study, glycerol is chosen as an entrainer to aid in the separation. The reason for choosing glycerol, as reported by Zhang et al.
[21], is that, at the EDC operating temperature, the vapor pressure
of glycerol is very low and thus the properties of glycerol are similar to those of ionic liquids [39,40], which have been widely studied for their potential use in EDC distillation [41–46].
For this three-component system, the NRTL model will be used
to describe the non-ideality of the liquid phase, whereas the vapor
phase is assumed to be ideal. The NRTL model parameters of the
components are taken from Zhang et al. [21]. The complete NRTL
model parameters are shown in Table 2. All other physical property
model parameters are taken from the built-in values of Aspen Plus
[37].
2.1.3. TBA-water-glycerol system
Liquid-vapor equilibrium data for a binary mixture of TBAglycerol were reported by Aniya et al. [22]. TBA has a minimumboiling azeotrope with water at 1 atm with an azeotropic composition, namely, a TBA mole fraction of 0.6259 and an azeotropic
temperature of 79.9 °C. The NRTL model is used to predict the activity coeﬃcients, as well as the ideal gas model for the fugacity

Table 3
NRTL binary parameters for the TBA-water-glycerol system.
Component i
Component j

Water
Glycerol

TBA
Glycerol

TBA
Water

aij
aji
bij (K)
bji (K)
cij

−1.2515
−0.7318
272.608
170.917
0.3

9.46553
−1.53891
−1659.26
58.5991
0.3

−0.6868
7.0893
203.419
−1372.38
0.3

coeﬃcient. The binary interaction parameters for the NRTL model
are taken from the Aspen Plus database [37], with the exception
of the TBA-glycerol pairing, which is obtained through a regression
of the experimental data from Aniya et al. [22]. The NRTL binary
parameters of the TBA-water-glycerol system are shown in Table 3.
2.2. Membrane model
Biswas et al. [33] reported the inﬂuence of the process parameters for the dehydration of glycerol-water mixtures with pervaporation both experimentally and through a simulation. From their
experiment results, pure water was found as the permeant because
the membrane is selective to water. The selectivity coeﬃcient of
the membrane is inﬁnite [33,47,48]. In this study, the membrane
unit used is a commercially available cellophane ﬁlm, the same as
that used by Biswas et al. Based on this model, the rate of permeation is mainly controlled by the mass transfer boundary layer
resistance. The effects of the process parameters on the rate of permeation are estimated and veriﬁed using a simple unsteady-state
model for the transport of solute under a concentration polarization regime [33]. The ﬂux through a membrane for pure water can
be written as

nw =

Dwg

δm



Cuw − Cdw



(1)

where Cuw and Cdw are correlated with the bulk concentrations.
The permeability of pure water is temperature dependent and
can be expressed through the Arrhenius relation:

κ = κ0 exp(−E/RT).

(2)

Therefore, the ﬂux equation becomes as shown in Eq. (3) when
pure water is obtained as the permeant:





d
nw = κ Psat
w − P /δm Vw

(3)

A detailed derivation of Eq. (3) can be found in a published paper by Biswas et al. [33].
In these equations, variable C is the total concentration
(kmol/m3 ); Dwg is the diffusivity of water in glycerol (m2 /s); E
is the activation energy (kJ/kmol); n is the ﬂux (kmol/m2 s); Pd
is the downstream pressure (N/m2 ); Psat is the vapor pressure
(N/m2 ); R is the universal gas constant (kJ/kmol K); T is the temperature (K); V is the molar volume (m3 /kmol); subscripts i and
w are the component and water; superscripts d and u are the
downstream interface and upstream interface, respectively; δ m is
the membrane thickness (m); κ is the permeability of pure water
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Fig. 2. Flux of water (kg m−2 s−1 ) vs. temperature (°C).

(m3 (stp)m m−2 s−1 (N m−2 )−1 ); and κ 0 is the Arrhenius constant
(m3 (stp)m m−2 s−1 (N m−2 )−1 ).
From Biswas et al.’s study [33], data on the permeation
rate of pure water as a function of temperature were obtained.
Thus, the calculated values of κ 0 and E/R are 0.65227 cm3 (stp)
cm cm−2 s−1 (cmHg)−1 and 5322 K, respectively. From the permeability data, the ﬂux of water can be obtained. As the ﬂux of water (nw = kmol/m2 .s) is known, the ﬂux of glycerol is calculated by
multiplying the ﬂux of water by the ratio of the molar composition
of glycerol to water in the permeate. As noted in this work, the ratio of the molar composition of glycerol to water in the permeate
was assumed as 0.001/0.999. Based on those information, a pervaporation model was developed in Aspen Custom Modeler V10.0.
Later on, the pervaporation model was integrated with Aspen Plus
V10.0. Fig. 2 shows the results of the model validation between the
reference [33] and the present study for the relation between the
ﬂux of water (kg m−2 s−1 ) and the temperature (°C).
3. Dehydration processes using conventional EDC conﬁguration
The process ﬂowsheet applied for the dehydration process using
glycerol as an entrainer is referenced from Gil et al. [20]. In their

work, they utilized two distillation columns: an EDC and an RC.
The azeotropic feed compositions and glycerol are fed to the EDC,
where the dehydration of the desired component takes place. The
bottom product of the EDC is fed to the RC, where the glycerol is
separated from water and is recycled to the EDC. Note that a small
glycerol stream is added to balance the small glycerol losses in the
top stream of both columns. The operating pressure in the EDC is
ﬁxed at 1 atm, whereas that in the RC is ﬁxed at 0.02 atm, to avoid
a thermal degradation of glycerol owing to the high temperature
[20]. This process ﬂowsheet will be implemented for the three alcohol dehydration processes described in this study. However, the
target purities are set differently based on the use of each alcohol
product. As a similarity among the three alcohol dehydration processes considered in this study, the feed composition fed to the RC
is set for no alcohol to remain in the stream, and thus the further
separation task focuses only on both components (glycerol/water
mixture). Details of this process, including the optimization procedure for each dehydration process, are given in the following subsections.

3.1. Dehydration EtOH process
The optimal ﬂowsheet of EtOH/water separation with glycerol
as the entrainer can be seen in Fig. 3. The EtOH/water azeotrope
mixture and the entrainer are fed into the EDC using stages between the feed stages of the entrainer and azeotropic (AZ) feed
as the extractive section, and the stages below the AZ feed as
the stripping section. The presence of glycerol adjusts the relative
volatility between the EtOH and water, causing the EtOH to move
to the top part of the column, and the water to move down to the
bottom part. EtOH with the desired purity is obtained in the top
stream of the EDC. In the stripping section, EtOH as the lightest
component is stripped toward the extractive section of the column
resulting in only negligible EtOH in the bottom stream of the EDC
(gly/water feed). This gly/water feed stream is fed into the RC to
produce nearly pure water in the distillate and nearly pure glycerol at the bottom of the column. Glycerol as a heavy entrainer
will be recycled back to the EDC. To balance the very small losses
of entrainer in the top stream of both columns, a small stream of
glycerol should be added.

Fig. 3. Optimal process ﬂowsheet of the EtOH dehydration process.
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The product speciﬁcations are set as follows: 99.7 mol% of EtOH
in the EtOH stream, and 99.8 mol% of glycerol in the glycerol recycle stream. The AZ feed ﬂow rate is assumed to be 100 kmol/h
(89 mol% of EtOH and 11 mol% of water). The operating pressure
of the EDC is 1 atm, and that of the RC is 0.02 atm, owing to the
limitation of glycerol, which can be decomposed at high temperatures.
The design variables to be determined in the ﬂowsheet include
the following: the total number of stages of the EDC (NT1), the
AZ feed stage (NF1), the glycerol mixed feed stage (NFE), the total number of stages of the RC (NT2), the gly/water feed stage
(NF2), and the glycerol recycle ﬂow rate (E). Based on studies by
Knight and Doherty [49] and Doherty and Malone [11], the entrainer feed temperature can also be considered as another design
variable, and thus a cooler is built into the ﬂowsheet. Moreover, Gil
et al. [20] mentioned that low reﬂux operations need an entrainer
to be fed at temperatures of between 70 °C and 80 °C to maintain
the purity of the distillate, and they chose an entrainer feed temperature of 80 °C. Therefore, the same entrainer feed temperature
is applied in the present study.
A sequential iterative optimization search is applied to ﬁnd
the optimal value for each of the six design variables mentioned
above. Note that an entrainer recycle ﬂow rate is taken as an
external cycle. Thus, after the glycerol recycle ﬂow rate is changed,
the total stages and feed stage should be adjusted to minimize
TAC [50–53]. The two design speciﬁcations in the EDC are the
following: setting the top composition at 99.7 mol% EtOH, and
setting the bottom composition at an EtOH mole fraction of
1e−5 . These two design speciﬁcations can be met by varying the
remaining two degrees of freedom in this column (e.g., reboiler
duty and reﬂux ratio). The design speciﬁcation of the RC is a
bottom composition of 99.8 mol% glycerol, which can be met by
varying the reboiler duty of the RC. One degree of freedom in the
RC is chosen as the bottom ﬂow rate, which is one of the design
variables that will be optimized.
The total annual cost (TAC) is used as the objective function to
be minimized, which includes the annualized capital and operating costs. The capital costs include the column shell, trays, reboiler,
cooler, and condenser. The operating costs include the electricity
for operation of the pump, steam, refrigerant, and cooling water
for operation of the reboiler, condenser and cooler. The calculations
for both columns are calculated using an Aspen Process Economic
Analyzer (APEA) [35] provided by Aspen Plus V10.0. Fig. 4 shows
the optimization procedure used to minimize the TAC by varying
the six design variables.
Fig. 5 shows the sensitivity results for the six design variables.
From this plot, the optimal number of stages of the EDC (NT1) is
20, with the best NF1 at the 12th stage and the best NFE at the
second stage (stages are counted from top to bottom, with the condenser as the ﬁrst stage and the reboiler as the last stage). The
optimal number of stages of the RC is 6 with the best NF2 at the
third stage. The separation capability of the columns will improve
when the total number of stages of both the EDC and RC increases.
This means that the energy requirement will decrease while the
capital cost increases. The opposite also occurs, which means there
is a trade-off for all stages of both columns. The optimal NT1 and
NT2 are the best number of stages for the given speciﬁcations in
this EtOH dehydration process. As a result, the total duty of this
optimal conventional EDC conﬁguration for the EtOH dehydration
process is 1668.4 kW with an optimal TAC of $6.56 × 106 , and the
optimal glycerol ﬂow rate is 43 kmol/h. Compared to Gil et al.’s
study, the duty of the optimal conventional case of this study is
a bit higher owing to the target purities, which are set differently.
The total duty of Gil et al.’s study [20] was 1627.8 kW, which is
2.4% lower than the result in this study.
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Fig. 4. Flowchart of sequential iterative optimization procedure.

3.2. Dehydration IPA process
Based on the ﬂowsheet of the EtOH dehydration process, the
same ﬂowsheet is applied for the IPA dehydration process. Fig. 6
shows the optimal ﬂowsheet of the IPA/water separation with glycerol as the entrainer. The difference between the IPA dehydration
process and the EtOH dehydration process is in the product speciﬁcation, which is set as follows: 95 mol% of IPA in the IPA stream
(over 96 wt% of IPA [13]). The AZ feed ﬂow rate is assumed to
be 100 kmol/h (67 mol% of IPA and 33 mol% of water). The glycerol composition in the glycerol recycle stream is set as 99.8 mol%
of glycerol. In addition, the operating pressure is set as 1 and
0.02 atm for the EDC and RC, respectively.
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Fig. 5. Optimization results of the EtOH dehydration process.

Fig. 6. Optimal process ﬂowsheet of the IPA dehydration process.

There are also six design variables that will be optimized using
a sequential iterative optimization search. These six design variables are the total number of stages of the EDC (NT1), the AZ feed
stage (NF1), the glycerol mixed feed stage (NFE), the total number
of stages of the RC (NT2), the gly/water feed stage (NF2), and the
glycerol recycle ﬂow rate (E). The minimum TAC is still utilized as
the objective function, which includes the annualized capital and
operating costs. The calculations for both columns are calculated
in a similar manner as the dehydration EtOH process using an Aspen Process Economic Analyzer (APEA) [35] provided by the Aspen
Plus V10.0. The optimization procedure used to minimize the TAC
by varying the six design variables follows the steps of the EtOH
dehydration process, as described in the previous section.
Fig. 7 shows the sensitivity results for these six design variables. From this plot, the optimal number of stages of the EDC
(NT1) is 16, with the best NF1 at the tenth stage and the best NFE
at the third stage. The separation capability of the columns will

improve when the total number of stages of the EDC increases,
which means that the energy requirement will decrease while the
capital cost will increase. The opposite also occurs, which means
that there is a trade-off regarding the total number of stages of the
EDC. The optimal NT1 is the best number of stages for the given
speciﬁcations in this IPA dehydration process. The optimal number
of stages of the RC is 4, with the best NF2 at the third stage. For
NT2 and NF2, at lower than this stage, the desired purity cannot
be achieved. As a result, the total duty of this optimal conventional
EDC conﬁguration for the IPA dehydration is 2076.0 kW with an
optimal TAC of $6.67 × 106 , and the optimal glycerol ﬂow rate is
43 kmol/h.
3.3. Dehydration TBA process
For the TBA dehydration process, the process ﬂowsheet also
refers to the dehydration EtOH process. The optimal ﬂowsheet for
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Fig. 7. Optimization results of the IPA dehydration process.

Fig. 8. Optimal process ﬂowsheet for the TBA dehydration process.

the TBA/water separation with glycerol as the entrainer is shown
in Fig. 8. The product speciﬁcations set for this dehydration process are as follows: 99.999 mol% of TBA in the TBA stream, and
99.8 mol% of glycerol in the glycerol recycle stream. The AZ feed
ﬂow rate is assumed to be 100 kmol/h (62.59 mol% of TBA and
37.41 mol% of water). The operating pressure is maintained at 1
and 0.02 atm for the EDC and RC, respectively.
For this dehydration process for a TBA/water system, there are
six design variables that will be optimized using a sequential iterative optimization search, similar as done for dehydration EtOH and
IPA processes. The minimum TAC (including the annualized capital and operating costs) is still utilized as the objective function
of the optimization procedure. The calculations for both columns
are calculated in a similar manner as in the dehydration EtOH and
IPA processes using an Aspen Process Economic Analyzer (APEA)
[35] provided by Aspen Plus V10.0. The optimization procedure
used to minimize the TAC when varying the six design variables

follows the steps used in the dehydration EtOH process described
in the previous section.
Fig. 9 shows the sensitivity results for the six design variables.
From this plot, the optimal number of stages of the EDC (NT1) is
51, with the best NF1 at the 19th stage, whereas the optimal number of stages of the RC (NT2) is 7, with the best NF2 at the third
stage. The separation capability of the columns will improve when
the total number of stages of both the EDC and RC increases. This
means that the energy requirement will decrease while the capital
cost increases. The opposite also occurs, which means that a tradeoff exists for the total number of stages of both columns. The optimal NT1 and NT2 are the best total number of stages for the given
speciﬁcations in this TBA dehydration process. As a result, the total
duty of this optimal conventional EDC distillation conﬁguration for
TBA dehydration is 1432.4 kW with an optimal TAC of $7.32 × 106 ,
and the optimal glycerol ﬂow rate is 80 kmol/h.
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Fig. 9. Optimization results of the TBA dehydration process.

Table 4
Detailed information for each dehydration process using conventional EDC.
EtOH case

IPA case

TBA case

80
20

59
41

68
32

$4,582,230
$1,978,940
$6,561,170

$4,614,030
$2,057,720
$6,671,750

$5,401,560
$1,921,830
$7,323,390

1542.7
125.7
1668.4

1230.9
845.1
2076.0

948.9
483.5
1432.4

entering the RC, which means a higher duty is required to move all
of the water to the top stream of the RC.

GLY/Water feed (mol%)
Glycerol
Water
Cost ($)
Capital cost
Operating cost
Total Cost
Duty (kW)
EDC
RC
Total Duty

3.4. Comparison of three conventional dehydration processes using
EDC
Table 4 shows the TAC and energy requirements for each dehydration process, as well as information on the glycerol/water composition fed to the RC. As Table 4 indicates, the most expensive of
the three processes is the TBA dehydration process, which is possibly due to the total number of stages of the EDC (NT1) in the
TBA case, which requires many stages to obtain the desired purity.
However, the IPA dehydration process has the highest energy requirement, which can be explained based on two considerations.
First, if the EDC is observed, the highest reboiler duty is found
for the EtOH case. This occurs owing to the smaller AZ water feed
composition in the EtOH case compared to the two other cases. In
the EtOH case, the AZ water feed composition is 11 mol%, whereas
the AZ water feed composition in the IPA case is 33 mol%, and is
37.41 mol% in the TBA case. A smaller AZ water feed composition
entering the EDC means a higher reboiler duty is required to move
the desired alcohol toward the top section of the column. Second, if the RC is observed, the highest reboiler duty is obtained in
the IPA case. This occurs owing to the glycerol composition in the
gly/water feed affecting the duty of the RC. The simulation results
show that a smaller glycerol composition in the gly/water feed results in a higher duty of the RC, the reason for which is more water

4. Dehydration processes using hybrid EDC with PV
conﬁguration
As mentioned in the Introduction, a separation process for a
glycerol/water mixture normally requires a low operating pressure
to separate glycerol from water owing to the limitation of glycerol decomposing at high temperatures. In a conventional EDC, a
single recovery column is utilized to separate glycerol from water. The recovery column is operated at 0.02 atm to avoid a thermal degradation of glycerol at high temperature. The low operating pressure increases the TAC of this process compared to normal
operating pressure conditions. For this reason, a novel conﬁguration is proposed in this study to overcome the high cost of separating a glycerol/water mixture during the dehydration process.
By referring to the conventional EDC conﬁguration, a hybrid EDC
with a membrane conﬁguration is proposed in this study. Pervaporation (PV) with high selectivity is applied as the membrane unit
in this hybrid conﬁguration. A cellophane membrane is chosen for
this study owing to its high selectivity toward water on the permeate side. The PV unit acts as a recovery column in a conventional
process for separating glycerol from water.
For the design of the PV unit, it is assumed as a simple membrane model that considers the mass balance in a single block
without any discretization, as shown in Fig. 10. Several additional
assumptions are made when building this membrane unit, such as
a constant total pressure in the three parts of the membrane (feed,
retentate, and permeate), a solution-diffusion transport mechanism, the permeability being unrelated to pressure, the partial
pressure of the component in the feed being the partial pressure
before the membrane, the partial pressure of the component in the
permeate being the partial pressure after the membrane, a negligible pressure drop from the feed to the retentate, and a constant
volume. The following sub-sections discuss the hybrid EDC with a
PV conﬁguration for the three alcohol dehydration processes. The
optimal PV unit is explored, and the optimal ﬂowsheet is obtained
for each dehydration process.
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Fig. 10. Simple membrane model assumed as a single block unit (n is the ﬂux
(kmol/m2 s), and x and y are the mole fractions).

4.1. Hybrid dehydration EtOH process
Fig. 3 in the previous section shows that the separation process
of the glycerol/water mixture occurs in a single recovery column
(RC) operated at 0.02 atm. In this study, a PV unit is proposed
to handle the role of the RC in the conventional conﬁguration.
The proposed hybrid conﬁguration is expected to make the process
more proﬁtable compared to the conventional conﬁguration, as observed from the TAC perspective or energy requirement. Fig. 11
shows the optimal ﬂowsheet of the hybrid dehydration EtOH process conﬁguration.
As shown in Fig. 11, a membrane unit, which is a high selectivity PV unit, is implemented during the process. A commercial
cellophane membrane is applied as a membrane type for a PV unit
in this study, as mentioned earlier. The membrane feed temperature is one of the important variables that can allow the membrane to work optimally. Dogan and Hilmioglu [47] reported that
a signiﬁcant weight loss of the cellophane membrane takes place
within a temperature range of 30 0 °C to 60 0 °C. This high temperature is also a limitation for glycerol because glycerol can be
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decomposed at 290 °C. Therefore, the membrane feed temperature
is set at 185.6 °C, allowing the thermal degradation of the cellophane membrane and glycerol to be avoided. Note that the permeate pressure of the PV unit is set at 0.0067 bar. Thus, the area of
the PV unit required is 45 m2 to obtain 99.9 mol% of water on the
permeate side and a glycerol purity of 99.8 mol% on the retentate
side.
In this hybrid conﬁguration, the optimization process is implemented as well and the objective function of the optimization
process is the minimum TAC. The TAC of the hybrid conﬁguration
includes the operating cost and the annualized capital cost of the
column and membrane. The capital costs of the column include
the column shell, trays, reboiler, cooler, and condenser. The operating costs of the column include the electricity for the operation
of the pump, the steam and cooling water for operation of the
reboiler, condenser and cooler. The column cost is calculated using
an Aspen Process Economic Analyzer (APEA) [35] provided by
Aspen Plus V10.0. However, for the membrane unit, the cost is
manually calculated because Aspen Plus does not provide such
calculations for this membrane model. Since the information of
the cost and lifetime of the cellophane membrane have not been
published yet in open literature, in this study those are assumed
similar to the work of Szitkai et al. [54], wherein their membrane
price was based on industrial practice for a dehydration ethanol
process. In this study, the membrane cost consists of two parts:
the membrane material which has cost per m2 and the membrane
modules which have cost per module [28]. The membrane replacement cost was taken from Szitkai et al. [54] as 1111,37 US$/m2 ,
updated with the Chemical Engineering Plant Cost Index (CEPCI).
The lifetime of the membrane was assumed to be three years
[54]. For the vacuum pump, the capital and operating costs refer
to Woods [55] and Oliveira et al. [56], respectively. Thus, the
capital costs of the membrane include the membrane material,
membrane module, membrane replacement, vacuum pump, feed
pump, and cooler. The operating costs of the membrane include
the electricity for operation of the vacuum pump and the chilled
water for operation of the cooler.
Fig. 12 shows the ﬂowchart of the optimization procedure for
the hybrid conﬁguration. There are ﬁve variables require to be

Fig. 11. Flowsheet of the hybrid EDC with PV conﬁguration for the dehydration EtOH process.
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optimized. These ﬁve design variables are the total number of
stages of the EDC (NT1), the AZ feed stage (NF1), the glycerol
mixed feed stage (NFE), the membrane area (A), and the glycerol
recycle ﬂow rate (E). Fig. 13 shows the sensitivity result of this
optimization procedure.
From Fig. 13, it is found that the optimal recycling ﬂow rate
of glycerol is at 48 kmol/h. As a result, this hybrid conﬁguration
for the dehydration EtOH process has an optimal energy requirement and TAC of 1529.2 kW and $5.20 × 106 , respectively, which is
equivalent to 8% and 21%, respectively, compared to the conventional conﬁguration of the dehydration EtOH process.
4.2. Hybrid dehydration IPA process
Based on the hybrid conﬁguration of the dehydration EtOH process, the same ﬂowsheet is applied for the dehydration IPA process.
Fig. 14 shows the optimal hybrid conﬁguration for the IPA/water
separation with glycerol as the entrainer.
The product speciﬁcations of the PV unit are set similar to the
hybrid conﬁguration of the dehydration EtOH process: 99.9 mol%
of water on the permeate side, and a glycerol purity of 99.8 mol%
on the retentate side. However, the membrane area required by
the IPA dehydration process is larger than that required by the
EtOH dehydration process. The membrane area required to obtain
the desired product speciﬁcations is 248.5 m2 . The membrane feed
temperature in this process is set to 145.4 °C.
The minimum TAC is also analyzed for this process. Fig. 15
shows the optimal results for the hybrid dehydration IPA process.
The calculation of the membrane is the same as that applied
in the EtOH dehydration process. As a result, the energy requirement and TAC of this hybrid conﬁguration are 1220.2 kW and
$4.99 × 106 , which are equivalent to 41% and 25% compared to the
conventional conﬁguration, respectively, where the optimal rate of
glycerol recycling in this hybrid conﬁguration is 78 kmol/h.
4.3. Hybrid dehydration TBA process
Based on both hybrid conﬁgurations of the dehydration
EtOH and IPA processes, the same ﬂowsheet is applied for the
Fig. 12. Flowchart of optimization procedure for hybrid conﬁguration.

Fig. 13. Optimization results of the dehydration EtOH process in the hybrid conﬁguration.
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Fig. 14. Flowsheet of the hybrid EDC distillation with PV conﬁguration for the IPA dehydration process.

Fig. 15. Optimization results of the dehydration IPA process in the hybrid conﬁguration.

dehydration TBA process. Fig. 16 represents the optimal hybrid
conﬁguration for the TBA/water separation with glycerol as the
entrainer.
The product speciﬁcations of the PV unit are set as 99.9 mol%
of water on the permeate side, and a glycerol purity of 99.8 mol%
on the retentate side. The membrane area required in the TBA dehydration process is 221.2 m2 . The membrane feed temperature in
this process is 152.2 °C.
The minimum TAC is also analyzed for this process. The optimal
glycerol recycle ﬂow rate is 80 kmol/h, as can be seen in Fig. 17.
The calculation of the membrane is the same as that applied in the
previous hybrid conﬁgurations. As a result, the energy requirement
and TAC of this hybrid conﬁguration are 947.7 kW and $5.75 × 106 ,

which are equivalent to 34% and 21%, respectively, compared to the
conventional conﬁguration.
4.4. Comparison of three hybrid dehydration processes using EDC
with PV
Table 5 shows the TAC and energy requirements for each hybrid
conﬁguration of the three dehydration processes, as well as information on the membrane feed temperature and the membrane
area for each dehydration process. As indicated in Table 5, a higher
membrane feed temperature means a smaller membrane area is
required. The membrane feed temperature is set similar to the
bottom temperature of the EDC in the conventional conﬁguration,
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Fig. 16. Flowsheet of the hybrid EDC with PV conﬁguration for the TBA dehydration process.

Fig. 17. Optimization results of the dehydration TBA process in the hybrid conﬁguration.

which can save the heater/cooler costs required for setting the
membrane feed temperature. The bottom temperature in the
EDC has a correlation with the amount of water in the bottom
stream (gly/water feed stream). When the amount of water in the
gly/water feed stream is low, the bottom temperature is high owing to the higher energy required to move the alcohol component
to the top part of the EDC, which is the reason why the bottom
temperature of the EDC in the EtOH dehydration process is the
highest compared to the two other dehydration processes. The
composition of water in the gly/water feed stream in the conventional conﬁguration of the EtOH dehydration process is 20 mol%,

whereas in the IPA and TBA dehydration processes it is 41 and
32 mol%, respectively. Owing to this condition, the IPA dehydration
process has the highest membrane capital cost but the lowest
operating cost (for column and membrane) compared to the two
other dehydration processes. The lowest total operating cost in
the IPA dehydration process occurs as a consequence of replacing
the RC with the PV unit. In the conventional conﬁguration of the
IPA dehydration process, the RC has the highest reboiler duty
compared to that of the two other dehydration processes. The
lowest operating cost veriﬁes that a higher economic saving can be
provided when using a hybrid EDC with a PV conﬁguration for a
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Table 5
Detailed information on each dehydration process using hybrid conﬁguration compared to conventional conﬁguration (shown in Table 4).

Membrane feed temperature (°C)
Membrane area (m²)

EtOH case
185.6
45.0

IPA case
145.4
248.5

TBA case
152.2
221.2

Cost ($)
Hybrid conﬁguration
Column
Capital cost
Operating cost
Membrane
Capital cost
Operating cost
Total Cost
Conventional conﬁguration
Total Cost
Saving (%)

and energy savings of up to 25% and 41%, respectively, compared
to the conventional EDC conﬁguration for the dehydration process.
A hybrid conﬁguration for alcohol dehydration using glycerol as
an entrainer can be a promising technology in the actual industry
owing to the availability of a commercial cellophane membrane.
Acknowledgments

$3,280,050
$1,754,910

$3,178,430
$1,359,210

$3,915,320
$1,370,060

$129,304
$40,227
$5,204,491

$345,301
$108,938
$4,991,879

$326,529
$138,213
$5,750,122

$6,561,170
21%

$6,671,750
25%

$7,323,390
21%

Duty (kW)
Hybrid conﬁguration
EDC
Total Duty
Conventional conﬁguration
Total Duty
Saving (%)
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Appendix

1529.2
1529.2

1220.2
1220.2

947.7
947.7

1668.4
8%

2076.0
41%

1432.4
34%

dehydration process using glycerol as an entrainer. As an additional
advantage, the thermal degradation of glycerol can also be avoided
in the hybrid conﬁguration. The simulation results prove that decreases of up to 25% and 41% in the TAC and energy requirements
can be achieved, respectively, when the hybrid conﬁguration is implemented in a dehydration process using glycerol as an entrainer,
as compared to a conventional conﬁguration. The high potential of
a hybrid conﬁguration can be implemented in the actual industry
for alcohol dehydration using glycerol as an entrainer owing to
the availability of a commercial cellophane membrane.

A. Membrane cost calculation
The data used to calculate the membrane costs (the membrane
material and module costs) were taken from Lee et al. [28]. The
cost of the membrane replacement was taken from Szitkai et al.
[54]. The membrane lifetime was assumed as three years during
the calculation. The capital and operating costs of the vacuum
pump referenced Woods [55] and Oliveira et al. [56]. In this study,
a Chemical Engineering Plant Cost Index (CEPCI) of 567.3 was used
for cost updating.
A.1. Cost of membrane material



The membrane material cost [$] is 387.5 m2

(A1)

A.2. Cost of membrane module

5. Conclusions
In this study, a hybrid conﬁguration combining an EDC and a
membrane system was proposed for three alcohol dehydration processes (EtOH, IPA, and TBA). In the conventional conﬁguration, the
dehydration process utilizes two columns in series for separating
the glycerol/water mixture: an EDC and an RC. The RC is operated
under low operating pressure conditions owing to the thermal
degradation of glycerol, which must be avoided at high temperatures. A process ﬂowsheet of the EtOH dehydration process was
ﬁrst built up, and later implemented in the two other dehydration
processes. Glycerol is chosen as an entrainer for the three alcohol
dehydration processes as a substitute for ethylene glycol, because
glycerol is nontoxic, environmentally friendly, highly available, and
inexpensive. In the conventional conﬁguration, the glycerol composition in the gly/water feed affected the duty of the RC. The simulation results showed that a smaller glycerol composition in the
gly/water feed resulted in a higher duty of the RC, because when
more water entered the RC, additional duty was required to move
all water to the top stream of the RC. The RC was operated under
a low pressure of 0.02 atm owing to the thermal degradation
of glycerol at high temperatures. Consequently, the conventional
conﬁguration would have a high TAC owing to this limitation. An
intensiﬁed hybrid conﬁguration utilizing a high selectivity PV unit
was proposed to enhance the TAC and the energy eﬃciencies of
the conventional EDC distillation conﬁguration during the alcohol
dehydration process. By replacing the RC with a PV unit, the
hybrid EDC with the PV conﬁguration provided a further reduction
in the TAC and energy required for the dehydration process. Thus,
the proposed hybrid EDC with a PV conﬁguration afforded TAC




The membrane module cost [$] is 125550 ×

A
324

0.3
(A2)

where A [m2 ] is membrane area for each module.
A.3. Cost of membrane replacement
The membrane replacement cost is taken from Szitkai et al.
[54] as 1111.37 US$/m2 , updated with the CEPCI. In this study, the
membrane life time is assumed as 3 years.
A.4. Cost of vacuum pump

The vacuum pump cost [$] is 4200 ×



×

60 × Fp × 8.314 × 273.15
3600 × 101.325

0.55

CEPCI13
CEPCI83
(A3)

where Fp is the total permeation rate through the membrane
[kmol/h].
A.5. Cost of feed pump

The feed pump cost [$] is 26700 ×
×

 24 × F × 3600
F

CEPCI 13
CEPCI 83

0.53

50 0 0 0

where FF is the total feed rate to the pump [m3 /s].

(A4)
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A.6. Power of vacuum pump

The annual cost of power [$] is 8150 × 0.04
×

 F 8.314 T  k   1.013 (kr /kr −1)
r
P
3600

kr −1

Pop

−1

(A5)

where kr is the heat capacity ratio (1.33), and Pop is the pressure
on the permeate side.

A.7. Chilled water cost
In this work, the permeate side is 0.0067 bar. The use of chilled
water is necessary to cool the permeate in the liquid. The price of
chilled water is $4.43/GJ.
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