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Hydrogen is an important clean energy carrier that can facilitate and promote clean energy production and
mitigate greenhouse gas emissions. However, long-term storage and long-distance transportation of hydrogen are
challenging owing to its low energy density, which can be effectively enhanced via liquefaction, an energy- and
cost-intensive process. Commercial hydrogen liquefaction processes exhibit specific energy consumptions in the
range of 12.0–15.5 kWh/kg with an exergy efficiency of 19.0%–23.6%. This study presents an energy-efficient
and cost-effective process configuration for producing liquid hydrogen through stepwise cooling and subse
quent ortho–para conversion. The energy intensive precooling cycle is divided into two sub-cycles employing
carbon dioxide as a refrigerant. This process exploits the benefits of carbon dioxide in a simple yet efficient
configuration. A specific energy consumption of 7.63 kWh/kg was achieved, along with an exergy efficiency of
31.4%. The coefficient of performance and figure of merit of this study was 0.16 and 0.31, respectively. Eco
nomic evaluation yielded total equipment and total annualized costs of $12.3 million and $24.2 million/year,
respectively. The proposed process can assist in achieving a sustainable and green energy economy by enhancing
the overall hydrogen value chain through competitive and efficient hydrogen storage and transportation.

1. Introduction
The ever-increasing global energy demand for sustaining economic
growth has increased the standard of living of humans. However, this
has adversely affected the environment via greenhouse gas (GHG)
emissions, which have compelled industrialists and environmentalists to
work on alleviating these issues. GHG emissions can be reduced by
introducing and promoting clean energy sources such as hydrogen (H2),
which is widely considered as a clean and multi-purpose energy carrier
with applications in various sectors such as transportation, electricity
generation, and industry [1]. The importance of H2 cannot be over
emphasized, especially because of the approximately-threefold-increase
in global H2 demand since 1975 [2]. Owing to this increasing demand
and its clean characteristics, H2 may replace conventional fuels in the
near future; thus, intercontinental or intercountry transportation of H2 is

vital for the global energy mix. In addition to transportation, long-term
H2 storage is crucial—particularly in the case of excess H2 or excess
electricity—because of the complementary and interconvertible nature
of H2 and electricity.
Long-term storage and transportation of H2 are important in the
context of its low energy density (0.01 MJ/L) under ambient conditions
[3]. Similar to liquefied natural gas (LNG), liquid H2 (LH2) facilitates the
effective transportation and storage of H2 by increasing its energy
density to 8.5 MJ/L at 1 bar [3]. Nevertheless, the liquefaction of H2 is a
highly complex and energy-intensive process. For instance, 25%–35% of
the initial quantity of H2 is required to produce saturated LH2 at 1 bar
[2]. Ideally, a specific energy consumption (SEC) of approximately 2.7
kWh/kg is required for the liquefaction of H2 at a pressure of 20 bar [3].
Technologies such as the Claude and Brayton cycle-based processes are
currently popular for producing LH2. The Claude and Brayton processes
are employed for capacities ranging from 2 to 15 and < 3 tons per day,
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liquefaction process with an SEC of 7.69 kWh/kg. However, the use of
eight refrigeration cycles and six reactors in this complicated process can
cause issues in terms of understanding and commercialization [12].
Kuz’menko et al. [13] performed precooling of H2 to − 193 ◦ C in four
different process schemes, which yielded SECs of 12.7–13.5 kWh/kg
[13]. in their recent review on the design and optimization of H2
liquefaction processes, Yin and Ju [14] reported that precooled H2
liquefaction processes exhibit SEC values in the range of 12.14–79.80
kWh/kg, depending on the process configuration [14]. Similarly, in
their review, Krasae-in et al. reported the SEC values of precoolingassisted H2 liquefaction processes to be 24.8–35.0 kWh/kg [15]. Sada
ghiani and Mehrpooya proposed a H2 liquefaction process assisted by
MR based precooling cycle. Their process precools H2 till − 193 ◦ C at an
SEC of 4.35 kWh/kgLH2 [16]. The same process was further analyzed by
Ansarinasab et al. [17] in terms of exergoeconomic and exergoenvir
onmental analyses. They concluded that due to high exergy destruction
rate in heat exchangers, the exergoeconomic factor is low. The overall
exergy efficiency of their process was 55.47% [17]. Precooled LH2
production can be improved by the efficient selection of refrigerants and
designing optimal process configurations.
High energy consumption and process complexity, which are the
major challenges associated with H2 liquefaction, were addressed in this
study by developing an energy-efficient and simple process for LH2
production, which exploits the benefits of CO2 in the precooling section
and produces LH2. The proposed process liquefies H2 by adopting four
refrigeration cycles and three reactors for ortho–para conversion. The
designed process was further examined by exergy and economic ana
lyses to evaluate its thermodynamic and economic potential.

Nomenclature
GHG
LH2
COP
FOM
ODP
THCC
TCI
OC
HX
LNG
SEC
SRE
GWP
MITA
TDCC
GRC
TAC

Greenhouse gas
Liquid hydrogen
Coefficient of performance
Figure of merit
Ozone depletion potential
Temperature heat flow composite curves
Total capital investment
Operating cost
Cryogenic heat exchanger
Liquefied natural gas
Specific energy consumption
Specific refrigeration effect
Global warming potential
Minimum internal temperature approach
Temperature difference composite curves
Grass root cost
Total annualized cost

respectively, and exhibit corresponding SECs of approximately
10.8–12.7 and 12.3–13.4 kWh/kg [4]. Linde’s Ingolstadt and Leuna
plants employ well-known commercial LH2 production processes that
exhibit SECs of approximately 13.6 and 11.9 kWh/kg, respectively [5].
An additional challenge associated with the production of LH2 in
volves the ortho–para conversion of H2 isomers. At 25 ◦ C, H2 is
composed of 75% ortho and 25% para isomers with opposite rotational
movements. The energy level of the ortho state is higher than that of the
para state; therefore, a reduction in temperature leads to the conversion
of the ortho H2 into para H2 to maintain equilibrium by releasing energy.
However, this conversion is slow because of the low rate of reaction
(0.0114 h− 1) and its exothermic nature, whereby a large amount of
energy that is sufficient to evaporate LH2 is released [6]. This
exothermic ortho–para conversion of H2 isomers make the LH2 process
energy-intensive and complex. Typically, catalysts such as Iron(II,III)
oxide (Fe3O4), Iron(III) oxide (Fe2O3), and Nickel dihydroxide (Ni(OH)2)
are employed to promote this conversion during LH2 production [7],
and are generally embedded inside a heat exchanger on the H2 side [3].
The major issues associated with LH2 production involve energy
intensity and process complexity, which must be addressed to develop
energy-efficient and cost-effective process designs for H2 liquefaction.
Several conceptual studies have been conducted on evaluating the
energy-saving potential of these processes. For instance, Krasae-in [8]
developed a large-scale H2 liquefaction process and analyzed the effects
of the pinch temperature and pressure drop inside a heat exchanger on
the SEC. Increasing the pinch temperature led to an increase in the SEC,
wherein the SEC at a pinch temperature of 3 ◦ C with a pressure drop of
0.1 bar (5.56 kWh/kg) decreased to 5.0 kWh/kg at a pinch temperature
of 1 ℃ without a pressure drop [8]. Sadaghiani et al. [9] investigated a
mixed refrigerant (MR)-based LH2 production process with four
isothermal reactors by conducting energy and exergy analyses, which
indicated that the designed process had an SEC of 7.646 kWh/kg with an
exergy efficiency of 32% [9]. Similarly, Ansarinasab et al. [10] con
ducted an advanced exergy-based and exergo-economic evaluation of an
MR-cascaded process of H2 liquefaction without considering ortho–para
conversion, which revealed cryogenic heat exchangers as the major
sources of exergy destruction, particularly unavoidable exergy destruc
tion [10]. Recently, Qyyum et al. [11] proposed a hydrogen liquefaction
process assisted by three mixed fluid cascaded refrigeration cycles with
two-stage ortho-to-para conversion. The total SEC of the process was
6.45 kWh/kg with 92% para in final 100% saturated LH2.
The impact of precooling on H2 liquefaction has also been analyzed.
For example, Asadnia and Mehrpooya [12] designed a precooled H2

2. Methods
The methods adopted in this study are described below. The problem
statement is initially defined, followed by the justification of the use of
carbon dioxide (CO2) as a precooling refrigerant. The simulation of the
designed process in Aspen HYSYS® v11 is subsequently explained, fol
lowed by the analysis of the simulated process in terms of design vari
ables, composite curves, exergy, coefficient of performance (COP), and
figure of merit (FOM). The economic evaluation of the proposed study is
finally described.
2.1. Problem statement: hydrogen liquefaction
The H2 liquefaction process is energy-intensive primarily because of
its low liquefaction temperature (− 252.1 ◦ C) at 1.013 bar. Generally, H2
liquefaction is performed in three main steps: precooling, cooling, and
liquefaction. The selection of temperatures in these steps is critical
because of the ortho–para conversion of H2 during temperature reduc
tion. Fig. 1 shows the ortho–para conversion behavior with respect to
temperature; the corresponding data were obtained from McCarty et al.
[18]. The temperature dependence and exothermic nature of this
ortho–para conversion results in the generation of heat. An increase in
the amount of para H2 leads to the release of more heat to maintain
equilibrium with ortho H2, resulting in a high heat of conversion at low
temperatures. Moreover, the ortho–para conversion, which is low at
high temperatures (particularly above − 125 ◦ C) changes rapidly below
− 140 ◦ C. Therefore, the first reactor was incorporated in the tempera
ture range of − 140 to − 160 ◦ C, with the precooling temperature also
being maintained in this range. Similarly, the cooling temperature was
set to be in the range of − 210 ◦ C to –230 ◦ C because the second reactor
was installed in this temperature range to promote the ortho–para
conversion. The heat of conversion in this temperature range is at its
maximum (~527 kJ/kg in − 210 ◦ C to − 230 ◦ C) and above these tem
peratures, the change in heat of conversion is negligible. Similarly, the
third reactor was employed at the liquefaction temperature to achieve
maximum conversion. The exothermic nature of the ortho–para con
version reaction, which releases a large amount of energy, imparts an
2

A. Naquash et al.

Energy Conversion and Management 251 (2022) 114947

additional load on the refrigeration cycles.
The precooling section is the most energy-intensive part of H2
liquefaction, primarily because the precooling temperature is typically
maintained in the range of − 140 to − 160 ◦ C. The remarkably high en
ergy consumption in this section, owing to the large temperature dif
ference from ambient conditions to − 160 ◦ C, can be reduced by dividing
this precooling section into two sub-cycles, in accordance with the
second law of thermodynamics. A similar strategy has been employed in
the LNG AP-X process [19], wherein stepwise precooling was adopted to
enhance the process efficiency. Therefore, the precooling of H2 was
conducted stepwise in two sub-cycles in this study to improve the energy
efficiency of the overall H2 liquefaction, particularly in the precooling
section.

2.3. Proposed process of hydrogen liquefaction

2.2. Hydrogen precooling: carbon dioxide utilization

The precooling cycle reduces the temperature of H2 to − 160 ◦ C via
the two refrigeration cycles. CO2 is employed as a pure refrigerant in the
first refrigeration cycle, which reduces the temperature of H2 to − 55 ◦ C.
CO2 is first compressed to 77.0 bar in a compression unit equipped with
interstage coolers and subsequently condensed to 5.2 bar prior to isen
thalpic expansion. The CO2 stream (61) exchanges its cold energy with
the H2 stream (GH2) and refrigerant stream (68) after this expansion.
The MR for the precooling cycle II further reduces the temperature of H2
to − 160 ◦ C. This refrigerant stream is compressed to 60 bar and
condensed by traversing through HX2. The condensed stream (20) is
expanded to 1.99 bar in the E2 expander. Stream 21, which exits E2,
exchanges its cold energy with the H2 stream and the refrigerant hot
stream in HX2 and is recycled to complete its refrigeration loop. After
precooling, the H2 stream (70) is fed to reactor R1 to enable conversion
of para H2 from 25% to 35%, after which the H2 stream (73) enters HX3
and exits at − 230 ◦ C, assisted by the cooling cycle. The MR of the cooling
cycle undergoes compression to 54 bar in a series of compressors
equipped with interstage coolers. The high-pressure stream (40) enters
HX3, exits at − 230 ◦ C (41), subsequently enters E3 for isentropic
expansion to 1.4 bar, and reenters E3 to exchange its cold energy with
the H2 stream (79) and refrigerant hot stream (40). After exchanging
heat, stream 22 is recycled to the compression unit to complete the
refrigeration loop. The H2 stream (80) exiting HX3 undergoes para H2
conversion from 35% to 85% in reactor R2. Stream 83, which exits
reactor R2, is fed to HX4 to reduce its temperature to − 248.1 ◦ C, which
is facilitated by the liquefaction cycle. The MR of the liquefaction cycle
is compressed to 29 bar as it traverses through compressors K7, K8, and
K9. The high-pressure stream is cooled and condensed through subse
quent temperature reductions in HX2, HX3, and HX4. After exiting HX4,
stream 64 enters E4 and exits at 1.4 bar. This low-pressure stream re
enters HX4 and leaves at − 48 ◦ C to enter the compression stage. The H2
stream (84) exiting HX4 is directed to reactor R3 for further ortho–para
conversion of H2. After conversion to 99% para H2, the pressure of the

The liquefaction of H2 involves precooling, cooling, and liquefaction,
with the precooling cycle being further divided into two sub-cycles:
precooling cycles I and II. All these cycles employ a compression unit
equipped with interstage coolers, a main cryogenic exchanger, and a
turbine, as shown in Fig. 2. The refrigerant mixtures used in these cycles
are CO2, C2, nitrogen (N2), methane (C1), propane (C3), H2, and helium
(He), as described below.
•
•
•
•

In the precooling section of the H2 liquefaction system, the first subcycle precools H2 in the temperature range of − 40 to − 80 ◦ C. The two
main refrigerant candidates in this temperature range are CO2 and
ethane (C2), which exhibit boiling points (BPs) of − 78.5 and − 89 ◦ C,
respectively. The thermophysical and environmental properties of these
refrigerants are presented in Table 1.
The values of the COP, specific refrigeration effect (SRE), and FOM in
Table 1 were calculated based on the use of C2 and CO2 as pure re
frigerants for precooling H2 to − 55 ◦ C. This temperature was selected by
considering the freezing point of CO2 at the evaporation pressure (5.2
bar), which is higher than the triple point pressure of CO2. Similar
pressure ratios were employed in the refrigeration cycles of CO2 and C2
to enable a fair comparison. As indicated by Table 1, CO2 exhibited
exceptional performance owing to its higher values of SRE, COP, and
FOM compared to those of C2. Moreover, CO2 is an environmentally
benign refrigerant because of its comparatively low global warming
potential (GWP) and ozone depletion potential (ODP) [20]. Addition
ally, CO2 can be produced in-house during the production of H2 through
steam methane reforming of natural gas, indicating benefits in terms of
CO2 make-up and refrigerant inventory management. Therefore, CO2
was employed as the precooling refrigerant in the proposed H2 lique
faction process.
600
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Table 1
Thermophysical and environmental properties of CO2 and C2.
Properties
Boiling point (℃)
Freezing point (℃)
Critical temperature (℃)
Critical pressure (bar)
SRE (kJ/h)
COP
FOM
GWP [20]
ODP [20]

0
-250 -225 -200 -175 -150 -125 -100 -75 -50 -25

0

Precooling cycle I: CO2
Precooling cycle II: N2, C1, C2, and C3
Cooling cycle: H2, N2, C1, and C2
Liquefaction cycle: N2, H2, and He

25

Temperature (oC)
Fig. 1. Changes in the ortho–para composition and the heat of conversion with
respect to temperature [18]
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41.35
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0.0637
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− 182.8
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22.41
0.29
0.0340
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Fig. 2. Process flow diagram of the proposed H2 liquefaction process.

H2 stream (87) is reduced to 1.3 bar through isentropic expansion. The
final product collected after this expansion is 99% para H2 and is at
− 252 ◦ C and 1.3 bar. The equilibrium data used for the ortho–para
conversion reaction in reactors R1, R2, and R3 were obtained from a
previous study [21].

Table 3
Composition data (mol.%) of the various process streams

2.4. Process simulation
The designed process was simulated using the popular Aspen
HYSYS® v11 commercial process simulation software. The modified
Benedict–Webb–Rubin (MBWR) model, which is a prominent equationof-state used to calculate the thermodynamic properties of H2 [22], was
employed, and the Peng–Robinson (PR) equation-of-state [23] was
adopted to calculate the refrigerant properties. Moreover, the following
important assumptions were made during the process simulation:

Table 2
Design parameters and constraints of the proposed process
of H2 liquefaction
Feed condition
Flow rate (kg/s)
Temperature (◦ C)
Pressure (bar)
Feed composition (mole %)
Ortho-H2
Para-H2
Product condition
Flow rate (kg/s)
Temperature (◦ C)
Pressure (bar)
Product composition (mole %)
Ortho-H2
Para-H2
Design Constraint
MITA (◦ C)

o-H2

p-H2

H2

N2

C1

C2

C3

CO2

He

1 ~ 21
22 ~ 42
43 ~ 65
66 ~ 74
GH2 ~ 76
79 ~ 80
83 ~ 84
87 ~ LH2

0
0
0
0
75
65
85
1.0

0
0
0
0
25
35
15
99

0
40
62
0
0
0
0
0

20
20
10
0
0
0
0
0

30
20
0
0
0
0
0
0

20
20
0
0
0
0
0
0

30
0
0
0
0
0
0
0

0
0
0
10
0
0
0
0

0
0
28
0
0
0
0
0

2. The pressure drops across the cryogenic exchangers were set at 0 bar.
3. The heat loss to the surroundings was zero.
4. Water was used as a cooling medium in the interstage coolers and
after-coolers.
5. The inlet temperature of the water was set to 10 ◦ C.
6. The outlet temperature of the process stream after it exited the
interstage coolers and after-coolers was fixed at 25 ◦ C.

1. The efficiencies of the compressors and expanders were fixed at 80%.

Design Parameters

Stream ID

The design parameters and constraints of the proposed process
simulation were obtained from Asadnia and Mehrpooya (Table 2) [12].
The conditions of each stream are listed in Table S1 in the Supple
mentary Information.
The composition of H2 changes from ortho to para and the compo
sitions of the refrigerants differ among the refrigerant cycles, as shown
in Table 3.

Values [12]
1.157
25
21
0.75
0.25

2.4.1. Simulation and validation
The present study was simulated using Aspen HYSYS® v11 by
commercial process simulation software, which has been widely adop
ted to simulate liquefaction processes. Identical simulation strategies
have been adopted, for instance, by Asadnia and Mehrpooya [12],
Krasae-in [8], Yang et al. [24], and Ansarinasab et al. [10] for H2
liquefaction processes. The thermodynamic package used herein
(MBWR) was adopted and validated by Eckrol et al. [22] for simulating
H2 liquefaction processes. Furthermore, the ortho–para conversion was

1.157
− 252.1
1.3
0.01
0.99
~1.0
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validated against experimental data by Harkness and Deming [21].

latter being related to the composition of mixtures. Because the process
of H2 liquefaction involves changes in the temperature, pressure, and
chemical compositions, both physical (exph,i ) and chemical exergies
(exch,i ) were considered in the exergy analysis conducted herein, and
were calculated as follows:

2.5. Thermodynamic evaluation
A thermodynamic evaluation of the proposed process was conducted
based on design variable analysis, composite curves, exergy analysis,
COP, and FOM.

exph,i = (hi − ho ) − To (si − so )
∑
exch,i =

2.5.1. Design variables analysis
The effects of design variables, such as refrigerant flowrates, suction
pressure, and discharge pressure of refrigeration cycles, on energy
consumption were evaluated and analyzed.

xi eCH
+ RTo
i

∑
xi lnxi

(1)
(2)

where xi represents the mole fraction of the ith component in the
represents the standard chemical exergy of the ith
stream and eCH
i
component, as obtained from reference [26]. The physical exergy values
were obtained from the Aspen HYSYS stream properties, and the
chemical exergy values were calculated using Equation (2). The exergy
destruction of the involved equipment was calculated using the equa
tions presented in Table S2 in supplementary information [27].
The overall exergy efficiency of a process is calculated as follows:
(
) (
)
Exproduct − ExFeed
μex =
(3)
Wtotal

2.5.2. Design parameter analysis
The design parameters play an important role in thermodynamic
feasibility and efficiency of a process. In this study, the sensitivity
analysis is performed to analyze the effects of design parameters. The
design parameters considered in this study are feed flowrate, feed
temperature, feed pressure, coolers outlet temperatures, and product
temperature. The design variables values are kept fixed in performing
sensitivity analysis. The lower and upper limit of the design parameters
are in the range of ±3% [25]. The effect of variation of these parameters
is evaluated in terms of MITA value. The MITA value is a critical
constraint that ensures thermodynamic feasibility of process, and its
value must be positive i.e., >0℃. Another important performance
parameter to measure is SEC, however, its value is strictly dependent on
MITA. For example, by changing design parameter values, there is a
possibility of achieving low SEC, but the MITA constraint should not be
compromised. Therefore, the key evaluation parameter is MITA value in
sensitivity analysis.

2.5.5. Coefficient of performance and figure of merit
The thermodynamic efficiency of liquefaction is generally evaluated
using the COP and FOM. The COP primarily gauges the performance of
the refrigeration cycle in terms of the work required for heat removal.
The removed heat can be calculated using the difference between the
enthalpies of the feed and the product streams. The COP for the process
of H2 liquefaction was calculated as follows:
COP =

2.5.3. Composite curves
Composite curves are graphical techniques that assist in visualizing
the heat transfer potential of both hot and cold streams. These curves
indicate the relationship between the heat flow (x-axis) and the tem
peratures of the streams (y-axis). The composite curves of the hot and
cold streams are referred to as the hot and cold composite curves,
respectively. The hot composite curve is always on top of the cold
composite curve, and the distance between these composite curves
represents the value of the minimum internal temperature approach
(MITA). These curves depict the patterns of heat flow with respect to the
temperature along the length of the heat exchanger for both the hot and
cold streams. Additionally, the hot and cold composite curves can be
interpreted with respect to the temperature and the value of MITA
because positive MITA values ensure the thermodynamic feasibility and
efficiency of processes. The relationships between temperature and heat
flow are indicated by the temperature–heat-flow composite curves
(THCCs), whereas those with respect to MITA are indicated by the
temperature-difference composite curves (TDCCs).

ṁ × (hGH2 − hLH 2 )
Wtotal

(4)

where hGH2 and hLH2 represent the enthalpies of the H2 stream in the
gaseous (feed) and liquid states (product), respectively, ṁ represents the
mass flow rate of H2, and Wtotal represents the amount of required work
(actual).
Similarly, the FOM is used to examine the process of liquefaction in
terms of the minimum required work compared with the actual work
performed. The minimum required work can be calculated using the
difference between the exergies of the product and the feed streams. The
FOM for the process of H2 liquefaction can be calculated as follows:
FOM =

ṁ × (ExLH2 − ExGH2 )
Wtotal

(5)

where ExLH2 and ExGH2 represent the exergies of the liquid (product)
and gaseous H2 (feed), respectively.
2.5.6. Economic evaluation
Economic evaluation provides a preliminary estimate regarding the
economic feasibility of a process. Guthrie’s method (module costing
technique), which was adopted in this study for economic evaluation
[28], is typically used to estimate the costs of new chemical plants. The
equations [28] and cost constants [28] used for estimating costs in this
technique are presented in Tables S3 and S4 in supplementary infor
mation, respectively. The payback period was set to five years, and the
plant maintenance cost was fixed at 2% of the total capital investment
(TCI) [29]. In typical H2 liquefaction processes, the Fe2O3 catalyst is
embedded inside cryogenic heat exchangers to promote the ortho–para
conversion; therefore, the cost of Fe2O3 can be calculated as follows [7]:

2.5.4. Exergy analysis
Exergy analysis is a thermodynamic analytical method based on the
second law of thermodynamics. The first law of thermodynamics is used
to evaluate energy according to a conservation principle by which en
ergy changes from one form to another but remains constant in its total
value. However, energy analysis alone is insufficient for evaluating and
improving energy processes because it only calculates the process effi
ciency. In contrast, exergy analysis is used to calculate and locate the
sources of process inefficiencies and thermodynamic losses. Exergy is
mainly categorized into two types: physical and chemical, with the
former being based on the temperature and pressure of a system, and the
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Co
Ceq
)
C
Ceq

Table 5
Refrigerant mass flow rates in the various refrigeration cycles of the
proposed process

(6)

where Co, C, and Ceq represent the initial, achieved, and equilibrium
concentrations, respectively; n represents the feed flow rate (mol/s); and
kv represents the volumetric rate constant (mol/(cm3s)). The catalyst
weight was estimated using the bulk density of the catalyst and its
volume, which was calculated using Equation (6). The bulk density of
Fe2O3 is 1.2 g/cm3 [7]. The catalyst cost was subsequently calculated by
multiplying the catalyst weight by the current price of the catalyst,
which is $20/kg for Fe2O3 [30].

Refrigerants
Precooling cycle-I
CO2
Total
Precooling cycle-II
N2
C1
C2
C3
Total
Cooling cycle
H2
N2
C1
C2
Total
Liquefaction cycle
H2
N2
He
Total
Total refrigerant flowrate

3. Results and discussions: Performance analysis
The performance of the designed process in terms of the design
variables, composite curves, exergy, COP, FOM, and economic
perspective was analyzed.
3.1. Design variables analysis
The design variables of the liquefaction process are typically exam
ined in terms of the SEC and refrigerant flow rates. Table 4 lists the
design variables and the SECs of the refrigeration cycles of the proposed
process, and Table 5 presents the mass flow rates of the refrigerants
corresponding to the refrigeration cycles.
Table 4 indicates that the precooling cycle I and II has a SEC of 2.37
kWh/kg, which is 31% of the total SEC, whereas the other two cycles
account for a major part of the total SEC (~69%). The design variables
for precooling cycle I, temperature and pressure, were carefully selected
as temperature and pressure below − 57 ◦ C and 5.1 bar, respectively, the
pure CO2 undergoes solidification. To avoid this phenomenon, the
evaporation pressure was set above 5.1 bar. Furthermore, the total
refrigerant flow rate in precooling cycle I (6.0 kg/s) is the lowest among
the cycles; however, precooling cycle II exhibits the highest refrigerant
flow rate (28.7 kg/s), as shown in Table 5. This is because it comprised

Precooling cycle -I
Refrigerant flow rate (kg/s)
Suction pressure (stream − 66) (bar)
Discharge pressure (stream − 72) (bar)
Precooling temperature (◦ C)
SEC (kWh/kg)
Precooling cycle -II
Refrigerant flow rate (kg/s)
Suction pressure (stream − 21) (bar)
Discharge pressure (stream − 19) (bar)
Precooling temperature (◦ C)
SEC (kWh/kg)
Cooling cycle
Refrigerant flow rate (kg/s)
Suction pressure (stream − 42) (bar)
Discharge pressure (stream − 40) (bar)
Cooling temperature (◦ C)
SEC (kWh/kg)
Liquefaction cycle
Refrigerant flow rate (kg/s)
Suction pressure (stream − 65) (bar)
Discharge pressure (stream − 61) (bar)
Liquefaction temperature (◦ C)
SEC (kWh/kg)
Total SEC (kWh/kg)

6.0
6.0
5.4
4.7
5.8
12.8
28.7
0.5
3.9
2.2
4.2
10.9
1.5
3.3
1.3
6.2
52.03

~45% of C3, which is a high-boiling refrigerant. The presence of both
high- and low-boiling refrigerants improved the energy efficiency of the
process. For example, when the C3 flow rate in precooling cycle II was
increased, the SEC of the corresponding cycle decreased; however, the
liquefaction cycle led to an infeasible region primarily because it
imparted an additional load on the liquefaction cycle. Similarly, when
the C3 flow rate was reduced, the SEC of precooling cycle II increased.
Therefore, the C3 flow rate was optimally selected to enhance the energy
efficiency of the cycle, while maintaining an MITA value of ~1 ◦ C. In the
cooling cycle, the temperature of H2 was reduced to − 230 ◦ C using an
optimal combination of C1, C2, N2, and H2. This mixture mainly
comprised a high-boiling refrigerant (C2) along with a small percentage
(4.6%) of a low-boiling refrigerant (H2). High-boiling refrigerants
cannot independently achieve a low temperature of − 230 ◦ C, regardless
of their flow rates, at pressures above the atmospheric pressure.
Therefore, a low-boiling refrigerant was added to the mixture. Although
this low-boiling refrigerant (H2) was capable of independently achieving
a temperature of − 230 ◦ C, its SEC was high. For instance, the overall SEC
of the proposed process increased by approximately 33.3% when only a
pure refrigerant (H2) was used in the cooling cycle. Similar behavior was
noted with respect to the liquefaction cycle, which comprised mainly N2
with a small percentage of He. However, the liquefaction cycle was
facilitated by precooling cycle II and the cooling cycle for the conden
sation of the refrigerant mixture. This assisted in maintaining the
refrigeration load as the precooling cycle II was the most energyintensive cycle owing to its low temperature. Moreover, the liquefac
tion cycle utilized low-molecular-weight H2 and He, which were the
most energy-intensive refrigerants; low-molecular-weight components
are known to require large amounts of compression energy, which in
creases the overall SEC.

Table 4
Design variables and SECs corresponding to the different refrigeration
cycles
Refrigeration cycles

Values (kg/s)

Values
6.0
5.2
77
− 55
0.26
28.9
1.99
60
− 160
2.11
10.9
1.40
54.0
− 230
2.45

3.2. Design parameters analysis

6.2
1.40
29.0
− 248.1
2.81
7.63

The sensitivity analysis is performed the measure the effect of design
parameters on process performance. The results are presented in this
section. Fig. 3 (a), (b), and (c) show the effect of varying feed flowrate
(kg/s), feed temperature (℃), and feed pressure on MITA value.
It can be seen from Fig. 3 (a) that the feed flowrate has a prominent
effect on MITA value of HX4. This is because at the outlet of HX4, the feed
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Fig. 3. The effect on MITA value by varying (a) feed flow, (b) feed temperature, and (c) feed pressure.

H2 is liquified and the variation in feed flowrate requires change in design
variable values to meet the liquefaction requirements. The other HXs didn’t
show prominent change mainly because of cascaded effect of liquefaction
cycle. In Fig. 3 (b), the feed temperature has no significant effect on MITA
values of HXs. However, feed pressure has shown significant effect on MITA
values (Fig. 3 (c). The pressure effect is most prominent in HX3 and HX4.
For instance, in HX4, when pressure is increased, the MITA value is
increased which means that the liquefaction temperature is lowered, and
less refrigerant flowrate is required to liquefy H2. However, additional
compression would be required to increase the pressure of feed H2.
In Fig. 4, the effect of cooler temperatures is observed on MITA values.
These coolers are the compressor after-coolers before HXs. The other
coolers (interstage coolers) have no effect on the MITA values. Fig. 4 (a)
shows that the change in temperature of cooler (C12) of precooling cycle I
has no prominent effect on MITA value. This is because in HX1, there is a
large temperature difference at hot end and upon changing the C12 tem
perature, there is no significant change in this temperature difference.
Further, in Fig. 4 (b), the cooler (C3) shows prominent effect on MITA value
of HX2 as because both these equipment are connected in series and any
change in cooler (C3) temperature will affect HX2 MITA value particularly
because of less temperature difference at hot end of HX2. Cooler (C6) has

shown an effect of change in temperature on MITA values of HX3 and HX4.
Cooling and liquefaction cycles are cascaded, therefore, any change in
cooling cycle (C6 temperature) will also affect HX4. Similarly, in Fig. 4 (d),
the cooler (C9) has a significant effect on MITA value of HX2. This is
because of the cascaded process configuration.
Fig. 5 shows the effect of change in stream (84) temperatures i.e.,
product temperatures on MITA values. It is analyzed that the product
temperature has prominent effect on HX4. This is because Stream (84) is
the outlet of HX4 which can directly affect the MITA value of HX4. At lower
temperatures, the MITA value decreases as because more refrigerant
flowrate to achieve this low temperature. It is important to note that in the
simulation of expanders, the inlet temperature and outlet pressure are the
design parameters. The variation of pressure, by keeping inlet temperature
fixed, shows effect only on expander power. However, the variation in inlet
temperature effects on the MITA values of HXs. Therefore, it is mandatory
to vary and check the effect of inlet temperature on MITA values.
Furthermore, the inlet temperature of expander (E5) largely effects the
liquefaction rate at the outlet of E5. In this study, the liquefaction rate was
considered ~92% (End flash gas: 08%). This liquefaction rate can be
increased by further decreaseing stream (84) temperature which may in
crease SEC.
7

A. Naquash et al.

Energy Conversion and Management 251 (2022) 114947

(b)

(a)
1.040
1.035

MITA HX1
MITA HX2
MITA HX3
MITA HX4

1.025

1.6

MITA (oC)

1.030

MITA (oC)

MITA HX1
MITA HX2
MITA HX3
MITA HX4

1.8

1.020
1.015
1.010

1.4
1.2
1.0

1.005

0.8

1.000
0.995
23.6

23.8

24.0

24.2

24.4

24.6

24.8

25.0

0.6

25.2

24.2

24.4

Cooler (C12) outlet temperature (oC)

(c)

25.0

25.2

25.4

25.6

25.8

Cooler (C3) outlet temperature ( C)

(d)
1.6

MITA HX1
MITA HX2
MITA HX3
MITA HX4

1.5

1.04

1.4

MITA (oC)

MITA (oC)

24.8

o

MITA HX1
MITA HX2
MITA HX3
MITA HX4

1.05

24.6

1.03

1.02

1.3
1.2

1.01

1.1

1.00

1.0
24.2

24.4

24.6

24.8

25.0

25.2

25.4

Cooler (C6) outlet temperature (oC)

25.6

24.2

25.8

24.4

24.6

24.8

25.0

25.2

25.4

25.6

25.8

Cooler (C9) outlet temperature (oC)

Fig. 4. The effect on MITA value by varying (a) cooler (C12) outlet temperature, (b) cooler (C3) outlet temperature, (c) cooler (C6) outlet temperature, and (d) cooler
(C9) outlet temperature.

MITA HX1
MITA HX2
MITA HX3
MITA HX4

6
4

MITA (oC)

2
0
-2
-4
-6
-258

-256

-254

-252

-250

-248

-246

-244

-242

-240

-238

Stream (84) temperature (oC)
Fig. 5. The effect on MITA value by varying product temperature (Stream 84).
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Fig. 6. (a) THCC and (b) TDCC of the HX1 heat exchanger.

3.3. Composite curve analysis

large gap between − 10 and − 60 ◦ C, which is primarily due to a turning
point in the cold composite curve. This turning point represents the
phase change of the C2-C3 mixture and is significantly affected by the
evaporation pressure. An increase in the evaporation pressure resulted
in the turning point moving toward the hot end, which reduced the size
of the gap between the THCCs and lowered the value of MITA to below
1 ◦ C. Therefore, the evaporation pressure must be set within an optimal
range to maintain a positive value of MITA. Moreover, the value of MITA
approaches 57.1 ◦ C owing to the gap at the hot end, indicating the
significant potential for improving the energy efficiency of the cycle.
The addition of another high-boiling refrigerant is an effective strategy
for improving this efficiency, which can reduce the large gap.
Fig. 8 shows the THCCs and TDCCs of HX3. Although the THCCs
exhibit narrow gaps on both the hot and cold sides, the gap in the middle
region is large because of the high-boiling refrigerants that undergo a
liquid-to-vapor phase change. For instance, the gap in middle region was
specifically affected by C2 because increasing and decreasing the
amount of C2 in the mixture increased and decreased the gap, respec
tively; however, this also affected the value of MITA and the overall SEC.
The effect on MITA can be observed in the TDCCs. As shown in Fig. 8(b),
the values of MITA on both the hot and cold sides are below ~12.0 ◦ C,
whereas that in the middle region is 40.8 ◦ C. This peak appears because
of the flow rate of phase change C2.
Similarly, Fig. 9 shows the THCCs and TDCCs of HX4. The THCCs

The THCCs and TDCCs of HX1, in which pure CO2 was utilized to
precool H2 to − 55 ◦ C, are shown in Fig. 6. Although the MITA constraint
(~1 ◦ C) is satisfied at both ends of HX1, the composite curves exhibit a
large gap mainly because of the phase change of the cold stream of CO2
in HX1, which consumes both latent and sensible heat. Increasing the
flow rate of CO2 removed this bend in the cold composite curve because
only latent heat was employed to remove heat from the hot streams;
however, the SEC of the cycle increased. Similarly, reducing the CO2
flow rate did not provide sufficient cold energy for precooling H2. The
gap between the THCCs indicates the value of MITA (approach tem
perature), as shown in Fig. 6 (b). The TDCCs should be short but must be
above 0 ◦ C to ensure thermodynamic feasibility. Fig. 6 (b) indicates that
the value of MITA reaches 72 ◦ C. This elevated TDCC has the potential to
improve the energy efficiency of the cycle. In this cycle, the heights of
the curves are mainly related to the phase change of CO2, and can be
modified by altering the flow rate, condensation, and evaporation
pressure of the refrigeration cycle. For instance, when the flow rate was
increased and decreased, the value of MITA increased and became
negative, respectively. Similarly, the value of MITA increased at the hot
and cold ends via increases and decreases in the condensation and
evaporation pressures, respectively.
Fig. 7 shows the THCCs and TDCCs of HX2. The THCCs exhibit a
(a)

(b)
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Fig. 7. (a) THCC and (b) TDCC of HX2.
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Fig. 11. Temperature–enthalpy relationship of the H2 stream.

Fig. 10. Temperature–enthalpy phase envelopes with varying ortho–para
compositions.
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exhibit a smooth and small gap between the hot and cold composite
curves, with a small gap at the cold end that is primarily due to the
presence of nitrogen. Decreasing and increasing the percentage of ni
trogen increased and decreased the size of the gap in the THCCs,
respectively, with the latter leading to negative MITA values. The value
of MITA, which peaked at 13.3 ◦ C (Fig. 9(b), decreased upon increasing
the percentage of N2; however, the temperature requirement was not
satisfied in this case. Therefore, the composition should be optimally
selected to reduce the energy consumption and satisfy the MITA
constraint.
Fig. 10 shows the phase diagrams of the H2 streams with different
compositions. Because the composition of H2 changes during liquefac
tion, the temperature–enthalpy diagrams vary according to the
ortho–para composition. These curves indicate large changes in
enthalpy due to the changes in the composition that are required for
liquefaction, which impart an additional load on the refrigeration cycles.
The relationship between the temperature and the enthalpy of the H2
stream is shown in Fig. 11, which indicates the variations in enthalpy
with respect to decreases in the temperature of the H2 stream. A small
change in enthalpy is noted to occur after precooling and the incorpo
ration of the reactor. The change in the enthalpy of reactor R2 is the
largest among the reactors, indicating its considerable energy con
sumption because of the large variation in the ortho–para composition.
The energy intensiveness can be reduced by incorporating reactors at
smaller intervals of temperature change; however, this can increase the
number of reactors and the associated costs.
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Fig. 14. Breakdown of the equipment cost of the proposed process.

which consumes a considerable amount of energy for its compression
owing to its low molecular weight. Similarly, the interstage coolers of
the liquefaction cycle exhibited high exergy destruction owing to the
large temperature difference between the inlet and outlet streams.
However, the turbines and reactors exhibited less exergy destruction.
Among all the equipment, the cryogenic heat exchangers exhibited the
highest exergy destruction (10 MW), which was mainly due to the large
temperature difference between the inlet and outlet streams. The heat
exchanger of the second precooling cycle (HX-2) accounted for 48.5% of
the total exergy destruction in the cryogenic heat exchangers because of
the high refrigerant flow rate and the large temperature difference of the
refrigerant streams. The precooling cycle indicates that there is further
room for improvement, particularly with regard to the selection,
composition, and flow-rate requirements of the refrigerants. However,
the liquefaction and cooling cycle exhibited less exergy destruction
because of the low refrigerant flow rate. The overall exergy destruction
of a process can be reduced by decreasing the consumption of re
frigerants and selecting an optimal refrigerant composition.

3.4. Exergy analysis
The exergy efficiency of the proposed process, which indicates its
effectiveness compared to that of an ideal (reversible) process, is 31.4%.
The exergy destruction values of each piece of equipment are shown in
Fig. 12. The compressors accounted for 13% (2.9 MW) of the total
equipment destruction, mainly because of the high energy consumption
of the liquefaction-cycle compressors. This high exergy destruction can
be primarily attributed to the presence of H2 in the refrigeration cycle,
Table 6
COP and FOM of the proposed process
FOM
COP

Total
Equipment
Cost

4000

Fig. 13. TEC, TCI, TAC, SIC, and SOC of the proposed process.

Fig. 12. Total exergy destruction of the equipment used in the pro
posed process.

Parameter

Cost (USD/kg LH2)

12
11

3.5. Coefficient of performance and Figure of merit

Values
0.31
0.16

The COP and FOM, which were calculated using Equations (4) and
(5), are presented in Table 6.
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processes (Table 7).
The designed process was found to be more energy-efficient than the
other processes owing to its lower energy consumption and higher
exergy efficiency. Similarly, the proposed process was also compared
with conceptual processes that have employed precooling cycles
(Table 8). The designed process exhibited the lowest SEC and a high
exergy efficiency among the examined processes, except for the MR
precooled processes proposed by Krasae-in (5.56 kWh/kg [8]) and
Ansarinasab et al. (4.41 kWh/kg [16]). Krasae-in [8] designed a largescale H2 liquefaction process that had a cascaded configuration with
MRs in the precooling cycle and four Brayton cycles, which assisted in
the precooling and liquefaction of H2. This process was complex, espe
cially with respect to the presence of multi-stream heat exchangers. The
process configuration achieved by Ansarinasab et al. [16] was simple
relative to that of the Krasae-in process; however, the H2 liquefaction
rate in their process (97.4%) was less than those of the Krasae-in process
and the process proposed herein. Essentially, increasing the liquefaction
rate increases the energy consumption. Further, they have used uncon
ventional refrigerants such as R14 and ethylene in the precooling cycle.
Although the performance of CO2 as a precooling refrigerant has already
been verified for LNG processes [34], its benefits as a refrigerant in H2
liquefaction have not been exploited so far, to the best of our knowledge.
The designed process exhibited lower energy consumption compared to
those of several other processes because of the unique thermodynamic
benefits of CO2, which realized an energy-efficient process.
Although the comparison with commercial and conceptual processes
provides a broader picture, the processes cannot be rigorously compared
because of the differences in their design parameters, such as the feed
and product conditions, compositions, heat-exchanger pressure drops,
and equipment efficiencies. Asadnia and Mehrpooya [12] recently
designed a precooled H2 liquefaction process, whose results are
compared with those of the present study in Table 9.
The proposed process has a lower SEC than that of the process
designed by Asadnia and Mehrpooya [12]. However, the proposed
process exhibits a lower exergy efficiency, FOM, and COP, which is
surprising because lower SEC values typically lead to higher values of
efficiency, FOM, and COP. This discrepancy is primarily because of the
dependence of the results on the property package used to calculate the
thermodynamic properties. Asadnia and Mehrpooya [12] used the PR
model to calculate the enthalpy and entropy values, whereas the MBWR
model was employed in the current study to calculate the thermody
namic properties. Although the PR model exhibited better results, the
MBWR model delivered promising results in terms of the calculated
enthalpy and entropy, particularly for the ortho and para isomers.
Another major difference between the process developed by Asadnia
and Mehrpooya [12] and the current process involves process
complexity; the former is complex because of the use of numerous
equipment and several refrigeration cycles, whereas the latter is rela
tively simple, with less equipment and fewer refrigeration cycles. The
process complexity is typically defined as the connections of units in a
system. It depends on the number, arrangement, and interconnectivity
of units. The process is called complex in a structure whose arrangement
and interconnectivity of units is complex [35]. In Asadnia and Mehr
pooya process [12], the arrangement of equipment is different and
complicated, which makes this process complex in structure. While in
the proposed process, the arrangement of equipment is similar having
identical connections making this process relatively simple.

Table 7
Comparison of the proposed process with commercial processes
Processes

SEC (kWh/kgLH2)

Exergy efficiency (%)

12.5–15
13–15
11.9
7.63

19.3–23.1
21–22.2
23.6
31.4

Praxair [31]
Linde Ingolstadt [32,33]
Linde Leuna [32]
Proposed process

Table 8
Comparison of the proposed process with other precooled H2 liquefaction
processes
Conceptual Processes

SEC (kWh/kg)

Pre-cooled Linde–Hampson [15]
Pre-cooled Claude system [15]
Nitrogen precooled [14]
Nitrogen precooled [14]
Nitrogen precooled [13]
MR precooled [8]
MR precooled [16]
Proposed process

64.5–71.7
24.8–35.0
10.85
13.58
12.7
5.56
4.41
7.63

Exergy efficiency (%)
–
–
36.0
–
34.6
–
55.5
31.4

The large COP and FOM of the proposed process indicate its superior
performance, which can be mainly attributed to its low energy con
sumption and minimum work required for liquefying H2. The minimum
required work was obtained using the difference between the exergies of
the product and the feed. Small values of the FOM and COP are typically
obtained if the actual energy consumption of the process is high.
3.6. Economic evaluation
The economic evaluation analysis of the proposed process is sum
marized in Figs. 13 and 14. Fig. 13 presents a comparison of the total
equipment cost (TEC), total annualized cost (TAC), and TCI values of the
proposed process. The values of the specific investment cost (SIC) and
specific operating cost (SOC) are also provided in Fig. 13. The TEC of the
process is $12.3 million, whereas the TAC is $24.2 million, including the
operating cost ($16.7 million), which is mainly dependent on the cost of
electricity required to operate the compressors ($0.06/kWh) [28].
The TEC was further analyzed according to the cost of each
component of the equipment (Fig. 14). The compressors exhibited the
highest costs among all the equipment, with the major portion of its cost
(~34%) being related to the liquefaction-cycle compressors that
consumed considerable amounts of power. Among the other equipment,
the cryogenic heat exchangers exhibited the highest cost ($1.34
million), with the major portion of their cost being related to the
liquefaction-cycle heat exchanger (HX4; ~40%). Moreover, the total
cost of the catalyst is presented, wherein the maximum cost was asso
ciated with reactor R3. Because the liquefaction cycle is the predomi
nant cost-intensive component of the process, improvements in the
selection and composition of the refrigerants can significantly affect the
energy consumption and equipment cost.
4. Comparison with commercial and conceptual processes
The designed process was compared with well-known commercial
Table 9
Comparison of the results of the proposed process with those of the process
designed by Asadnia and Mehrpooya [12].
Parameter

Asadnia and Mehrpooya [12]

Present study

SEC
Exergy destruction (MW)
Exergy efficiency (%)
FOM
COP

7.69
21.28
39.5
0.39
0.17

7.63
22.01
31.4
0.31
0.16

5. Challenges and future directions
The H2 liquefaction is a challenging problem. The major challenges
involved are high SEC and process complexity. In an attempt to reduce
high SEC and process complexity, a simulation study is proposed. This
study adopts the use of CO2 as a precooling refrigerant. Additionally, the
use of CO2 at low pressures and low temperatures is also challenging,
wherein CO2 freeze-out can occur at lower temperatures (<− 56.6 ◦ C) at
12
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pressures below 5.1 bar (that is, the triple point pressure). The proposed
process can be further improved by introducing a new refrigeration
cycle in the temperature range of − 20 to − 40 ◦ C using C3 or ammonia
(NH3) as the refrigerant. Moreover, to meet the challenge of high energy
consumption, the process efficiency can be enhanced through rigorous
optimization. Detailed techno-economic and exergo-economic analyses
can also be conducted to evaluate the thermodynamic, technical, and
economic potential of this process. Additionally, a control-structurebased Aspen dynamics simulation study can be conducted to observe
the effects of varying design parameters and to assess the technical and
economic feasibility for commercialization of this process.

Appendix A. Supplementary data
Supplementary data to this article can be found online at https://doi.
org/10.1016/j.enconman.2021.114947.
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