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In the current scenario of energy challenges, natural gas (NG) and associated liquids such as liquefied petroleum
gas (LPG) are considered to be clean energy sources compared with coal and oil. Liquefaction is one of the most
feasible and safe approaches for transporting NG from the site of production to the site of consumption. However,
NG processing to produce liquefied natural gas (LNG) and LPG is extremely costly in terms of both operating and
capital expenses because it requires a tremendous amount of energy, particularly at offshore sites. We have developed a new liquefaction process that uses N2 self-recuperation rather than external precooling with 80% less
energy consumption than that required by existing single N2 expander processes. In this work, we evaluate the use
of an innovative self-recuperative expander-based integrated process to produce LNG–LPG–pentane plus (condensate) at an offshore site in an energy-efficient manner with minimal capital expenditure. Thermodynamic and
economic analyses were performed to evaluate the commercial feasibility of the proposed process. Furthermore,
the environmental impact in terms of CO2 emissions was calculated. This study reveals that LNG–LPG can be
produced at a specific energy expense of 0.2362 kW with a payback period of 1.38 years.
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Nomenclature
C1
C2
C3
iC5
C5+
CO2
NG
NGL
LPG
C3MR
COP
DMR
MTPA
GA
IWO
HETP

KBO
LMTD
LNG
MCD
MITA
kW
MR
MVS
N2
NG
PSO
SMR
TAC
TAE
TDCC
THCC
TIC
TOC

methane
ethane
propane
iso-pentane
pentane plus
carbon dioxide
natural gas
natural gas liquids pentane
liquefied petroleum gas
propane precooled mixed refrigerant
coefficient of performance
dual mixed refrigerant
million tons per annum
genetic algorithm
invasive weed optimization
height equivalent theoretical plate

1. Introduction

knowledge-based optimization
log mean temperature difference
liquefied natural gas
modified coordinate descent
minimum internal temperature approach
kilowatt
mixed refrigerant
microsoft visio studio
nitrogen
natural gas
particle swarm optimization
single mixed refrigerant
total annualized cost
total annualized emissions
temperature difference between composite curves
temperature–heat flow composite curves
total investment cost
total operating cost

processes owing mainly to the matching of composite curves inside the
main LNG multi-stream heat exchanger. Therefore, several researchers
have preferred to configure the SMR process with NGL recovery units in
order to boost the overall energy efficiency of the refrigeration and liquefaction step of the LNG supply chain. Lee et al. [12] presented design and optimization of the LNG–NGL process for offshore sites. They
investigated the overall process performance by integrating the SMR
process with divided-wall column-based NG liquid recovery units. Khan
et al. [15] studied the integration of modified SMR (also known as
Korean SMR) and thermally coupled-based NGL plants followed by a
process knowledge-based optimization approach with the specific objective of minimizing the overall energy demand in the liquefaction
cycle.
However, LNG–NGL processes based on mixed refrigerants are
considered to be highly sensitive in terms of safety parameters owing
mainly to the presence of category A3 highly flammable hydrocarbonbased refrigerants such as methane, ethane, propane, butane, and
pentane. Thus, mixed refrigerant-based liquefaction processes are less
attractive for offshore applications because they pose environmental
hazards and safety concerns [16]. Furthermore, N2 has been classified
into the A1 flammability group and the American Society of Heating,
Refrigerating and Air-Conditioning Engineers (ASHRAE) 34 safety
group (2010a and 2010b), which make it a favorable candidate for
offshore application [16,17]. Thus, in consideration of safety and environmental concerns, N2 expander LNG processes are the most suitable
candidates for offshore LNG production. In addition to their superior
inherent safety, N2 expander-based LNG processes offer a high degree of
availability including minimal unplanned shutdowns with lower capital
investment [9,16–19]. However, high energy consumption is a major
drawback of N2 expansion-based liquefaction processes. Therefore, to
the best of our knowledge, the N2 expansion process has not been investigated in combination with NGL units for energy-saving

Energy is considered to be central to human welfare factors such as
health care, education, employment, agriculture, and sustainability. It
is important for sustainable economic growth of any country. A country’s success is dependent on its economy, which is directly related to
energy. In turn, energy is a direct function of the living standards and
population of a country [1,2]. The International Energy Agency (IEA)
projects living comforts and societal growth to increase about 30%
between 2016 and 2040 [3]. In this context, according to the U.S. Energy Information Administration, global energy demand is expected to
increase steadily by 48% between 2012 and 2040 [4]. To satisfy the
world’s energy demand, natural gas (NG) has gained substantial attention as a clean energy source [1,5]. Adopting NG-based power
generation technologies can reduce greenhouse gas emissions up to
50% compared with coal-based power generation technologies [3].
Thus, the NG industry is experiencing rapid growth compared with oil
and coal industries [6,7] owing mainly to its lower air pollutant emissions, as shown in Table 1.
Liquefied natural gas (LNG) has acquired significant attention as a
clean energy source relative to coal and oil owing mainly to its low CO2
emissions and ease of transportation. The LNG industry is expected to
grow steadily over the coming few decades.
Generally, the cost of an NG liquefaction project is determined by
estimating the tariffs of the individual units involved in the LNG supply
chain such as exploration, production, refrigeration, liquefaction,
shipping, regasification, and storage [9,10]. The typical breakdown of
expenditure in an LNG project by expense category, according to the
International Gas Union [11], is depicted in Fig. 1.
Fig. 1 shows that about 42% of the total LNG project cost is incurred
during the liquefaction and refrigeration processes. This cost value
ranges from 40% to 60% depending on ambient plant conditions and
the process of liquefaction technology.
The selection of the liquefaction technology process for offshore
LNG–LPG production plants is dependent entirely on the process flexibility, compactness, process safety, simplicity, and LNG and make-up
refrigerants storage [9]. The most important parameters considered
during the development of offshore LNG–NGL plants are safety considerations regarding flammable materials and required deck space
(compactness). From an offshore perspective, single mixed refrigerant
(SMR) and N2 expander-based processes are considered to be the most
attractive and suitable candidates [9,12–14]. SMR cycles are considered
to be more energy efficient than N2 expander-based liquefaction

Table 1
Kilograms of air pollutants produced per billion kilojoules of energy generated
[8].
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Pollutants

Natural gas

Oil

Coal

Nitrogen oxides
Sulfur dioxides
Carbon dioxides
Carbon monoxides
Particulates

41
0.27
53,070
18
3

203
504
74,389
15
38

207
1175
94,347
94
1245
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production of LNG–LPG–pentane plus, an innovative closed-loop selfcooling recuperative N2 expander was chosen owing mainly to its significant high energy efficiency in comparison with external source
(CO2, C3, and R410a)-based precooled N2 expander LNG processes, as
shown in Table 2.
The process flow diagram of the proposed optimized process with
the necessary information on each stream is depicted in Fig. 2. The feed
was introduced to the demethanizer column with 10 total theoretical
trays as the optimized value. The column was operated at 69.5 bar and
processed most of the feed because of the high methane content. Before
entering the column, the feed was precooled at –16.5 °C to enhance the
C1 (methane) purification. The distillate product, which primarily
contained C1 (89% mole), was expanded through an expander K-7 and
was then liquefied and subcooled in an LNG cryogenic heat exchanger
(CHX-02). The subcooled C1 product was obtained as stream-28 and
was then passed through a cryogenic turbine (90% isentropic efficiency
[34]) K-8 to lower the pressure to 2 bar. Stream-29 with a 92% liquefaction rate exited the cryogenic turbine. Compared with the conventional technique used for precooling, which involves the use of an external CO2 or propane refrigeration cycle, the proposed process
employed closed-loop self-refrigeration recuperation, which was
achieved by using a single N2 expander refrigeration cycle. Accordingly,
stream-2 went through a multi-stage (four) compression system that
was associated with inter-stage cooling. After multi-stage compression,
stream-10, which had a maximum pressure of 125 bar as the optimized
value and a temperature of 30 °C, entered the CHX-01 recuperator,
where it was cooled to an optimal temperature of −48.2 °C. Stream-11
entered expander K-6, where its pressure was lowered to an optimal
value of 15.5 bar. Stream-12 had cryogenic energy sufficient for NG
subcooling in CHX-02 and for self-cooling recuperation in CHX-01, and
therefore achieved a complete cycle of self-cooling recuperation. A
detailed description on the N2 closed-loop self-recuperation technique
and self-recuperative liquefaction process can be found in our previous
study [16].
The heavier components in the bottom stream of the demethanizer
column were introduced to the 10-tray depropanizer column, which
was used to recycle the light components (C1 and C2). Before recycling
the light components of the depropanizer column, this stream of lights
(stream-21) was compressed to 70.0 bar through K-5, which was
equipped with an after-cooler. The outlet temperature of each aftercooler was set at 30 °C. After removing the light components, the heavier products were then introduced to the optimized 20-tray LPG
column, which was operated at 8 bar. Owing to the high pressure used
in the LPG column, water was the most suitable cooling medium to
condense the LPG at the commercial scale. In the last column, the LPG
and pentane plus products were collected at the distillate and bottom
streams, respectively. The final products were LNG (89% C1), LPG
(98% C3 and C4), and naphtha (99% pentane plus).

Fig. 1. Average cost breakdown of LNG projects by expense category [11].

opportunities at offshore sites. Several previous studies [18–26] have
evaluated and improved the performance of N2 expansion-based liquefaction processes with no integration of NGL units. Therefore, it is
necessary to develop an energy- and cost-efficient floating LNG–NGL
integrated process that considers the regulations and restrictions of
offshore sites.
In this study, we propose an intensified (compact), simple, and
energy-efficient N2 self-recuperation expansion-based an integrated
process for offshore coproduction of LNG, LPG, and pentane-plus. The
proposed integrated LNG-LPG-pentane plus process uses N2 self-recuperation (particularly for liquefaction) rather than external precooling, which facilitates the production of LNG with 80% lower energy
consumption compared with existing single N2 expander processes, as
investigated in [16]. Detailed thermodynamic, economic, and greenhouse gas emission analyses are performed to evaluate the technical,
commercial, and environmental feasibility of the proposed integrated
process.
2. Process description
The NGL and LNG processes are both cryogenic and energy intensive. Therefore, integration of these processes is fundamental for
improving their energy efficiency, which ultimately reduces the capital
and operating expenses [27–29]. In this context, this study focuses on
integration of the N2 self-precooling liquefaction cycle with NGL recovery units to achieve an energy-efficient, simple, and compact process for the co-production of LNG, LPG, and pentane plus at offshore
sites with a capacity of 2.5 million tons per annum (MTPA). For the co-

Table 2
Energy efficiency of the self-cooling recuperative N2 expander process compared with various N2-expander-based liquefaction processes.
LNG Processes

Feed NG (Mol %)

MITA (°C)

Specific required energy (kWh/
kmol)

*

CO2 precooled N2 expander [30]
CO2 precooled N2 expander [31]

[C1, C2, C3, nC4, iC4] = [82, 11.2, 4, 0.9 , 1.2]
[C1, C2, C3, nC4, iC4, nC5, iC5, N2] = [91.33, 5.36, 2.14, 0.47,
0.46 , 0.1, 0.1, 0.22]
[C1, C2, C3, nC4, iC4, N2] = [90, 5, 2, 1, 1, 1]
[C1, C2, C3, iC4, N2] = [90, 4, 2, 2, 2]
[C1, C2, C3, iC4, N2] = [90, 4, 2, 2, 2]
[C1, C2, C3, nC4, iC4, N2] = [82, 11.2, 4, 0.9 , 1.2, 0.7]
[C1, C2, C3, nC4, iC4, N2] = [90, 5, 2, 1, 1, 1]

2.0
3.0

10.68
8.65

37.5
22.8

3.0
2.0
2.0
> 2.0
3.0

9.11
7.97
7.72
8.39
6.68

26.7
16.2
13.5
20.4
–

CO2 precooled N2-CH4 expander [18]
Propane precooled N2 expander [32]
R410a precooled N2 expander [32]
CO2 precooled single N2 expander [33]
N2-self recuperative process [16]

Energy savings (%)

* Energy savings improvement with the N2-self-recuperative LNG process compared with the corresponding precooled N2 expander LNG processes.
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Fig. 2. Process flow diagram of the proposed optimized process for LNG–LPG–pentane plus production.

3. Process simulation and modelling assumptions

4. Optimizing operations

The rigorous model of the proposed study was designed by adopting
Aspen Hysys® v10 software. The Peng Robinson equation of state,
which supports a wide range of operation conditions, was used to
predict the thermodynamic properties [35]. The enthalpies and entropies for all streams were calculated by using the Lee–Kesler model
[36]. The feed conditions and compositions were obtained from the
recent report by Lee et al. [12], as listed in Table 3. Furthermore, to
perform more rigorous analysis, the following modeling assumptions
were made:

The decision variables for optimization of the proposed LNG–NGL
scheme were categorized into two groups: those for the liquefaction
cycle and those for NGL recovery units. The flow rate of refrigerant N2,
suction pressure, discharge pressure, feed NG expansion pressure (obtained from the demethanizer column), recuperation temperature, and
end flash gas (EFG) exit temperature were chosen from the liquefaction
section. The feed precooling temperature, feed location, number of
stages, and operating pressures of the condenser and reboiler for the
depropanizer column were selected as decision variables from the NGL

• There is no heat loss to the surroundings
• For each compressor, gas expander, and liquid turbine 80%, 85%,
and 90% isentropic efficiencies, respectively, are fixed.
• For the interstage coolers, the ambient cooling medium (air/water)
temperature is 20 °C.
• The outlet temperature of each after cooler was set at 30.0 °C
• The pressure drop across each cryogenic heat exchanger and cooler
is zero.
• The LNG storage tank pressure was set at 2.0 bar.
• The liquefaction rate was set at 92%, and the remaining 8% was end
flash gas.
• For efficient and economical heat transfer through the cryogenic
•
•

Table 3
Simulation basis and feed conditions for the proposed LNG–NGL process.
Property

Condition

NG feed condition

exchangers, the minimum internal temperature approach (MITA)
value was fixed at 3 °C.
The deisobutanizer and the de-ethanizer columns were excluded
owing to the limitation of deck space at offshore sites.
All of the columns were designed assuming a maximum flooding
load of 80%.

250

Temperature
Pressure
Flow rate

35 °C
71 bar
292,418 kg/h (2.5 MTPA)

NG feed composition

Mole %

Nitrogen
Methane
Ethane
Propane
i-Butane
n-Butane
i-Pentane
n-Pentane
n-Hexane
n-Heptane

1.54
86.40
6.47
2.87
0.72
0.82
0.41
0.31
0.31
0.15
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Table 4
Decision variables for operation optimization of the proposed process.
Decision variables

Table 5
IWO parameters used to set the optimization framework.

Lower bound

Upper bound

10.0
70.0
1200000.0
−70.0
15.0

20.0
140.0
2200000.0
−35.0
50.0

−100.0
10.0

−40.0
40.0

−20.0

−10.0

Demethanizer
Feed location of demethanizer
Total stages of demethanizer
Mass reflux ratio

4.1. Optimization approach

5.0
9.0
0.06

9.0
15.0
0.09

Depropanizer
Feed location of depropanizer
Total stages of depropanizer
Condenser pressure, bar
Reboiler pressure, bar
Mass reflux ratio

4.0
9.0
15
15.5
0.9

7.0
15.0
23.0
24.0
1.2

LPG Column
Feed location of LPG column
Total stages of LPG column
Mass reflux ratio

8.0
16.0
1.5

13.0
25.0
2.2

Complex thermodynamics and several non-linear interactions are
involved in the LNG–NGL configuration; therefore, optimization is
challenging for process engineers. Therefore, in this study, a powerful
and robust optimization technique known as invasive weed optimization (IWO) was adopted. The original version of the IWO approach was
introduced by Mehrabian and Lucas [37] in 2006, who observed the
strength and robustness of weeds against environmental changes, which
ultimately led to a powerful optimization approach. Several complex
and nonlinear engineering optimization problems [37–42] have been
successfully and efficiently solved by using the IWO strategy. The IWO
approach falls in the category of population-based algorithms; therefore, its efficiency strongly depends on the algorithm parameters.
Table 5 lists the parameters of the IWO algorithm, which were fixed
during optimization of the proposed process.
According to the detailed working flowchart of the IWO approach
(Fig. 3), the IWO approach was coded in the MATLAB® environment
and was then connected with a rigorous model (developed using Aspen
Hysys® v10) of the proposed process using component object model
(COM) functionality, which is also referred to as ActiveX functionality.

Liquefaction process
Suction pressure (stream-12), P12 (bar)
Discharge pressure (stream-9), P9 (bar)
Flow rate of nitrogen, mN 2 (kg/h)
Recuperation temperature (stream-11), T11 (°C)
Feed NG expansion pressure (stream-27), P27
(bar)
EFG before recuperator (stream-32), T32 (°C)
EFG after recuperator (stream-33), T33 (°C)
NGL recovery units
Precooling temperature (stream-17), T17 (°C)

recovery section. All of these decision variables are listed in Table 4.
To obtain a simple and rigorous optimization framework, the required reboiler duty, condenser duty, and NGL pre-cooler duty were not
included in the main objective function equation for the following
reasons and assumptions:

• The reflux rates for the demethanizer and depropanizer columns are
less significant.
• The temperature of the LPG column condenser was 35.4 °C; therefore, water can be used.
• The temperatures for the demethanizer column reboiler and the
•

(1)

Minimize

f (X ) = Min

(2)

Wtotal (X )

Value

nPop0
nPop
dim
Smin
Smax
e
σinitial
σfinal

Initial population size
Maximum population size
Optimization problem dimension
Minimum numbers of seeds
Maximum numbers of seeds
Variance reduction exponent
Initial value of standard deviation
Final value of standard deviation

10.0
50.0
13.0
0.0
5.0
3.0
0.5
0.01

Keep the best individual

Initialize a population
Yes

Hence, the total energy requirement in terms of compression power
for the refrigeration cycle and the depropanizer compressor was chosen
as an objective function. Mathematically, the objective function in
terms of the total required shaft work can be formulated as follows:

WLNG, compressors + WNGL, compressors )

Parameter

Deﬁne the solution space

depropanizer reboiler were 50.0 °C and 112.0 °C, respectively. For
these reboilers, the heat from the refrigeration loop can be integrated.
Low-pressure steam may be used for the LPG column reboiler to
achieve pentane plus at a temperature of 128.0 °C.

Wtotal = (

Symbol

Evaluate the ﬁtness of
each individual and rank
the population
No

Max. iteration
reached?

Subject to:

MITA (X )CHX 01

3.0 °C,

(3)

MITA (X )CHX 02

3.0 °C,

(4)

C1(X )Purity

88.5%,

LPG (X )Purity

C 5+ (X )Purity

98.0%,

99.0%,

Xi

XiU

i = 1, 2, ...,n .

Evaluate the ﬁtness of
each individual and rank
the population

Reproduction based on
each individual’s rank

Disperse the new seeds
over the solution space

(5)
(6)
(7)

Fig. 3. Flowchart for IWO algorithm.

where X is a design variable vector and bounded as

XiL

Eliminate individuals with
lower ﬁtness to reach the
maximum number of
plants

(8)
251
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value, i.e., 3 °C, leading to promising energy reduction by running optimization. By interfacing MATLAB and HYSYS under COM functionality, application of the IWO process for energy requirement minimization was facilitated. Table 6 summarizes the results for both the
base and proposed configurations.
Furthermore, as previously mentioned, all of the columns in the
NGL section were designed for loads at the maximum flooding load of
80%. For our simulation, the rating mode was used to determine the
column’s maximum flooding load by using internal specifications such
as internal type, column diameter, and Height Equivalent to the
Theoretical Plate (HETP) value. The packing type was suitable because
the columns should be designed to withstand motion beyond limiting
the column height [12]. Table 7 lists the hydraulic conditions and energy requirements for each column considered herein.

Table 6
Summary of optimal variables for the proposed integrated LNG–LPG–pentane
plus process.
Decision variables

Base value

Optimal value

Liquefaction process
Suction pressure (stream-12), P12 (bar)
Discharge pressure (stream-9), P9 (bar)
Flow rate of nitrogen, mN 2 (kg/h)
Recuperation temperature (stream-11), T11 (°C)
Feed NG expansion pressure (stream-27), P27 (bar)
EFG before recuperator (stream-32), T32 (°C)
EFG after recuperator (stream-33), T33 (°C)

9.3
88.0
2015000.0
−62.0
19.0
−95.0
20.0

15.5
125.0
1431373.4
−48.2
36.7
−66.0
26.0

NGL recovery units
Precooling temperature (stream-17), T17 (°C)

−16.3

−16.5

Demethanizer
Mass reflux ratio

0.082

0.0794

Depropanizer
Condenser pressure, bar
Reboiler pressure, bar
Mass reflux ratio

5.1. Composite curve analysis

11.0
11.2
1.074

20.5
20.7
1.043

LPG Column
Mass reflux ratio

1.31

1.904

The
energy-saving
opportunities
for
the
proposed
LNG–LPG–pentane plus production process can be physically interpreted by composite curve analysis of the cryogenic heat exchangers,
i.e., self-recuperator and primary LNG exchanger. For the self-recuperator, Fig. 4(a) and (c) present the temperature difference between
composite curves (TDCC) for the base and optimized cases, respectively, which is an approach for temperature–temperature curves. The
THCC curves (temperature–heat flow curves) for the base case and the
optimized case are shown in Fig. 4(b) and (d), respectively.
The MITA inside the cryogenic heat exchangers between 1.0 °C and
3.0 °C is considered to be more feasible and economic for efficient heat
transfer. In the base case, the approach temperature varied from 10.0 °C
to 42.0 °C, which is significantly higher than the MITA value of 3 °C
(Fig. 4(a)). Therefore, the specific energy requirement for the base case,
at 0.3591 kW/kg, is higher than that for the optimal case, at
0.2362 kW/kg. The low energy requirement for the optimized case can
be explained by the small approach temperature variation, which was
3.0–20.0 °C. In addition, the MITA value of 3.0 °C was satisfied along
the length of the self-recuperator within the range of 30.0–45 °C
(Fig. 4(c)). The THCC curves (Fig. 4(b) and (d)) were used to illustrate
the exergy loss or entropy generation inside the heat exchangers. The
large distance between the THCC curves for the base-case self-recuperator implies non-optimal execution of the refrigerant flow rate
and operating parameters such as recuperation temperature, refrigerant

Table 7
Hydraulic conditions for the LPG–pentane plus production section of the proposed process.
Columns

Demethanizer

Depropanizer

Debutanizer

Number of ideal trays
Feed stage location
Top pressure (bar)
Bottom pressure (bar)
Internal type
Column diameter (m)
HETP (m)
Maximum flooding %

10
8
69.5
70.0
RASCHIG
2.9
0.4
80

10
5
11.0
11.2
RASCHIG
1.3
0.4
80

20
9
8.0
8.2
RASCHIG
1.7
0.4
80

Fig. 4. (a) TDCC, (b) THCC curves of the base case in comparison with the
optimized (c) TDCC, and (d) THCC curves in the self-recuperator.

5. Results and discussion: process analysis
Fig. 5. (a) TDCC and (b) THCC curves of the base case in comparison with the
optimized (c) TDCC and (d) THCC curves in the main exchanger.

Before optimization, the MITA of the two cryogenic heat exchangers
(CHX-01 and CHX-02) were significantly higher than the specified
252
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Fig. 6. Liquid composition profiles of the NGL section: (a) demethanizer; (b) depropanizer; (c) debutanizer.

main liquefier, which implies large entropy generation (Fig. 5(b)). This
gap between the THCC curves was reduced in the optimized case by
finding the optimal values of the decision variables listed in Table 6. A
major portion of the optimized THCC curves (dashed circle area in
Fig. 5(d)) followed the MITA value of 3.0 °C, which ultimately reduced
the exergy loss and resulted in high energy efficiency.

Table 8
Equations for exergy loss calculation through each instrument of the proposed
process.
Equipment

Exergy loss (kJ/h)

Compressor
Expander/Turbine
Coolers exchanging heat with
ambient
Phase separator

Ex loss = (m)(Exin
Ex loss = (m)(Exin
Ex loss = (m)(Exin

Multi-stream LNG heat exchanger
Distillation column [47]

Ex loss = Exin
Ex loss =
Ex loss = T0

Ex out ) W
Ex out ) + W
Ex out )

ExLiq

(m) Exin

(S

out

5.2. Liquid composition profile analysis for NGL section

ExVap
(m) Ex out

+

Qout
T

) (S

in

+

Qin
T

In the NGL section, three columns, i.e., the 10-stage demethanizer,
the 10-stage depropanizer, and the 20-stage debutanizer, were used to
produce sales gas, LPG, and condensate (pentane plus), respectively.
Fig. 6 illustrates the liquid-phase composition profiles in each column.
Fig. 6(a) shows the demethanizer, which has the highest methane
content; high-purity methane was collected from the top of this column.
In the depropanizer column (Fig. 6(b)), the methane exists only from
stages 1 to 7, indicating that recycling at the top of the column is useful
for recovering methane back to the first column. Furthermore, the
ethane content is reduced from the top to the bottom of the column and
can be recycled to the demethanizer by the recycle block at the top.
That is, the depropanizer is rich in propane, which is then introduced to
the next column and becomes the final LPG product. Furthermore, at
the stripping section, the contents of the heavy components (e.g., butane and pentane) increase. A remixing phenomenon also occurs in this
column. Fig. 6(c) shows the liquid composition profiles of the debutanizer. No methane or ethane was found in the column; the butane
composition was reduced from the top to the bottom. Moreover, the
propane content decreased from the top to the feed stage and was not

)

suction, and discharge pressure. By employing the IWO strategy, the
optimal design variables (Table 6) were obtained, which significantly
reduced the gap between the THCC curves (Fig. 4(d)).
For the main LNG exchanger, Fig. 5(a) and (c) present the TDCC
curves for the base and optimized cases, respectively; Fig. 5(b) and (d)
shows the THCC curves for the base and optimized cases, respectively.
For the base case, the approach temperature peak in the primary
LNG exchanger (CHX-02) was ∼38.0 °C (Fig. 5(a)); that in the optimized LNG exchanger was 28.0 °C (Fig. 5(c)), which is 26.13% lower
than the base case. This reduction in the height of the TDCC curves
implies a dramatic reduction the energy consumption of the process.
The exergy loss inside the main LNG exchanger was the same as that in
the self-recuperator using the THCC curves (Fig. 5(b) and (d)). A large
gap between the THCC curves was observed for the base case of the
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Fig. 7. Exergy loss associated solely with equipment of the (a) liquefaction section (b) LPG-pentane plus production section.

through the equipment of the LPG production section (NGL section) is
shown in Fig. 7(b). The exergy analysis in Fig. 7(a) illustrates that the
compressors, expanders, and interstage coolers had the highest percentages of exergy loss with values of 34%, 27%, and 22%, respectively.
The highest exergy loss occurred as a result of the large temperature
gradients. Large temperature gradients lead to exergy loss, which
eventually diminishes the overall energy efficiency of liquefaction
processes [48]. For the LPG-condensate production section, the feed
precooler contributed to a major percentage of exergy loss, i.e., 88%, as
shown in Fig. 7(b). In the feed precooler, feed enters at 34.0 °C and exits
at −16.5 °C with a temperature gradient of about 50.0 °C. By reducing
the temperature gradient in the feed precooler, the overall exergy loss
can be reduced significantly. Table 9 lists the detailed exergy losses
associated with each instrument of the proposed LNG–NGL process.

Table 9
Exergy analysis associated with each instrument of the proposed process.
Equipment type

Exergy loss
(kW)

Equipment type

Exergy loss
(kW)

Liquefaction section
Compressors
Compressor-1
Compressor-2
Compressor-3
Compressor-4
Net

Air-Coolers
4192.45
4199.57
4217.92
4271.04
16880.97

Exchangers
Self-recuperator
LNG-Exchanger
Net
Phase Separator
Total exergy loss

2421.09
2751.13
2844.45
2974.59
10991.26

Expanders
2064.99
5940.57
8005.56
240.69
49246.39

LPG-Pentane plus production section
Compressor
65.42
Expander
354.17
Cooler
19.06
Feed Pre Cooler
13735.46
Total exergy loss
15057.48
Whole Process Exergy
loss

Air-cooler-1
Air-cooler-2
Air-cooler-3
Air-cooler-4
Net

64303.87

NG Expander
N2 Expander
LNG Turbine
Net

665.23
12294.58
168.11
13127.91

Demethanizer
Depropanizer
Debutanizer

453.97
437.23
430.82

Min. required work

19923.03

5.3.1. Exergy loss analysis for each column in the NGL section
As compared in Fig. 7(b), the total exergy loss of the columns was
approximately 9% of the loss of the NGL section. Fig. 8 illustrates the
exergy loss profiles derived by the Aspen Process Economic Analyzer
(APEA). Fig. 8(a) represents the exergy loss in the demethanizer
column, which occurred mostly in the condenser and the reboiler owing
to the high temperature difference between the feed and the products.
The largest temperature difference was found between the feed and the
top product, which led to the exergy loss. Further, minimal exergy loss
occurred at the feed stage in the column. That is, the irreversibility
occurred mostly at the feed stage in the depropanizer and the debutanizer. In the depropanizer (Fig. 8(b)), significant temperature mismatch
occurred the feed stream and the feed stage, which resulted in the
highest exergy loss. Furthermore, exergy loss occurred at the condenser
and the reboiler. Similarly, as shown in Fig. 8(c), the thermodynamic
inefficiency was significant at the feed stage in the debutanizer column.
In addition, exergy loss was identified at the condenser when the feed
and top product temperatures were high and in the reboiler section. In
general, the exergy loss of the condenser was always higher than that of
the reboiler, which presents an opportunity to reduce the thermodynamic irreversibility in the condenser by applying heat integration.

found in the stripping section, indicating efficient separation. Simultaneously, the content of heavy components such as pentane,
hexane, and heptane decreased gradually from the top to the bottom.
Therefore, the LPG (C3 and C4) and pentane plus products were collected from the distillate and the bottom streams, respectively. Notably,
another remixing phenomenon occurred in the debutanizer column.
The energy efficiency can be improved further by using a dividing wall
column [12,15,43,44].
5.3. Exergy analysis

5.4. Economic analysis

The combined 1st and 2nd law of thermodynamics illustrate the
exergy analysis, which helps to establish strategies and procedures for
the effective use of available energy. Exergy analysis also provides the
amount of entropy generated through the equipment associated with
any heat exchange or transfer process. The exergy loss through the
individual equipment involved in the proposed LNG–NGL process can
be calculated by using mathematical relations [45,46] provided in
Table 8.
Fig. 7(a) presents the exergy losses inherent in each instrument of
the self-recuperated liquefaction process. The percentage of exergy lost

After developing the flowsheets in HYSYS, the two base and proposed schemes were assessed on the basis of economic metrics. The
recoveries of sales gas and NGL product and the utility requirements
were subsequently determined from the steady state, and APEA was
employed to estimate the capital cost of the process. The operating cost
includes all expenses for utility consumption required to achieve the
target capacity [49]. The utility costs are listed in Table 10.
The efficiency economics between the base case and the proposed
sequence are compared in Table 11. The utilities are the consumption of
steam, cooling water, refrigerant, and electricity. The refrigerant used
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Fig. 8. Exergy loss profiles of the NGL section: (a) demethanizer; (b) depropanizer; (c) debutanizer.
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in the feed precooler (E-104) was at a low temperature, whereas refrigerants used at the condensers of the demethanizer and depropanizer
were at very low temperatures. It should be noted that the utility cost of
low-temperature refrigerant is very high. The optimization result
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Table 10
Utility cost required for calculating the operating expenses [49].
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Fig. 9. Comparison of base and optimized cases.

Table 11
Capital cost and operating cost performance of the base case and the optimized sequence.
Base case

Overall power
Cooling (refrigerant)
Cooling (water)
Heating
Specific energy requirement (kW)
Total operating cost × 106 ($/y)
Energy savings (%)
Total operating cost savings (%)
Total investment cost × 106 ($/y)*
Total investment cost saving (%)
Total annualized cost × 106 ($/y)
Total annualized cost savings (%)
Payback period (year)
Total annualized emissions × 103 ((kg/h)/y)**
Total annualized emissions savings (%)

Optimized sequence

Energy (kW)

Operating cost ($)

Energy (kW)

Operating cost ($)

105,006.57
20,881.89
145,848.65
6,145.24
0.3591
–
–
–
14.78
–
135.87
–
1.79
48.05
–

54,870,447.78
6,211,628.67
1,605,899.77
2,538,339.39
–
65.23

69,060.30
20,781.80
110,651.90
6,933.02
0.2362
–
34.2
–
11.22
24.1
86.56
36.3
1.38
36.20
24.7

36,086,978.86
6,159,390.79
1,218,357.95
2,863,738.31
–
46.33
–
29.0

* Estimated from APEA in HYSYS.
** Estimated from Aspen Energy Analysis in HYSYS.
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net profit [51].

Table 12
Prices of raw material and products (2016 EIA, monthly natural gas liquids
reports. Energy Information Administration, U.S. Department of Energy).
Items

2016 Prices ($/MMBTU)

Natural gas
Sale gas (Mostly methane)
LPG (C3 and C4)
C5+

2.7
3.0
6.22
8.75

payback time =

Total capital cost
Net profit

(9)

7. Conclusions and future work
The proposed LNG–NGL integration process was implemented successfully for FPSO (Floating Production Storage and Offloading) projects and is an appealing approach for developing remote assets. This
study exploits the benefits of the self-recuperation N2 closed cycle and
the NGL–LNG integration process. The results indicate that a cleaner
and more economically efficient configuration could be achieved in the
FPSO project. By considering the proposed IWO approach, the investigated configuration can decrease the TAC to 36.3%, corresponding
to a significant TOC reduction of 29%. The payback time of the proposed configuration is 1.38 year, which can be further decreased by
using heat integration methodology. In particular, in the NGL section,
the feed precooling exergy loss was 13735.46 kW (equivalent to
21.36% exergy loss in the entire process), which can be avoided by
applying heat integration between the LNG and NGL sections.
Furthermore, this study demonstrated that the annual CO2 emissions
can be reduced up to 24.7% by employing the proposed sequence.
This study can be considered as the basis for several research activities in the future. For example, this optimized configuration can be
further developed by considering the design of LNG–NGL heat integration in order to increase the overall exergetic efficiency of the
process. Furthermore, it can be extended to consider the design in the
case of fluctuating feedstock compositions (e.g., shale-gas feedstocks
with variable compositions) for the NGL recovery system. Finally, the
robust optimization can be extended by using an uncertainty quantification technique owing to fluctuations in the prices of NGL and sales
gas or in design variables including demethanizer pressure.

indicated that the energy requirement of the proposed sequence was
reduced to 34.2% after optimization. The estimated operating cost was
decreased to 29.0% by the proposed sequence, which was confirmed by
the result from APEA. Furthermore, as estimated by APEA, the capital
cost can be significantly reduced to 24.1% by the proposed sequence.
Finally, the total annualized cost (TAC) was calculated to be USD
$86.56 million from the proposed configuration. The lifetime of the
entire process and the interest rate are assumed to be 10 years and
0.08%, respectively. Fig. 9 summarizes the comparison of both the base
and proposed configurations.
5.5. CO2 emissions analysis
As previously stated, CO2 emissions are an environmental indicator
in the evaluation of industrial processes owing to growing concerns
related to global warming. In terms of CO2 emission calculation, for the
studied distillation process, the following definitions provided by
Gadalla [50] were considered:

• Combustion emissions produced by burning of fossil fuels (liquid or
gases) for heating and steam generation;
• Indirect emissions related to external steam and energy sources.
In our study, the reboilers are assumed to operate with steam generated by the combustion of NG in the boiler from the utility plant. In
addition, the Aspen Energy Analyzer (AEA) was facilitated to estimate
the CO2 emissions. As shown in Table 11, it was possible to decrease the
annual CO2 emission rate from 48,050 kg/h to 36,200 kg/h by using the
proposed scheme. This result represents a CO2 emission reduction of
24.7% over the base case, as shown in Fig. 9.
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6. Techno economic analysis
The results of the total exergy loss and minimum required work in
Table 9 show that the exergy efficiency of the entire process is 23.65%.
Moreover, Fig. 7 indicates that the highest exergy loss occurred because
of the large temperature gradients, which led to exergy loss and eventually reduced the overall energy efficiency of liquefaction processes.
For the LPG-condensate production section, the contribution of the feed
precooler to exergy loss was highest, at about 88%. Therefore, by applying heat integration to reduce the temperature gradient in the feed
precooler, the overall exergy loss can be reduced significantly.
Fig. 9 shows a comparison of the economic and CO2 emissions results of the base case and the optimized configuration. For the proposed
configuration, the operating cost was estimated to be USD $46.33
million, which is an expected 29.0% reduction. Furthermore, from the
capital cost estimated by the APEA, the total annualized cost (TAC) was
estimated to be USD $86.56 million. Therefore, the TAC can be reduced
up to 36.3% compared with the base case. Furthermore, global
warming reduction quantified as a 24.7% reduction in CO2 emissions
was achieved.
For the proposed configuration, the annual revenue was roughly
estimated to be USD $8.12 million. Table 12 lists the price of the
feedstock and the products. The payback time was evaluated to be
1.38 year by using Eq. (9), which is the total capital cost divided by the
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