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The configuration of columns with side-reactors (SRC) can effectively enhance the performance of reaction–separation processes, particularly where the operational limitations of conventional multifunctional reactors, such as reactive distillation systems, negate the overall benefits. Industrial manufacturing processes often
use multiple reaction schemes that result in both desired and undesired products. The selectivity and yield of the
desired product are usually improved by using large reaction vessels or high recycle flow rates of excess reactant.
Therefore, in multiunit chemical processes, the foremost design trade-off is between the reaction vessel volume
and the recycle flow rate. In this study, we investigate the competition of these parameters in SRC configurations
in achieving specific conversion or yield criteria. Two real chemical processes involving side-reactors of nonreactive distillation columns and recycle streams are considered and their optimal design configurations are
detailed. The results affirm the importance of this trade-off and its quantitative analysis to obtain the optimal
SRC configuration.

1. Introduction
Many chemical processes using multiple reactions involve reactors
and subsequent distillation through recycling streams. The product of
interest is seldom the only material in the reactor effluent streams.
Usually, multiple products are obtained, some desired (D) and others
undesired (U); their separation requires high energy costs in subsequent
distillation processes. Rate-based and overall selectivities are often used
to choose reaction schemes and determine profits in multiple-reaction
systems [1]. Higher selectivity and yield of the desired product can be
obtained by using either large reaction vessel or high recycling rates for
excess reactant [2,3]. However, both design strategies are associated
with additional capital and energy costs. Sometimes, based on the operational conditions of the reaction and separation sections, it is possible to couple them into innovative equipment that yields higher
savings in capital and energy. Such innovative equipment is based on
the principle of process intensifications [4,5]. Several intensified reaction–separation processes exist; these can transform existing chemical
processes into more compact and safer designs. Reactive distillation
(RD) has gained significant importance in process intensification, with
advantages including reduced capital and energy costs, improved

conversion and yield, and enhanced selectivity [6–10]. Despite several
research and patents issued on the applicability of RD to various chemical products, industrial practices remain limited because of their
operational and technical limitations [11]. One important constraint is
the mismatching conditions for reaction and separation processes,
which negate the overall economic benefits of reactive distillation
columns [12]. The alternative configuration of columns with side-reactors (SRC) could overcome these operational limitations [13–20]. In
SRC-based design, the liquid feed to the external reactor is withdrawn
from a non-reactive distillation column tray. The reaction occurs in the
reactor and the reactor effluent stream is returned back to the column.
This classic approach allows the independent setting of the temperature
and pressure of the reactor and distillation column. The exothermic
heat of reaction can be effectively utilized to provide partial vaporization of the reboiler by running the reactor in an adiabatic mode.
Moreover, many other operational and hardware limitations, including
expensive structured packing for embedded catalysts, catalyst replacements, slow reaction rates, hydraulic limitations, and long residence
times, can be effectively overcome by the SRC design.
The production processes of ethylbenzene (EB), and methoxymethyl
heptane (MMH) are classical examples of multiple reaction systems.

Abbreviations: SRC, columns with side-reactors; RD, reactive distillation; EB, ethylbenzene; MMH, methoxy-methylheptane; TAC, total annual cost; DWC, dividing
wall column; B, benzene; DEB, di-ethylbenzene; DME, dimethyl ether; MH, 2-methyl-1-heptene; CSTR, continuous stirred tank reactor
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The reaction mechanism of these processes yields both the desired and
undesired products. The design and control of these processes based on
the conventional flowsheets (reactor/column/recycle) were discussed
in detail by Luyben [21,22]. The design of these processes are based on
the optimal size of reaction vessel and recycle flow rates that improve
the overall total annual cost. In our recent work, we have shown that
based on the difference in temperature and pressure in the reactor-separation sections, the economics of the conventional flowsheets for
these processes (EB and MMH) can be improved by SRC design [23,24].
However, the published SRC flowsheets utilized the same recycle
flowrates as in the conventional processes for a fair comparison.
In SRC design, however, a trade-off predominates between capital
and energy costs in a similar manner as in the conventional processes.
For a quantified yield or selectivity, the economically optimum design
of the column with SRC can be obtained by quantitatively analyzing the
trade-off between the reactor size and the recycle stream. Based on the
reaction kinetics, maintaining a large reaction vessel (higher capital
cost) or increasing the recycle flow rates (higher energy cost) is
sometimes necessary to enhance product yield or selectivity. Both these
design trade-offs are quantitatively demonstrated by a design objective
function, usually the total annual cost (TAC). For an economical design,
the typical values for product yield and selectivities are 99% and 100%,
respectively, in order to avoid wasting raw materials [2].
In this study, we explore the optimal design of SRC configuration by
emphasizing the design trade-offs between the reactor size and recycle
flowrate. As case studies, two important industrial chemical production
processes of ethylbenzene (EB) and methoxy-methylheptane (MMH)
that yield both desired and undesired products through multiple reaction schemes are examined to illustrate the simulation results. To the
authors’ best knowledge, this is the first study where these design tradeoffs are studied on SRC configuration. It is hoped that other researchers
find these results interesting for testing these economical trade-offs in
the design of SRC configuration.

production process and optimized the classical trade-off between the
reactor size and recycling loop to minimize the TAC. He further developed an effective control structure for the optimized flowsheet.
Jagtap et al. [30] studied the effective plant-wide control structure over
a large-throughput range for the economic operation of EB process. Ng
et al. [31] proposed the application of a dividing wall column (DWC) in
the downstream separation process of EB production. They claimed that
integration by DWC decreases the capital investment and increases
profit compared to conventional columns. Most recently, Hussain et al.
[23] developed an optimal steady-state design of SRC for the EB production process. They showed that, because of the temperature mismatch between the reactor and distillation columns, SRC could decrease
the TAC by up to 13.2% compared to the conventional reactor-column
sequence. More details regarding the development and industrial application of EB production processes were recently reviewed by Yang
et al. [32].
3.1. Reaction mechanism
EB synthesis involves three consecutive irreversible liquid-phase
reactions. Firstly, ethylene (C2H4) reacts with benzene (B, C6H6) to
produce EB (C8H10) as illustrated in Eq. (2). In the second reaction Eq.
(3), the unreacted C2H4 reacts with EB to produce di-ethylbenzene
(DEB, C10H14) as a byproduct. The byproduct reacts again with B to
produce EB, as illustrated in Eq. (4). Table 1 lists the kinetic parameters
of the EB reaction mechanism, as reported by Luyben [21].

C2 H 4 (E) + C6 H6 (B)
C8 H10 (EB) + C2 H 4 (E)

C10 H14 (DEB) + C6 H6 (B)

The well-known economic indicator of TAC, as given in Eq. (1), is
used for the quantitative evaluation of the reactor size and recycling
flow rate effects in the SRC design. The equation for computing TAC
incorporates the plant capital investment over its payback period and
the operating costs.

Capital cost
+Operating cost
Payback period

(3)

C10 H14 (DEB)

(4)

2C8 H10 (EB)

The synthesis of EB is a classic example of a multiunit chemical
plant. Using the definition of rate-based selectivity as shown in Eq. (5),
it is possible to choose the reaction schemes and reactor conditions that
maximize selectivity toward the desired product (denoted D) over the
undesired product (denoted U):

2. Economic and equipment sizing

TAC =

(2)

C8 H10 (EB)

Selectivity =

RD
Rate of reaction of D
=
RU
Rate of reaction of U

(5)

Using a rate expression from Table 2, Eq. (5) becomes:

SEB =
(1)

k1 (CE CB )
k2 (CE CEB )

(6)

The expression of rate-based selectivity for EB synthesis, as shown
in Eq. (6), suggests that achieving a higher selectivity towards EB requires a low EB concentration in the side-reactor. One way to maintain
a low EB concentration is to use a large reactor size, which requires a
larger capital investment. Similarly, selectivity can be improved by
maintaining a high B recycling rate, but recycling excess B is energetically expensive in the non-reactive distillation column. In addition, the activation energies of the desired and undesired reactions
show that a lower reactor temperature promotes D selectivity, thus

The plant capital investment includes the costs of the column shell,
heat exchangers, reactors, and catalyst, while the operating cost includes the required heat energy for the reboilers as well as the cooling
utilities for the condensers. A payback period of 3 years was assumed.
The basis of the economics and the details of equipment sizing are taken
from the textbooks by Douglas [25] and Turton [26] and are summarized in Appendix A.
3. Process studied: EB synthesis

Table 1
Kinetic parameters for EB reaction system.

The commodity chemical EB is used as an industrial solvent and a
component of aviation fuel [27]. The manufacturing demand for EB
(C8H10) is one of the highest in volume in the petrochemical industry
[28]. More than 95% of EB produced worldwide is used as an intermediate for the production of styrene [29]. This high market demand
has driven researchers to develop cost-effective EB production processes. Few studies have addressed the design and optimization of the
EB production process. Luyben [21] described the conventional EB

Rate expression

R1 = k1CECB
R2 = k2CECEB
R3 = k3CBCDEB
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Parameter

Pre-exponential factor (k)
Activation energy (E)
Molarity

Reaction
R1

R2

R3

1.528 × 106
17000
CECB

2.778 × 107
20000
CECEB

1000
15000
CBCDEB
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the B stream. Larger reactors require lower recycle streams, but the
reaction vessel size directly affects the plant capital investment.
Similarly, recycling excess reactants can decrease the reactor volume,
but causes high energy demand for vaporized B and overheads of
column C1. This is illustrated in Fig. 2, where the EB per-pass selectivity
is plotted as a function of the total B flow rate (fresh plus recycled) for
different reactor volumes. For instance, to achieve a per-pass selectivity
of 85%, a reactor volume of 250 m3 requires a total B flow rate of
1572 kmol/h. Similarly, the reactor volumes of 200 m3 and 150 m3
require rates of 1614 kmol/h and 1685 kmol/h, respectively. The perpass selectivity evaluated using Eq. (7) is very low because of the
unusually high circulation of the DEB byproduct within the system for
reaction with B to produce EB.

Table 2
Detailed economic analysis for reactor volume of 150 m3.

Per-pass selectivity =

Reactor effluent(EB formation)
Reactor effluent(EB+DEB)formation

(7)

However, the optimal design configuration uses a single effluent
stream with the overall EB product selectivity of 100% by the complete
conversion of fresh reactants.
In addition, because larger reaction vessels and excess B recycling
improve selectivity towards EB, DEB byproduct formation in R2 is decreased for recycling. The effects of reaction vessel sizes and total B
flow rate on DEB formation are further illustrated in Fig. 3. To achieve
100% EB selectivity while converting all the reactants within the
system, different design alternatives based on varied reactor sizes and B
recycle streams are analyzed. The economic impacts of these design
variables are shown in Fig. 4. The minimum TAC is associated with the
reactor volume of 200 m3, which requires the B recycling rate of
1019.4 kmol/h to maintain 100% EB selectivity and 99.9% purity. A
detailed economic analysis is further illustrated in Tables 2, 3 and 4. For
TAC evaluation, the capital costs calculated in Tables 2, 3 and 4 include
the cost of column shell, heat exchangers and the side-reactors.

requiring a larger reactor volume to achieve the specified conversion.
The interaction of these trade-offs clearly indicates an optimum design
configuration for which the TAC is minimized. For a fair comparison,
the published paper for the EB-SRC [23] configuration utilizes the same
B recycling flow rates reported by Luyben [21] in the base case. In
addition, the published paper assumes the adiabatic operation of sidereactors, thus directly utilizing the exothermic heat of reaction for the
partial vaporization of the column base. Because the current study is a
quantitative analysis of the design trade-off between the reactor volume
and recycling flow rate, isothermal reactor operation conditions are
selected because of the strong dependency of the temperature on the
reactor volume.
The intent of this study is to optimize the reactor size and the recycling streams in the EB-SRC configuration that minimizes the TAC
while maintaining adequate product purities and selectivity. The optimal EB-SRC configuration design (as developed later) is shown in
Fig. 1. Fresh B at 630.6 kmol/h is fed on stage 6 of the 28-stage column
C1. This column is coupled to the two external side-reactors R1 and R2.
Two external reactors are used to increase the ethylene conversion,
which helps to maximize selectivity. Reactor R1 is fed by three sources:
a fresh feed of ethylene at 630.6 kmol/h, a feed stream of 630.6 kmol/h
withdrawn from stage 4 of column C1, and excess B recycled from the
distillate of C1 at 1019.4 kmol/h. Reactor R1 operates at 433 K and
2.03 MPa, conditions suitable for the liquid-phase reaction. The reactor
effluent of R1 is directly fed to reactor R2, which is connected in series
and operated at 434 K and 1.93 MPa. Reactor R2 also receives the byproduct DEB feed at 260 kmol/h from the bottom of column C2. The
reactor effluent is fed back to column C1 at stage 17. The bottom stream
of C1 contains 0.01 mol% B, 70.82 mol% EB, and 29.17 mol% DEB.
Column C2 with 25 stages receives a feed from the bottom of column C1
at stage 15 and further purifies the desired (EB) and undesired (DEB)
products up to 99.9 mol%.
As discussed earlier, the selectivity towards EB can be increased by
either enlarging the reactor volume or increasing the recycling rate of

4. Results and discussion
4.1. Column C1 with side-reactor
Fresh B at 630.6 kmol/h is fed on stage 6 of a 28-stage distillation
column. The stages are numbered according to Aspen standard notation, with stage 1 being the condenser. The column operates at
30.4 kPa. The feed at 630.6 kmol/h, withdrawn from stage 4, is pumped
with sufficiently high pressure to the side-reactor R1. The reactor volume is 200 m3 and it operates at 433 K and 2.03 MPa. The fresh
ethylene feed is directly introduced to R1, where the liquid-phase reaction occurs. This side-reactor (R1) produces significant amount of
heat duty (- 8.80405 × 106 kcal/hr) due to exothermic nature of the
reaction system. The direct Q model is a useful tool to estimate the
available heat-transfer area and the required coolant temperature. The
volume of reaction vessel which is 200 m3 corresponds to length and
diameter of 6.34 m assuming an aspect ratio of L/D = 1. The circumferential jacket heat-transfer area is estimated at 126 m2. This excessive reaction heat can be best utilized for generating low pressure
steam. The saturation temperature at 2.5 bar is 130 °C and assuming a
reasonable overall heat-transfer coefficient (100 Btu/hr-°F-ft2), the
corresponding heat-transfer area is
A = (8.80408 × 106 kcal/hr)/(486 kcal/hr-°C-m2)/(30 °C) = 603 m2
The calculations show that more heat-transfer area is required than
available circumferential jacket heat-transfer area. Analogous calculations can be done for the second reactor as well.
The reactor effluent stream from R1 at 1656.6 kmol/h is fed to
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Fig. 1. Optimal design of SRC-EB flowsheet.

Fig. 2. Per-pass selectivity as a function of total B flow rate.

Fig. 3. Effects of total B flow rate on DEB recycling rate.

water can be used. The reboiler duty is 7.25 MW, and the base temperature using low-temperature steam is 377.2 K. The column diameter
is predicted as 3.74 m from the Aspen tray sizing utility. Figs. 5 and 6
show the composition and temperature profiles of column C1.

reactor R2 connected in series and operated at 434 K and 1.93 MPa.
Reactor R2 also receives a byproduct feed of DEB from the bottom of
column C2. The outlet of R2 is fed back to column C1 at stage 17. The
bottom stream (B1) of C1 has a rate of 890.587 kmol/h, comprising
0.01 mol% B, 70.82 mol% EB, and 29.17 mol% DEB. The distillate
stream (D1) of column C1 produces a 1019.4 kmol/h stream mostly
containing excess B for recycling back to reactor R1. The condenser
duty is 16.03 MW, while the condenser temperature is 314.5 K; cooling

4.2. Column C2
Column C2 receives the feed stream from the bottom of column C1.
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Table 4
Detailed economic analysis for reactor volume of 250 m3.

Fig. 4. TAC estimation for different design alternatives.
Table 3
Detailed economic analysis for reactor volume of 200 m3.

Fig. 5. Liquid composition of column C1 for EB-SRC configuration.

The distillate produces 99.9 mol% EB at 630.6 kmol/h, while the
bottom contains 99.9 mol% DEB, which is recycled back to column C1.
The condenser duty is 10.32 MW, while the condenser temperature is
337.8 K, where cooling water can be used. The reboiler duty is
8.93 MW, and the base temperature is 380.5 K, using low-pressure
steam. The column diameter is predicted at 5.47 m from the Aspen tray
sizing utility. Figs. 7 and 8 show the composition and temperature
profiles of column C2.
5. Process studied: MMH synthesis
With the widespread detection of methyl-tert-butyl-ether (MTBE) in
groundwater, a novel gasoline additive of 2-methoxy-2-methylheptane
(MMH, C9H20O) has been recently proposed [22,33]. MMH has a higher
molecular weight and lower solubility in water. With these characteristics, it is expected that MMH could replace MTBE in existing fuel refineries as a future oxygenate. The chemical MMH is synthesized by a
liquid-phase reversible reaction between methanol (MeOH, CH3OH)

Fig. 6. Temperature profile of column C1 for EB-SRC configuration.
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optimal operation of an MMH plant. Luyben [22] optimized the classical reactor-column conventional flowsheet for a specific MMH yield
that minimized the TAC. Hussain et al. [34] studied the application of
the reactive distillation configuration to the MMH process and compared the results with the energy-intensive conventional MMH process.
Most recently, Hussain et al. [24] designed and optimized the column
with SRC for the MMH process. The MMH-SRC flowsheet features a
continuous stirred tank reactor (CSTR) connected in an external loop to
a distillation column (C1). Two additional columns C2 and C3 recycle
the excess reactants and deliver high-purity products, respectively. The
rate-based definition of yield, illustrated in Eq. (10), implies that higher
yields of the desired MMH product can be achieved by maintaining a
low MeOH concentration. This can be achieved by either enlarging the
reactor volume (higher capital investment) or increasing the MH recycling rate (higher separation cost). Thus, some optimum combination
of reaction vessel size and MH recycling flow rate can improve the plant
overall economics.

Fig. 7. Liquid composition of column C2 for EB-SRC configuration.

YMMH =

k1 (

MeOH MH )
2
MeOH )

k2 (

(10)

The optimal design for MMH-SRC is shown in Fig. 9. The components MMH and MHOH are not listed in the Aspen data bank. The
physical properties are thus retrieved by generating these components
using their molecular structures. The Aspen plus built-in “UNIQUAC”
thermodynamic model is chosen to simulate all unit operations, as
suggested in the base case by Luyben [22].
5.1. MH recycling vs. reactor size
The foremost design trade-off in the MMH process is the reactor
volume and MH recycling flow rate. To avoid raw material wastage and
suppress byproduct formation, the specific yield of 99% MMH was selected to optimize the entire plant for the minimum TAC. As discussed
earlier, higher MMH production rates can be obtained by increasing the
MH recycling flow rate or by enlarging the reaction vessel. The results
for different reactor sizes vs. MH recycle flow rates are shown in Fig. 10.
Various combinations of reactor vessel sizes and MH recycle flow rates
yield different MMH production rates. The MMH production rate increases as the reactor volume increases. Similarly, for a fixed reactor
volume, the MMH rate increases as MH recycle rate increases. In contrast to the desired product MMH, MHOH byproduct production decreases as the reactor volume or recycle rate increases. This is illustrated in Fig. 11.
For the specified MMH yield of 99%, estimated using Eq. (11),
certain optimal combinations of reactor volumes and recycling flow
rates exist. These alternative designs are further plotted in Fig. 12. For
the reactor volume of 28 m3, the MH recycling flow rate of 139.9 kmol/
h is required to achieve the design specification. Similarly, 30 m3 and
35 m3 reaction vessels require MH recycling flow rates of 59.99 kmol/h
and 29.99 kmol/h, respectively. For these simulations, a design specification tool is used to maintain the product production rates and purities in each distillation column. The fresh MeOH feed rate is fixed at
50 kmol/h for all design specifications, which are:
Column C1: 0.05% MH in the bottom by varying the column reflux
ratio.
Column C2: 99.9% DME in the distillate and 0.08% DME in the
bottom by varying distillate rate and reflux ratio, respectively.
Column C3: 99.9% MMH in the distillate and 99.9% MHOH in the
bottom by varying distillate rate and reflux ratio, respectively.

Fig. 8. Temperature profile of column C2 for EB-SRC configuration.
Table 5
Kinetic parameters for MMH reaction system.
Rate expression

Parameter

Reaction
Rf

Rf = kfxMHxMeOH
Rb= kbxMMH
RU = ku(xMeOH)2

Pre-exponential factor (k)
Activation energy (E)
Mole fraction

Rb
7

6.7 × 10
90000
xMHxMeOH

2.1 × 10
900
xMMH

RU
−6

1.3 × 109
105900
(xMeOH)2

and 2-methyl-1-heptene (MH, C8H16), as illustrated in Eq. (8). An irreversible and undesired liquid-phase reaction produces dimethyl ether
(DME, C2H6O) and 2-methyl-2-heptanol (MHOH, C8H18O) as byproducts, as shown in Eq. (9).

CH3 OH (MeOH) + C8 H16 (MH)
2CH3 OH (MeOH) + C8 H16 (MH)

C9 H20 O (MMH)

(8)

C2 H6 O (DME) + C8 H18 O (MHOH)
(9)

Table 5 lists the kinetic parameters of the MMH reaction mechanism, as reported by Luyben [22]. A catalyst density of 800 kg/m3 is
used to make the unit of the pre-exponential factor consistent with the
Aspen plus simulation (kmol/(s m3)).
The optimal design configuration for MMH production was investigated in very few studies. Griffin et al., [33] studied the effect of
low and moderate values of chemical equilibrium constants for the

Yield =

91

FD
Flowrate of D(MMH)
=
FFF
Flowrate of Fresh feed(MH)

(11)
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Fig. 9. Optimal flowsheet of MMH-SRC process.

Fig. 10. Effect of MH recycling flow rate and reactor volume on MMH production rate.

Fig. 11. Effect of MH recycling flow rate and reactor volume on MHOH production rate.
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Fig. 15. Total capital investment for different recycling flow rates.

Fig. 12. Alternative designs for 99% MMH yield for different reactor sizes and
recycling flow rates.

Fig. 16. TAC as a function of recycling flow rates.
Fig. 13. Energy demand for different recycling flow rates.

these values, as shown in Fig. 16.
Comparisons and detailed TAC calculations for different design alternatives for 99% MMH yield are summarized in Table 6. For TAC
evaluations, the capital cost calculated in Table 6 includes the cost of
column shell, heat exchangers and the side-reactors.
6. Results and discussion
6.1. Column C1 with side-reactor
The total MH feed (fresh and recycled) is fed to stage 2 of a 30-stage
distillation column. The stage numbering proceeds from top to bottom,
with stage 1 being the condenser. The column operates at 20.3 kPa. The
feed at 90 kmol/h is withdrawn from stage 2 and pumped with sufficiently high pressure to a CSTR connected as a side-reactor. The reactor
volume is 30 m3 and operated at 423 K and 1.52 MPa. The fresh MeOH
feed is directly introduced to the side reactor. The liquid-phase reaction
occurs in the CSTR. The MeOH conversion is estimated at 98.6%. The
exothermic reaction produces −0.53 MW of energy, which can be used
to generate low-pressure steam. The reactor effluent stream
(90.5114 kmol/h) is fed back to column C1 at stage 14. The bottom
stream (B1) of column C1 produces a 49.51 kmol/h effluent flow rate,
containing 0.05 mol% MH, 98.92 mol% MMH, and 1.03 mol% MHOH.
The distillate stream (D1) of column C1 at 59.31 kmol/h contains
0.94 mol% DME, 2.60 mol% MeOH, 95.35 mol% MH, and 1.1 mol%
MMH. The condenser duty is 1.72 MW, while the condenser temperature is 327 K, where cooling water can be used. The reboiler duty is

Fig. 14. Effect of an increase in reactor volume on reactor capital cost.

Higher recycling flow rates correspond to higher energy demands in
the column base. Fig. 13 illustrates the effect of increase in recycling
flow rates on the energy demand in column C2, needed to recycle excess
MH. Meanwhile, increasing the reactor volume directly affects the plant
capital investment, as shown in Fig. 14.
The minimum total capital cost for the entire plant is associated
with the reactor volume of 30 m3 and MH recycling rate of 59.99 kmol/
h, as illustrated in Fig. 15. The minimum TAC is also associated with
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Table 6
Economic analysis of different alternative designs.

Fig. 18. Temperature profile of column C1 for MMH-SRC configuration.

Fig. 19. Liquid composition of column C2 for MMH-SRC configuration.

Fig. 17. Liquid composition of C1 column for MMH-SRC configuration.
Fig. 20. Temperature profile of column C2 for MMH-SRC configuration.

0.757 MW, and the base temperature is 371.3 K using low-pressure
steam. The column diameter was predicted at 1.70 m from the Aspen
tray sizing utility. Figs. 17 and 18 show the composition and temperature profiles of column C1.

bottom contains 0.08 mol% DME, 2.62 mol% MeOH, and 96.16 mol%
MH. The condenser duty is 4.98 × 10−3 MW, while the condenser
temperature is 248.3 K, where a refrigerant can be used. The reboiler
duty is 0.269 MW, and the base temperature is 389.3 K using lowpressure steam. The column diameter was predicted at 0.5 m from
Aspen tray sizing utility. Figs. 19 and 20 show the composition and
temperature profiles of column C2.

6.2. Column C2
Column C2 receives the feed stream from the distillate of column
C1. The distillate produces 99.9 mol% DME at 0.51 kmol/h, while the
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bottom contains 99.9 mol% MHOH. The condenser duty is 0.68 MW,
while the condenser temperature is 352 K, where cooling water can be
used. The reboiler duty is 0.598 MW, and the base temperature is
401.6 K using low-pressure steam. The column diameter was predicted
at 1.39 m from the Aspen tray sizing utility. Figs. 21 and 22 show the
composition and temperature profiles of column C3.
7. Conclusions
Industrial chemical processes often yield both desired and undesired
products from the reactor effluent streams. The definitions of rate-based
selectivity and yield are preliminary design criteria for the selection of
reactor and separation conditions to enhance reaction performance.
The formation of multiproduct reactor streams can force a design with
large reaction vessels or excess reactant feeding to attain a specific
selectivity or yield. Larger reactors are associated with higher capital
investment, while recycling excess reactants results in a higher energy
cost. The SRC-based design can be effectively used to intensify existing
chemical processes where traditional process intensification techniques
have operational and technical limitations. We have demonstrated
economically optimized SRC designs via the quantitative analysis of
trade-offs between the side-reactor size and recycle flow rate. For a
specified selectivity or yield criterion, SRC-based designs can use several design approaches that balance these competing effects. For the EB
process, a side-reactor volume of 200 m3 with a total B flow rate of
1019.4 kmol/h yields the minimum TAC. Similarly, for MMH process,
TAC is minimized with a side-reactor volume of 30 m3 and a MH recycling flow rate of 59.99 kmol/h MH.

Fig. 21. Liquid composition of column C3 for MMH-SRC configuration.
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Fig. 22. Temperature profile of column C3 for MMH-SRC configuration.

6.3. Column C3
Column C3 receives the feed stream from the bottom of column C1.
The distillate produces 99.9 mol% MMH at 49.02 kmol/h, while the
Appendix A
Detailed equipment sizing for both design alternatives
Reactor capital investment

(A1)

17640(D )1.066 (L)0.802
where D and L are the reactor length and diameter in meters; the aspect ratio is 2 (for side-reactor CSTR), and the catalyst cost is $10/kg.
Column capital investment

(A2)

17640(D )1.066 (L)0.802

where D and L are the length and diameter, respectively, in meters.
Column diameter (D) is determined from Aspen tray sizing.
Column length L = the total trays with 2 ft spacing + 20% extra length
The heat exchanger capital investment involves the condenser,
ΔT = reflux drum temperature − 310 K
Heat transfer coefficient = U = 852 W m−2 K−1
Reboiler
ΔT = Steam temperature − Base temperature
Heat transfer coefficient = U = 568 W m−2 K−1
The price of the steam to be utilized in the reboilers, as well as that of the cooling utilities in the condenser, is calculated as indicated in Table A1.
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Table A1
Utility cost for economic evaluation.
Utilities

T, P conditions

Price ($/GJ)

LP steam
MP steam
HP steam
Cooling water
Refrigerant 1
Refrigerant 2
Refrigerant 3

6 bar, 160 °C
11 bar, 184 °C
42 bar, 254 °C
30 °C–45 °C
5°C
−20 °C
−50 °C

7.78
8.22
9.88
0.354
4.43
7.89
13.11
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